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ABSTRACT

The sugar industry processes sugar cane and sugar beet to manufacture edible 

sugar. A high rate anaerobic system followed by an activated sludge process to 

'polish' the effluent is presently the best available technology not entailing 

excessive costs for the treatment of wastewater from sugar processing factories. 

Upflow anaerobic sludge blanket (UASB) reactor systems are the most 

commonly implemented, with the higher loaded expanded granular sludge bed 

(EGSB) type systems gradually replacing at least some of the UASB applications. 

This higher loading carries with it a greater risk of process instability, especially 

given the irregular quantity and composition of sugar processing wastes. Control 

actions are required for process efficiency, preferably with appropriate control 

parameters monitored on-line. The need to balance economics (with regards to 

quantities of chemicals dosed) with the safety / stability of the process further 

exacerbates the need for close control. There are a limited number of control 

actions available e.g. bicarbonate alkalinity (BA) dosing, temporary diversion of 

load by feed rate variation, or dilution with final effluent.

Monitoring of conventional anaerobic digester systems typically consists of a 

combination of intermittent manual sampling followed by off-line analysis 

coupled with qualitative observations. Hence a decline in reactor performance 

could go unnoticed for a significant period of time. A simple yet reliable control 

system could not only minimise labour, but could also react to any changes in 

reactor conditions as soon as they occurred, leading to more efficient process 

operation, higher quality treatment and ultimately greater economic gain. The 

industrially recognised 'bottleneck' in the quest for automatic control is the 

availability of reliable and cheap on-line analysers.

In the work presented here a series of experiments have been carried out on a 

simulated sugar processing wastewater using an on-line BA monitor in 

conjunction with an adaptive control strategy developed in a parallel PhD project. 

The possibility of achieving successful automatic control of an EGSB reactor 

through its start up phase and also during steady state operation (including some 

degree of process optimisation) and a series of organic step-change experiments
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was investigated. Two different control actions to maintain a BA set-point in the 

reactor, organic loading rate (OLR) variation and BA dosing, were compared. 

Research was carried out on a 30 1 EGSB reactor rig operating at 37 °C, fitted 

with on-line sensors to measure temperature, gas production, carbon dioxide 

percentage and pH. All sensors were interfaced with a PC configured to scan the 

sensors at one minute intervals.

Five attempts to automatically start-up the EGSB reactor were made 

(Experiments 1 - 5), using OLR variation as a control action at a constant 

hydraulic retention time (HRT) of 23.3 hours, with various improvements and 

adjustments made to the reactor and control system after each. It was concluded 

that it was not possible to automatically control start-up to steady state using 

OLR as a control action using the BA monitor and controller in their present 

forms. Main reasons for this were the susceptibility of the laboratory-scale BA 

monitor to blockage by biomass washed out of the reactor (a common occurrence 

during the start-up phase) and the severity of loading rate oscillations.

For Experiment 6 BA was dosed according to the relationship of the on-line BA 

monitor output to the BA setpoint, and OLR was changed approximately weekly 

according to operator expertise based on on- and off-line data and visual 

observations. HRT was maintained at 22 hours. A successful, sustainable start 

up was achieved, with mean % COD removal during the first 10 weeks being 78 

% at a mean OLR of 9 kgCOD/m3/day. After the successful start-up period, the 

reactor's HRT was approximately halved to 11.2 hours, and two OLR step- 

change experiments (from 10.0 kgCOD/m3/day to 28.1 kgCOD/m3/day, and from 

11.8 kgCOD/m3/day to 32.4 kgCOD/mVday) of twelve hour duration were 

carried out, followed by a removal of the control system and a similar organic 

step-change experiment (13.0 kgCOD/m3/day to 32.9 kgCOD/m3/day).

It was found that approximately halving the HRT had no significant effect on the 

biomass or biomass activity. The HRT change did however adversely affect the 

smoothness of control, although control was not lost, as the on-line BA was 

always kept between 1500 and 2000 mgCaCO3/l. All parameters measured (pH, 

BA TVFA, effluent COD, carbon dioxide percentage, off-line methane
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percentage) indicated that conditions were less severe during and after organic 

step-changes when control was present. The controller also minimised the time 

spent at pH values potentially damaging to the bacteria (time spent at pH less 

than 6.0 in the two OLR step-change experiments where control was present 

(Experiments 6.3 and 6.4) was no greater than one hour, and in the experiment 

with no control (Experiment 6.5) was 8 hours) and returned the reactor to 

conditions conducive to efficient waste water treatment faster than when no 

control was present.

Throughout all experiments controller oscillations remained severe. In this case, 

BA dosing as a control action was preferable, as the destructive effect of severe 

oscillations in the volume of BA dosed was considerably less than the effect of 

severe oscillations in the OLR, which repeatedly led to washout.

Although it was possible to control the reactor subjected to OLR step-changes 

using the BA monitor based control system, control of the start-up phase was 

problematic. The BA monitor was not reliable or robust enough to provide the 

requisite data for use in the automatic control of the start-up of a high rate 

anaerobic digester. A thorough professional re-engineering of the B A monitor to 

deal with a greater sample flow rate, deliverable by a full-scale reactor (using 

wider bore tubing and larger flows, a more precise pumping system, and possibly 

with a suitable low maintenance sample filtration unit) could provide a suitably 

reliable and robust instrument.
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1.0 INTRODUCTION

The widespread water quality problems encountered in recent decades caused by 
exponential population growth rate and the subsequent rise of industrial activity have 
led to the creation of new environmental legislation. This legislation, such as the Urban 
Waste Water Treatment Directive 91/271/EEC in the EU, has exacerbated the need for 
efficient water treatment processes.

Anaerobic digestion (AD), the process of degradation of complex organic matter to end 
products of methane and carbon dioxide by a consortium of bacteria in the absence of 
oxygen, is one of the oldest technologies for stabilising waste and wastewaters. Since 
the end of the 19th century AD (in the form of septic tanks) has been applied to treat 
household wastes and agricultural slurries.

Pioneering work in the sixties and early seventies (McCarty, 1964; Jeris and McCarty, 
1965) led to the development of the so-called 'high-rate' anaerobic digesters designed 
to treat wastes from the sugar industry (first described by Lettinga et al., 1980). Further 
research achievements have led to the worldwide acceptance of anaerobic digestion as a 
cost effective alternative to established waste disposal methods (van Lier et al., 2001). 
The expanded granular sludge bed (EGSB) type reactor used in this work is a 
development of the more common upflow anaerobic sludge blanket (UASB) design. 
Some effluents that EGSB reactors have been successfully used to treat are:

- cold wastewaters (< 20 °C)
- dilute wastewaters (< 1 kgCOD/m3)
- chemical wastewaters containing toxic degradable compounds (e.g. 

formaldehyde)
- wastewaters leading to foaming problems in UASB reactors (fats, lipids, 

proteins)
- effluents containing fats and long chain fatty acids (LCFA), which usually 

lead to clogging problems in UASB reactors (van Lier et al., 2001).



These two anaerobic reactor types are reviewed more fully in Sections 2.3.2 and 2.3.3.

Although it is true that aerobic treatment may still be the better wastewater treatment 
choice under certain conditions (Speece, 1996), anaerobic treatment is the most suitable 
option for the treatment of high strength organic effluents (Rajeshwari et al, 2000). 
Some of the major advantages of anaerobic digestion over aerobic digestion are:

Waste biomass disposal costs are usually only 10 % of those for aerobic
processing of the same effluent, as less sludge is produced.
Considerably higher loading rates are possible with anaerobic digestion,
(3.2 - 32 kgCOD/mVday compared with the usual load to aerobic facilities,
0.5 - 3.2 kgCOD/m3/day) (Speece, 1996).
The possibility of using the methane produced as an energy source.
Significantly smaller installation space requirements.
Less capital costs (usually).
Significantly smaller running costs (as continuous aeration is not required).
Off-gas air pollution is eliminated.

Other advantages and disadvantages of anaerobic digestion are available in Speece 
(1996). With regards to the treatment of sugar industry wastewaters Table 1.1 shows a 
comparison of anaerobic and aerobic treatment systems.

Considering the UK in particular, anaerobic digestion is being used increasingly for the 
treatment of industrial wastes due to the rising legislation thresholds governing 
traditional waste disposal routes such as landfill and incineration. Coupled with this, 
increasing charges by the private utilities for the treatment of industrial wastewater 
have made on-site treatment an attractive and economically viable wastewater 

treatment option.



Table 1.1 Comparison of the results obtained for treatment of wastewaters 

from sugar factories (in Spain) by anaerobic and aerobic 

technologies (from Lema and Omil, 2001).

Pollution load (tonnes COD / year)

Sludge production (tonnes / year)

Sludge management costs (Euros / year)

% cost on sales (sludge management)

Net energy consumption (MW-h / year)

% cost on sales (energy consumption)

Net energy production (MW-h / year)

% profit on sales (energy production)

Required surface (m2) (operation 150 days per 

year)

Anaerobic

22400

1500

225 000

0.3
-

-

26880

0.2

2500

Aerobic

22000

7500

900 000

1.5

31400

0.25
-

-

10000

One of the major drawbacks of high rate anaerobic digestion processes is that they are 
very sensitive to disturbances (Denac et al, 1988; Barnett and Andrews, 1992). 
Disturbances such as an organic or hydraulic overload, or an inhibitor entering with the 
feed can cause failure of the process. The methanogenic bacteria are extremely 

sensitive to changes in environmental conditions (Sutton and Li, 1983), and are easily 
inhibited by these disturbances (Pullammanappallil et al., 1998), causing methane 
production to decrease. The acidogenic bacteria, however, are more tolerant to these 
disturbances and continue to produce volatile fatty acids (VFAs) (Pullammanappallil et 

al, 1998). This results in an imbalance of the system that causes an accumulation of 
the VFAs. Left unchecked, this situation ultimately leads to reactor failure. Several 

weeks or months may then be necessary for the reactor to recover (Steyer et al, 2002b), 
during which period little or no treatment can be performed by the unit. To avoid this 

scenario, it is hugely beneficial to employ an effective control strategy based on a 
parameter, (preferably measured on-line), that can communicate the health status of the 

process to the operator. Effective control based on reliable monitoring of a suitable 

parameter could not only allow pre-emptive action on the part of the operator to avoid 

getting into deeper operational difficulties, but could permit higher loading rate designs, 

reduce operating costs, safeguard effluent quality and increase confidence in the



anaerobic treatment process (Speece, 1996). Reliable fully automatic control without 
the need for an operator is the ultimate goal.



2.0 ANAEROBIC DIGESTION, PERFORMANCE AND 

CONTROL

2.1 Anaerobic digestion

2.1.1 Introduction to the microbiology of anaerobic digestion

The biological conversion (to carbon dioxide and methane) of the organic compounds 

present in wastewaters is a complex process, which requires the co-ordinated 

participation of at least four different trophic groups of bacteria (Mah, 1982; Beaty and 

Mclnerney, 1989). The co-ordinated activity of these trophic groups is required for 

sustained anaerobic digestion.

Polymeric substrates 
(carbohydrates, fats, proteins)

Hydrolysis phase

Fragment and soluble polymers

n \ Acidogenic phase

CO 2 H2 Organic acids Acetic acid Alcohols

Acetogenic phase

H2 and Acetic acid

Methanogenic phase

Methane

Figure 2.1 Major steps in anaerobic decomposition (adapted from Gray, 1999).



The conversion of complex organic compounds into methane and carbon dioxide can 
be divided into five metabolic stages. These stages, summarised in Figure 2.1, are:

1). Hydrolysis of polymers, (carbohydrates, lipids and proteins).
2). Fermentation of amino acids and sugars to form short chain fatty acids and 

sugars.
3). Anaerobic oxidation of intermediate products such as volatile fatty acids and 

alcohols to acetate.
4). Conversion of acetate to methane, and
5). Conversion of hydrogen and carbon dioxide to methane.

More detail on these five metabolic stages is available below;

1). Hydrolysis of polymers, (carbohydrates, lipids and proteins). 
Complex organic matter contains three main groups, carbohydrates, lipids and proteins. 
The first step is their hydrolysis to sugars, long chain fatty acids and amino acids. The 
term hydrolysis is used here (as in Batstone et al., 2002) to mean the degradation of a 
defined particulate or macromolecular substrate to its soluble monomers, in each case 
(i.e. for carbohydrates, lipids and proteins). The process is catalysed by enzymes (e.g. 

Upases, proteases, cellulases), which are likely to be produced by the organism directly 
benefiting from the soluble products (e.g. hydrolytic bacteria from the geni 
Clostridium, Bacillus, Staphiloccus (Stronach et al, 1986)). The dominant mechanism 
utilised by hydrolytic bacteria is the attachment of organisms to a particle. The 
organisms then produce enzymes in the vicinity of the particle and benefit from soluble 
products released by the enzymatic reaction, (as shown by Vavilin et al., 1996, and 
Sanders et al, 2000). Another mechanism for hydrolysis is that the secretion of 
enzymes by organisms into the bulk liquid where they are adsorbed onto a particle or 
react with a soluble substrate (Batstone et al, 2002).

2). Fermentation of amino acids and sugars to form short chain fatty acids and sugars. 
The products of hydrolysis are converted either by the same or different bacteria to 
intermediary metabolites such as propionate, butyrate, ethanol and acetate. This 
metabolic step is known as acidogenesis. Acidogenesis is generally defined as an



anaerobic acid-producing microbial process without an additional electron acceptor or 

donor (Gujer and Zehnder, 1983) and is an example of fermentation. This includes the 

degradation of soluble sugars and amino acids to a number of simpler products. Some 

products of the acidogenesis of glucose are acetate, propionate, butyrate, lactate and 

ethanol (Batstone et al, 2002). The proportion of the organic products of the 

acidogenic bacteria is determined by the H2 concentration and pH (Mosey, 1983; 

McCarty and Mosey, 1991). Because acidogenesis can occur without an additional 

electron acceptor, and because free energy yields are normally higher, the reactions can 

occur at high hydrogen or formate concentrations. The end product which generates 

the most energy for the acidogenic bacteria is acetate. The production of acetate is only 

possible however, if the hydrogen partial pressure is sufficiently low (10~3 atm 

(Dinsdale, 1998)). As the partial pressure increases, the NADH is used to produce 

more reduced products such as propionic and butyric acids as the conversion to acetate 

becomes energetically unfavourable. With elevated hydrogen levels the production of 

propionic acid predominates at neutral pH values but as the pH level becomes acidic 

then the production of butyric acid will begin to predominate (McCarty and Mosey, 
1991). In a stable digester the low Fb partial pressure will normally be maintained by 

the lithotrophic (hydrogen utilising) methanogens (Harper and Pohland, 1986).

3). Anaerobic oxidation of long chain fatty acids to acetate, and anaerobic oxidation of 
intermediate products such as volatile fatty acids and alcohols to acetate (obligate 

acetogenesis).
The obligate acetogens (also known as obligate hydrogen producing acetogens - 

OHPAs) degrade some products of hydrolysis and acidogenesis that the methanogens 

are not able to utilise directly. For example long chain fatty acids, propionate, butyrate 

and ethanol are converted to acetate, hydrogen (or formate) and carbon dioxide, which 

are substrates for the methanogens. Degradation of higher organic acids to acetate is an 

oxidation step, with no internal electron acceptor. Therefore the organisms oxidising 

the organic acid are required to utilise an additional electron acceptor such as hydrogen 
ions to produce Fb gas or CO2 and hydrogen ions to produce formate. At standard free 

biochemical energy levels (pH 7.0, 1 atm) the Gibbs free energies for the conversion of 

ethanol, propionic and butyric acids to acetate are energetically unfavourable, i.e.



positive (Sahm, 1984; van Lier et al., 1993). However, if the hydrogen partial pressure 

can be reduced then the Gibbs free energy becomes progressively more negative (see 

Figure 2.2). The H2 partial pressure must be maintained between 10"6 and 10"4 atm for 
sufficient energy for growth to be obtained from propionic or butyric acid (Harper and 

Pohland, 1986). Therefore the HI must be maintained at a low concentration for the 

oxidation reaction to be thermodynamically possible. This group of bacteria exist 
syntrophically with lithotrophic (or hydrogenotrophic) methanogens, which allow the 

above reactions to occur by continually removing the H2 and converting it to methane. 
This syntrophic relationship based on interspecies hydrogen transfer is facilitated by the 
dense packing and physical proximity of organisms within anaerobic granules. Micro- 
colonies were responsible for propionate degradation by mutualistic associations of 
Syntrophobacter and Methanobrevibacter (Archer, 1988). Only two species are known 
to degrade propionate, and these propionate degraders have the slowest growth rates of 
the acid-utilising groups (Nachaiyasit and Stuckey, 1997a; Houwen et al., 1990). 
Syntrophobacter wolinii degrades propionate (Boone and Bryant, 1980) and 
Syntrophomonas wolfei degrades butyrate (Mclnerney et al., 1981).

The main pathway for anaerobic fatty acid degradation above propionate (C3) is /?- 
oxidation. This is a cyclic process where one acetate group is removed per cycle 
(Batstone et al., 2002). The final carbon-containing product of fatty acids with an even 
number of carbon atoms is acetate only. When the fatty acid has an odd number of 
carbon atoms (e.g. valerate - C5), one mole of propionate is produced per mole of 

substrate.
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Figure 2.2 Graphical representation of the hydrogen-dependant 

thermodynamic favorability of acetogenic oxidations and inorganic 

respirations associated with the anaerobic degradation of waste 

organics (from Harper and Pohland, 1986).

(1) Propionic oxidation to acetic acid, (2) butyric oxidation to acetic, (3) ethanol to acetic, (4) 
lactic to acetic, (5) acetogenic respiration of bicarbonate, (6) methanogenic respiration of 
bicarbonate, (7) respiration of sulphate to sulphide, (8) respiration of sulphite to sulphide, (9) 
methanogenic cleavage of acetic acid, (10) SRB-mediated cleavage of acetic acid.

4). Conversion of acetate to methane.
A feature of methanogenic bacteria is their ability to reduce carbon dioxide to methane. 

The methanogens are dependant on the end products of the other microbial groups such 

as the acetogens and the acid forming groups. In aceticlastic methanogenesis, acetate is 

cleaved to form Cftt and

CH3COOH => CH4 + CO2 Equation 1.

Two genera utilise acetate to produce methane (Madigan et al., 2000). Methanosarcina 

dominates above 10"3 M acetate, while Methanosaeta (also known as Methanothrix) 

dominates below this acetate level (Zinder, 1993). Methanosaeta are more pH



sensitive, and have lower yields (Schmidt and Ahring, 1996). The presence of the two 
different organisms in reactors is normally mutually exclusive, with Methanosaeta 

usually found in high-rate (biofilm) systems (Harmsen et al, 1996; and Sekiguchi et 

al, 1999) and Methanosarcina found in solids digesters (Mladenovska and Ahring, 
2000). Methanosaeta species are filamentous organisms which are known to grow only 
on acetate, whereas Methanosarcina species use several methanogenic substrates, 
including acetate, methanol, methylamines and sometimes hydrogen / carbon dioxide 
(Schmidt and Ahring, 1996).

In most cases methane production under relatively harsh conditions will be due mainly 
to Methanosarcina barken, which have fast doubling times (about 1.5 days), and grow 
well at near neutral pH, but are poor scavengers with a low affinity for acetate (Ks = 
400 mg/1) (Barber and Stuckey, 1998). At low pH values, another species of 
methanogen of the same order, Methanosarcina mazei, is efficient at methane 
production (Barber and Stuckey, 1998). From growth kinetics (Gujer and Zehnder, 
1983), with acetate levels below 70 mg/1, Methanosaeta soehngenii will have a distinct 
competitive advantage over Methanosarcina barken (Barber and Stuckey, 1998; 
Brummeler et al., 1985). Methanothrix soehngenii has its optimum at pH 7.8 and 
shows no activity below pH 6.8 (Huser et al., 1982), Methanosarcina sp. form methane 
at a much wider pH range, namely 5 to 8 (Zehnder et al., 1980). In UASB reactors 
Methanothrix sp. are normally predominant (Brummeler et al, 1985). The 
methanogenic bacteria (both lithotrophic and aceticlastic) strongly influence the 
chemical activity of the acetogenic, acidogenic and hydrolytic bacteria by removal of 

their end products (Guwy, 1996).

Aceticlastic methanogenesis accounts for around 70 % of the methane produced 
(Mosey, 1983; Gujer and Zehnder, 1983), with the remainder from lithotrophic 
methanogenesis as described below. Aceticlastic methanogens are slow to reproduce, 
with an approximate doubling time of 2 - 3 days (Mosey, 1983), 2.6 days according to 

Mosey and Fernandes (1989), or 3 - 10 days according to Stronach et al, (1986).
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5). Conversion of hydrogen and carbon dioxide to methane (lithotrophic / 
hydrogenotrophic methanogenesis).
As mentioned above this group of bacteria are often referred to as lithotrophic (or 
hydrogenotrophic) methanogens and exist syntrophically with hydrogen-producing 

acetogens. Hydrogen and formate are consumed by methanogenic organisms to reduce 
CCh to CHt. Lithotrophic methanogenesis accounts for around 30 % of the methane 
produced. Lithotrophic methanogens play a vital part in the hydrogen transfer system, 
reducing the hydrogen partial pressure and so increasing the energy available for non- 
methanogens (Guwy, 1996). These bacteria are usually present in the outer and sub 
surface layers of granules (Guiot et al., 1992), and are fast-growing with a doubling 
time of just 6 hours (Mosey and Fernandes, 1989; Mosey, 1983). Some examples of 
hydrogen and formate utilising methanogens are Methanobacterium formicicum, 

Methanobacterium thermoautotrophicum, and Methanobrevibacter species (Schmidt 
andAhring, 1996).

In relation to the metabolic stages described in 4) and 5) above, direct microscopic 
counts of methanogenic sludge from a sugar factory revealed that 20 - 30 % of the total 
population resembled Methanosaeta species (Dolling, 1986; Dolfing et al., 1985). 
Analysing sludge from an anaerobic digester treating sugar factory wastewater at 35 °C, 
Grotenhuis et al., (1991) found the dominant methanogens to be antigenically related to 
Methanosarcina mazei, Methanosaeta concilii (also known as Methanosaeta 

soehngenii), Methanobrevibacter arboriphilus (also known as Methanobrevibacter 

arboriphilicus) and Methanospirillum hungatii (also known as Methanospirillum 

hungatei). In sludge from an anaerobic reactor treating sugar factory wastewater at 32 
°C the dominant species of methanogen were found to be Methanobacterium 

formicicum, Methanobrevibacter arboriphilus (also known as Methanobrevibacter 

arboriphilicus), Methanosaeta concilii (also known as Methanosaeta soehngenii) 

(Koornneefefaf., 1990).

The approximate minimum doubling times for each bacterial type at 35 °C is shown in 

Table 2.1.
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Table 2.1 Approximate doubling times at 35 °C (Mosey and Fernandes, 1989).
Bacterial group
Sugar fermenting, acid forming bacteria
Lithotrophic methanogens
Acetogenic bacteria, fermenting butyrate
Acetogenic bacteria, fermenting propionate
Aceticlastic methanogens

Doubling time
30 minutes

6 hours
1 .4 days
2.5 days
2.6 days

2.1.2 Interspecies hydrogen transfer

Interspecies hydrogen transfer can be defined (Wolin and Miller, 1982) as the 
syntrophic relationship between the production of hydrogen by some species and the 
consumption of hydrogen by other species. The high bacterial cell densities in high- 
rate anaerobic digester granules minimise the distances between bacteria and maximise 
the interspecies transfer of hydrogen. Granular sludge therefore gives ideal conditions 
for syntrophic association of hydrogen producing acetogenic bacteria with the hydrogen 
consuming methanogens (Schmidt and Ahring, 1993).

Aggregation of the different bacterial groups into granules is of pivotal importance for 
the energetics and kinetics of the overall substrate conversion in anaerobic digestion 
(Schink and Thauer, 1988). High hydrogen partial pressures stimulate the production 
of propionate and butyrate, while low hydrogen partial pressures (< 10~4 atm) favour the 
production of CO2 and CVU (Harper and Pohland, 1986; Kaspar and Wuhrmann, 1978; 
Mclnerney and Bryant, 1980). The anaerobic digestion process depends upon the 
efficient uptake of hydrogen and acetate by the methanogenic bacteria, which drives the 
otherwise thermodynamically unfavourable reactions of VFA conversion to acetate and 
hydrogen (Archer et al, 1987; Mclnerney and Bryant, 1980) The degradation of 
propionate and butyrate could not occur unless the hydrogen produced was scavenged 
by the hydrogen consuming organisms (Boone and Bryant, 1980; Dwyer et al, 1988).
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2.1.3 Interspecies formate transfer

Besides hydrogen transfer, formate transfer also has been proposed to play a role in the 

syntrophic oxidation of fatty acids in floes or dispersed cultures where the distance 

between the bacteria is high (more than 10 /an) (Boone et al., 1989; Thiele et al, 1990; 

Thiele and Zeikus, 1988). Formate is a common fermentation product. Many 

methanogens are able to use formate and it serves as a source of electrons for methane 

formation equivalent to HI.

Formate is difficult to detect by gas chromatography with a flame ionisation detector 

(FID) because the peak is very close to the solvent peak. Consequently this difficulty 

has resulted in a lack of reported concentrations of formate in anaerobic studies. The 

difficulty of using wet chemical methods to determine formate in a mixture of VFA 

may also explain why formate has not been widely noted in the literature as a 

significant intermediate in the anaerobic treatment process (Speece, 1996).

As described in Section 2.1.6 anaerobic granules provide an ideal micro-environment in 

which syntrophic hydrogen-producing acetogens and hydrogen-utilising methanogens 

can co-exist. The efficient transfer of electrons between the different bacterial groups 

is key to successful anaerobic digestion. The electron carrier can be either hydrogen 

(from hydrogen ions) or formate (from carbon dioxide). The ease and efficiency of 

interspecies electron transfer is greatly enhanced in granular sludge, due to the physical 

proximity of the different bacterial groups. It is thought that in granular sludge 

hydrogen is the main electron carrier, whereas formate is the preferred route in 

suspended sludge, due to the increased distances between bacterial groups.

In the literature there are conflicting views as to the importance of interspecies formate 

transfer as an alternative to interspecies hydrogen transfer (these are reviewed by 

Nachaiyasit and Stuckey, 1997a). The same authors suggest that the debate is best 

summed up by Stams (1994), who states, "in syntrophic cultures both the hydrogen and 

the formate concentrations are extremely low, and it is difficult to deduce which of the 

two is most important. However, in methanogenic granular sludge, interspecies
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hydrogen transfer might be most important, while there is evidence to support the fact 

that formate might be more important than hydrogen transfer in suspended culture".

Recent experiments showed that interspecies formate transfer is of no importance 

during the degradation of propionate and butyrate in granules, perhaps due to the small 

distance between the bacteria. Electron transfer in the granules was found to occur only 

through interspecies hydrogen transfer (Schmidt and Ahring, 1996).

Formate was not monitored during the experiments described in this study, so no 

assessment as to whether formate accumulated during the overloads can be made.

2.1.4 Response of methanogens to stress

Although other bacterial groups can be more susceptible to specific toxicants, the 

acetoclastic methanogens are usually considered to be the most sensitive class of 

organism in the anaerobic digestion process (Speece, 1996; Mitra et a/., 1998a). This is 

because their metabolism may be inhibited more easily than that of the other groups. 

Unlike the other fermentative organisms, the methanogens gain energy by anaerobic 

respiration. They are very sensitive to oxygen, and other toxic compounds. They are 

also easily inhibited by changes in environmental conditions such as temperature and 

pH. For example hydrolytic and acetogenic bacteria are active in the pH range of 2 to 

8, however, methanogens need a pH of approximately 6.4 - 8 to remain active (see 

Section 2.2.2). Methanogens are also very slow growing compared with acidogens and 

hydrolytic bacteria (see Table 2.1). Thus organic overloading, a hydraulic overload, a 

toxic shock or a change in temperature can all to some degree inhibit the methanogenic 

population.

Generally, the response of the anaerobic bacterial consortium to organic overload is as 

follows; an increase and accumulation of VFAs, a brief surge of hydrogen 

concentration, a decrease in pH, a decrease in biogas methane content, but an increase 

in biogas production and methane production, a decrease in COD removal efficiency, 

and often higher suspended solids content in the effluent.
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Scavenging of hydrogen by lithotrophic methanogens opens up a direct route from 
sugars to acetate, completely by-passing the production of higher acids and greatly 
simplifying the fermentation pathway of carbohydrates to methane (Mosey and 
Fernandes, 1989). In periods of shock / instability low pH also inhibits the activity of 
the hydrogen scavenging methanogens and leads to the accumulation of hydrogen in 
the gas phase (Nachaiyasit and Stuckey, 1997a). It has also often been shown that 
during inhibition, the level of propionic acid rises, suggesting a shift in microbial 
activity, or an inhibition of the terminal acceptor (methanogenic bacteria), which results 
in the accumulation of Ha (Marchaim and Krause, 1993).

It has been proposed that at modest loading rates there exist consistently low 
concentrations of hydrogen in the biogas (10 - 20 ppm), which permit the 
predominance of acetogenic Clostridia in carbohydrate fermentations (McCarty and 
Mosey, 1991). These low hydrogen concentrations simplify the intermediate 
fermentations by allowing direct production of acetate (see Section 2.1.1). The 
immediate response of such a digester to inhibition or organic overload is the rapid 
accumulation of acetic and propionic acids, in response to the high substrate 
concentrations. This is followed by the simultaneous accumulation of hydrogen and 
butyric acid, both caused by the increasingly acidic conditions (Nachaiyasit and 
Stuckey, 1995). During recovery of the digester, hydrogen disappears as soon as the 
overload has ceased and acetic acid begins to disappear as soon as the pH value 
increases to near neutral conditions. The degradation of butyric acid follows as soon as 
the acetic acid concentration has decreased sufficiently to permit it (Nachaiyasit and 

Stuckey, 1995).

As stated by Nachaiyasit and Stuckey (1995), McCarty and Mosey (1991) suggested 
that the ratios of reduced end products from the catabolism of carbohydrates was 
controlled more by population dynamics than by kinetics or thermodynamics, and were 

the result of competition between the propionic and butyric acid producing bacteria. 
Reactor pH is a potential parameter for selecting dominant species of acidogenic 

populations. Propionic acid producing species are inhibited by low pH, while butyric 
acid producers are favoured (Inane et al., 1996; McCarty and Mosey, 1991; Nachaiyasit 

and Stuckey, 1995).
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The butyrate-forming bacteria are obligate hydrogen producing bacteria (e.g. 

Clostridid) that have adapted to the low substrate concentrations and low hydrogen 
partial pressures of the anaerobic digestion process (Nachaiyasit and Stuckey, 1995). 
Some are acid tolerant bacteria that have retained the ability to produce butyric acid as 
a response to low pH values (Nachaiyasit and Stuckey, 1995). Butyric acid plays a 
significant role in the reactor dynamics, although concentrations of butyrate in the 
effluent are (usually) low. This corresponds to its role as a store for acetate when 
acetate levels are high. Since butyrate is not a feedstock for methanogens it is 
converted back to acetate when the acetate concentration begins to drop (Grobicki and 
Stuckey, 1991).

As well as VFAs, hydrogen and COi, formate will accumulate in anaerobic digesters 
during organic and hydraulic shock loads, as a result of imbalance between production 
and consumption (Voolapalli and Stuckey, 2001). As described in Section 2.1.3, 
formate is an alternative channel for electron transport. While generally accepted to be 
less important (for electron transfer) than hydrogen in granular sludges (see Section 
2.1.3), formate was shown to be an important intermediate in the process under 
conditions of high mixing and shock loading (Grobicki and Stuckey, 1991; Nachaiyasit 
and Stuckey, 1997a). Increased production of formate under shock loading conditions 
is linked with good process stability, as the kinetics of methanogenesis from formate 
are faster than those from acetate or even hydrogen (Daniels et al., 1984), and the 
solubility of hydrogen is low in the liquid phase (Thiele and Zeikus, 1988).

With an easily hydrolysable waste such as sucrose an increase of the organic load 
results almost instantaneously in an increase in the activity of the fast growing 
acidogenic bacteria, which produce VFAs almost as quickly as the feed is delivered. 
This results in an increase in the concentrations of VFAs, which can quickly exceed the 
capacity of the slow growing methanogens, leading to a decrease in pH. This increase 
in individual VFA concentrations and subsequent decrease in pH can inhibit the activity 
of the hydrogen scavenging methanogens and leads to the accumulation of hydrogen in 
the gas phase (Nachaiyasit and Stuckey, 1997a). Depending on individual reactor / 

granular conditions the high VFA concentration and low pH may to some degree begin 
to inhibit the degradation of acetate by aceticlastic methanogens, and the degradation of 

propionic and butyric acids by the obligate hydrogen producing acetogens. The
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degradation of propionic (Boone and Xun, 1987) and butyric (Mosey, 1983; Voolapalli 

and Stuckey, 1998) acids will also be inhibited by the high hydrogen concentration.

2.1.5 Buffering capacity

The digester's alkalinity has a buffering effect against pH change and plays a vital role 

in the stabilisation of biotechnological processes providing the necessary environment 

for bacterial reproduction and breakdown of the organic waste. Although some 

naturally occurring components of wastewaters have a capacity for buffering the liquid 

pH (for example hydroxide ions, ammonia, phosphates and silicates), bicarbonate 
alkalinity (BA) (also known as mono-hydrogen carbonate concentration) is the main 

contributor to pH buffering capacity in most anaerobic reactors. Sturnm and Morgan 

(1981) state that the bicarbonate ion provides buffer capacity over a pH range from 5.3 

to 7.3, making it an ideal choice to buffer anaerobic digestion processes. In general, 
sodium bicarbonate (NaHCOs) is used for supplementing the alkalinity since it is the 
only chemical which gently shifts the equilibrium to the desired value without 

disturbing the physical and chemical balance of the fragile microbial population 
(Rajeshwari et al., 2000). On an industrial scale sodium bicarbonate dosing may prove 
prohibitively expensive due to the quantities required. Sutton and Li, (1983) suggest 
that to maintain an anaerobic digester treating 3780 m3/day of wastewater containing no 
natural alkalinity at 2000 mgCaCOs/l it would be necessary to add approximately 10 
900 kg (24 000 Ibs) of sodium bicarbonate per day. Lime is often used as a cheap 
alternative, but its low solubility can be a problem, added to the fact that it can produce 

a negative pressure in the system when it reacts with carbon dioxide (Jeris and 

Kugelman, 1985). Sutton and Li (1983) review the advantages and disadvantages of 
chemicals commonly used for pH regulation and buffering in anaerobic digestion. It is 

generally accepted that the lower alkalinity limit for healthy anaerobic digestion should 

be 1000 mgCaCO3/l at the very lowest (McCarty, 1964; Graef and Andrews, 1974; 

Rozzi et al., 1988). Bicarbonate alkalinity is traditionally measured as mgCaCO3/l, 
(APHA Standard Methods, 1978). Insufficient buffering means that the anaerobic 

process can be easily de-stabilised by any kind of shock (e.g. organic, toxic) or 

environmental change (e.g. sudden temperature change). For industrial scale anaerobic 

digesters it is usually necessary to supplement bicarbonate alkalinity, but the dosage 

and frequency may vary as some wastewaters contain naturally occurring bicarbonate
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alkalinity. Given the quantities of buffering chemicals required on the industrial scale, 
and the economics involved, the case for closely controlling the BA at such a level as to 
ensure adequate buffering, without being wasteful, is clear.

Under steady state conditions, the rate of VFA production is balanced by the rate of 
consumption. Under stress conditions however, methanogenic bacteria can be inhibited 
(it is generally accepted that methanogens are the most sensitive micro-organisms in 
anaerobic digestion (Rozzi et al, 1997)). Methanogenesis is often, if not always, the 
rate limiting step in the anaerobic process (Yang and Speece, 1985; Mitra et al., 

1998a). As the other trophic groups remain unaffected, an imbalance between VFA 
production and consumption occurs. This leads to an accumulation of volatile fatty 
acids. If this condition is prolonged, the bicarbonate alkalinity will be destroyed 
according to the equation:

H2CO3 <=> H+ + HCO3 <=> H2O + CO2 Equation 2.

This causes the pH to drop, further inhibiting the methanogens. Without intervention, 
reactor failure will occur. Deterioration of the process stability can be rapid because 
the acetate consuming methanogens can be inhibited by the increase in VFA 
concentration, whereas the acidogenic bacteria are more tolerant of these disturbances 
and continue to produce VFAs (Pullammanappallil et al., 1998). If the disturbance is 
not severe, and there is sufficient buffering capacity to neutralise the excess VFAs, the 
pH and stability of the process will be maintained (Powell and Archer, 1989).

In an industrial situation, disturbances leading to VFA accumulation (e.g. organic and / 
or hydraulic load changes, sudden temperature change) can occur frequently and 
without warning. It is therefore essential that the buffering capacity in the reactor is 

maintained to prevent digester failure.
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2.1.6 Granule formation and behaviour 

2.1.6.1 Granule formation

In UASB type reactors biomass immobilisation is achieved by a natural mechanism, i.e. 

the formation of highly settleable aggregates of micro-organisms (Brummeler et al, 

1985). In specific cases this can be referred to as granulation, where the micro 

organisms are growing in the form of distinct granules (Hulshoff Pol et al, 1983; 

Hulshoff Pol et al., 1982; Hulshoff Pol et al, 1984). These granules are frequently 

high in VSS content (up to 90 %), show a high specific activity (2.2 kg of CtLt 
COD/VSS/day at 30 °C (Hulshoff Pol et al, 1982)) and can vary in size from 0.1 to 8.0 
mm (Thavreesi et al, 1995).

Granulation is a completely natural process, it will proceed in all systems where the 
basic conditions for its occurrence are met, i.e. with mainly soluble substrates and in 
reactors operated in an up-flow manner (Lettinga, 1995). Granule formation is heavily 
dependant on hydraulic factors within the reactor, the waste stream composition, the 
organic strength of the waste and subsequent gas production, nutrient availability and 
other factors. As mentioned above, granulation is naturally occurring in reactors 
operating with an upflow. Upflow velocity (as present in UASB and EGSB systems) 
creates a constant selection pressure for organisms which can adhere to each other to 
form granules, which settle well (auto-immobilisation). Aside from the presence and 

degree of an upflow velocity some of the factors that initiate granule formation are: the 
specific morphology and the hydrophobic properties of the filamentous Methanothrix 

sp. (Dolfing, 1986; Grotenhuis et al, 1992; Chang et al, 1993), degree of mixing 
provided by gas production, extracellular material, inorganic precipitates, ion 

concentration (Ahring etal, 1993), sulphate concentration (Visser et al, 1993), starting 

inoculum and feed composition (Nachaiyasit and Stuckey, 1995).

Selection of closely associating mutualistic cocultures may occur because of their 

metabolic advantage over freely suspended, and therefore physically more distant, 

cocultures. This phenomenon could provide a natural mechanism for favouring the 

granulation of mutualistic cocultures. Positive selection for granulation by washing out 

of freely suspended cells is another mechanism (Stronach et al, 1986).
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2.1.6.2 Granule structure

The discovery that syntrophic methanogenic reactions were compartmentalised within 
the floes by species juxtapositioning was a key finding, and has been demonstrated by 
electron microscope analysis of various granules (Alphenaar et al, 1993). The highly 
structured and layered consortium observed in anaerobic granules and biofilms 
stabilises the metabolic arrangement to create optimal environmental conditions for all 
its members (Pauss and Guiot, 1993).

Some authors postulate that granules are made up by the association of the filaments of 
diameters ranging from 10-50 micrometers. The microflocs comprise mainly of 
bacteria of the genus Methanothrix to which are associated cocci and bacilli. Then 
bacterial filaments create bridges across the microflocs forming macroflocs (granules) 
with diameters higher than 200 micrometers (Gonzalez et al, 1998). On the surface of 
granules tunnels are formed which facilitate the release of biogas bubbles (Robinson 
and Fiedge, 1984; Dubourguier et al, 1988; Sam Soon et al, 1987). Other authors 
consider a model of granule consisting of a series of concentric films with a well- 
defined structure (Guiot et al, 1992; Souza, 1986). The internal film is formed by 
flagellated Methane/bacteria, the intermediate film is formed by Methanobrevibacter 

and the external film is formed by acidogenic, sulphur reducers and methanogenic 
organisms (Methanococcus and Methanospirillum) (Gonzalez et al, 1998). Similarly, 
Guiot et al, (1992), and Gonzalez et al, (1998), (amongst others), found a clear 
predominance of fermentative bacteria existing in the external layers. Conversely, 
propionate degrading bacteria predominated further inside the granules. Thavreesi et 

al, (1995) also found that acidogenic bacteria, if present, prevailed on the granule 
surface. Guiot et al, (1992) hypothesised that preferential immobilisation of 
propionotrophic organisms in the inner space of the granule shelters the bacteria, while 
acidogens and hydrogenotrophic methanogens predominate in the outermost layer. 
Guiot et al, (1992) further postulated that the aceticlastic activity is evenly distributed 

through the sub-surfaces of granules (acetate conversion to CHi is not dependant on 
hydrogen concentrations as is propionate degradation) despite the evident dominance of 

Methanosaeta-lfce (Methanothrix) bacteria on the sub-surface. Thus the H2 utilising 

species are able to 'shield' the propionate degrading bacteria contained in inner layers 

from the diffusing Ha.
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Furthermore, from microscopic observations of cross-sectioned UASB granules, 
Alphenaar et al, (1993) state that layered structures are common in UASB granules, hi 
many cases, especially for large granules, the density seems to decrease towards the 
centre (Wu and Hickey, 1997; Alphenaar et al., 1993), and even large holes are 
common. In the literature these structures are explained by different mechanisms 
(reviewed by Alphenaar et al., 1993). Substrate will be converted first in the more 
external granule layers, and as a consequence of substrate diffusion limitation, the 
internal layers will receive a much lower substrate concentration. According to Monod 
kinetics, this results in lower biomass growth. In extreme cases even a decrease of 
population in the granule core due to autolysis can take place (Alphenaar et al, 1993). 
As a consequence these granules may disintegrate (Grotenhuis et al, 1991) or wash out 
by flotation (Kosaric et al, 1990). The composition and performance will not be 
homogenous over the granule radius; consequently every layer has its own specific 
porosity, biomass growth, and for most substrates, its own population.

2.1.6.3 Benefits of granulation

Bacterial granules as found in UASB type reactors form ideal microenvironments for 
the syntrophic relationships between species. Microenvironments occurring within 
granules play an important role in the biochemistry of AD, not only facilitating inter- 
species hydrogen transfer, but also in other reactions transferring nutrients to and 
between organisms. 'Granulation' of bacteria also protects them from being washed 
out of the reactor, and offers a certain degree of 'protection' from bulk reactor 
conditions (both physical and chemical) to those bacteria in the inner core of the 
granules. Such a structured aggregate is a stable metabolic arrangement that creates 
optimal nutritional conditions for all its members (Guiot et al, 1992). Aggregation of 
different metabolic groups of bacteria is thus of pivotal importance for the energetics 
and kinetics of the overall substrate conversion in anaerobic biotechnology, as well as 
being a key factor in biomass retention.

As mentioned above, one benefit of granulation is the fact that the bacteria that make 
up the inner layers of the granule are to some degree protected from bulk liquid 
conditions by the granules' outer layers. In an arguably analogous situation Arvin and
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Kristensen (1982), estimated that the pH in denitrifying biofilms amounted to 0.5 - 2.0 

pH units higher than in the bulk liquid. In the case of methanogenic biofilms the 

existence of higher pH values inside the biofilm (granules) is fairly likely because 

VFAs are being degraded here as a result of the high bioactivity, which necessarily 

causes a rise in the pH of the entrapped solution (Brummeler et al., 1985). On the other 

hand, a high pH gap is not likely, because mass transfer resistance is very limited in the 

granules (Dolfing, 1987). Substrate concentration within the granule can also be 

considerably less than in the bulk liquid, as can hydrogen concentrations (Speece, 

1996), thus allowing propionate degradation despite bulk conditions suggesting it 

should not be possible. Methanogenic bacteria in the granule core are offered some 

degree of protection due to the higher pH within the granule than in the bulk liquid. 

Diffusional resistance (for substrates reaching the micro-organisms in the middle of 

granules) does not become of significance until the biofilm thickness reaches values 

above approximately 1 mm (Speece, 1996). Speece (1996) also states that no mass 

transfer limitation occurs for VFA with granules < 2 mm, and that should mass transfer 

limitation occur, its effects can be reduced by increasing the rate of recycle. Alphenaar 

et al, (1993), proved that substrate transport limitations increase with the diameter of 

the granules, as did Wu and Hickey (1997), who, in contrast with the comments of 

Speece (1996), showed that acetate pulses were degraded approximately twice as fast 

by granules averaging 0.5 mm radius compared to granules averaging 1.5 mm radius 

(although this could to some degree be due to an increase in surface area rather than an 

increase in the rate of diffusion / mass transfer). Minor variations in reported values 

may occur as every anaerobic system is different with regards to reactor type, upflow 

velocity, feed composition and strength, feeding pattern, temperature, granule history 

etc, added to which, experimental methods may vary. As previously mentioned high 

recycle (and thus high upflow velocity) can minimise mass transfer limitations, should 

they occur.

2.1.6A Granule size

It has long been accepted that granule size has a strong impact on reactor performance 

(Wu and Hickey, 1997; Arcand et al, 1994). Granule size development results from a 

dynamic equilibrium between particle detachment from the granule by fluid shear and 

granule colonisation by bacterial growth (Trulear and Characklis, 1982; Costerton et
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al, 1987). Granule size is strongly influenced by the Vup (Brummeler et al, 1985; 

Arcand et al., 1994), with an increasing Vup aiding mass transfer to the granules' inner 

layers. Substrate concentration is another key factor determining the size of the granule 
(Wu and Hickey, 1997).

Diameter of granules is reported to vary between 0.1 - 8.0 mm (Thavreesi et al, 1995), 

or 1 - 5 mm in size according to Hulshoff Pol et al., (1982). In UASB-type reactors 
the majority of anaerobic granules are approximately 3 mm in diameter [in the bottom 

half of the bed] (Wu and Hickey, 1997). Based on the literature data the following 
generalisation can be made; the median or the equivalent diameter at 50 % cumulative 
frequency (D-50) is generally in the range of 1.0 - 3.0 mm when granules are cultivated 

in carbohydrate containing substrates (Thavreesi et al, 1995). The size of sludge 
granules in the UASB process may be governed by compromising between beneficial 
effects of adsorption and increasing difficulties in exchanging nutrients with the 
surrounding medium through dense cell layers. It therefore follows that a dramatic 
increase in surface area can be obtained by growing smaller particles (Brito and Melo, 
1997).

The relative proportion of acetate and propionate degrading bacteria tends to increase 
with granule enlargement (Arcand et al, 1994; Guiot et al, 1992). These observations 
agree with previous literature reports where glucose specific activity is lower, and 

acetate specific activity higher, in larger granules (Guiot et al, 1986; Guiot et al, 1988; 
Tramper et al, 1984; Guiot et al, 1992). Such correlations are consistent with a 

granule stratified ultrastructure (Guiot et al, 1992; Alibhai and Forster, 1986; MacLeod 

et al, 1990; Visser et al, 1991). According to these models the acidogens would be 
mostly confined to the surface of the granule since they utilise the primary substrates 

and grow fast, while Methanosaeta-like aceticlasts would mostly occupy the granule 

core (Arcand et al, 1994; Lettinga, 1995).

The optimum granule size for any given reactor is a compromise between the substrate 

conversion rate (greater with smaller granules, due to larger surface area and smaller 

mass transfer limitations) and the particle settling rate (usually greater for larger 

granules - up to a certain critical point). If particles become too small (their settling 

velocity is too small) the process could be limited by biomass retention problems. On
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the other hand the larger the granule, the less the surface area, and the more time taken 
for the substrate to penetrate to the cells in the granule's inner layers. As such the 
choice of operating upflow velocity is key to efficient operation, as described in Section 
2.3.3.1.

Investigating the relationship between porosity, granule diameter and methanogenic 
activity of anaerobic granules Alphenaar et al, (1993) found that overall diffusion 
coefficients for the granule samples were between 40 and 80 % of the diffusion 
coefficient of pure water (although they stated that these high results were probably a 
consequence of the strong mixing conditions imposed). Nilsson and Karlsson (1989) 
reported values of the diffusivity of acetate to be 22 - 33 % of pure water. Kitsos et al., 

(1992) found the effective diffusitivity of acetate to be only 7 % of that in water. 
Diffusion coefficients for solutes inside biofilms were found to be lower than those in 
clean water. So in anaerobic matrices the diffusion coefficient for ethanol, acetate and 
hydrogen seems to amount to only 12 %, 12 % and 27 % of the value for an aqueous 
solution, respectively. Such low values would obviously result in very low values for 
mass transfer in immobilised biomass (Lettinga, 1995). It must be remembered that the 
above figures represent only 'diffusion'. The experimental methods involved in 
reaching these figures necessitate the inhibition of all biological activity. Thus the 
figures are likely to be unrepresentative of what would occur in a real system, where 
the biochemical reactions and interactions between bacteria would possibly play a more 

important role than the rate of diffusion.

2.1.6.5 Granules grown on sucrose-based feeds

With regards to granule formation and structure with sucrose based wastes it seems that 
a non- or only partially acidified sucrose feed (less than 70 %) initiates the growth of a 

fragile type of granular sludge with a layered structure (Lettinga, 1995). This was also 
found by Fang et a/., (1994), and Thavreesi et al, (1995). The accumulation of biogas 
within and around the aggregates (i.e. between the layers) causes the flotation of the 
granules. Moreover, the growth of dispersed acidogenic bacteria enhances granular 

sludge flotation and also leads to an excessive expansion of the sludge bed, and 

consequently to poorer sludge retention in the system (Lettinga, 1995). In addition 
Thavreesi et al, (1995) observed that the effluents of two reactors for which sucrose
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was a proportion of the feed were enriched in acidogens, indicating that biomass 

washout was a problem with a sucrose feed. The specific acidogenic activity was 

clearly dependant on the amount of sucrose in the feed. Results showed that acidogens, 

if present, were susceptible to washout (Thavreesi et al, 1995). It seems that the fast- 

growing acidogenic bacteria that are favoured by sucrose based feeds can be destructive 

in terms of the formation of large settleable granules. Acidogenic organisms deteriorate 

the settleability of granular sludge and also negatively affect the formation and growth 

of granular sludge (Lettinga, 1995).

Guiot et al, (1992) describes the structure of a sucrose-fed granule as 'three-layered' 

(as evidenced by electron microscopy), with syntrophic bacterial associations located 

between an external layer made of a heterogeneous population, predominantly of H2 

producing acidogens, and also including Ha utilising micro-organisms such as 

Methanosarcina, Methanococcales and Methanospirillum-\ike species and an 

aceticlastic core, composed almost exclusively of Methanosaeta-like organisms.

2.1.6.6 Summary of granule formation and behaviour

As explained above, in dense and well-formed biomass, granules can form a highly 

structured and layered bacterial consortium, within which exists a profound communal 

synergism which may be exploited in anaerobic processes (Speece, 1996). The 

aggregation of anaerobic micro-organisms into biofilms and granules optimises the co 

operation between the partner organisms by reducing the diffusion distance for the 

transfer of metabolites (Speece, 1996; Lettinga, 1995). These close cell associations or 

communities are of great benefit, as interspecies hydrogen transfer occurs more 

efficiently when acetogens and methanogens are in close contact (Speece, 1996; 

Lettinga, 1995; Guwy et al., 1997). The hydrogen transfer system results in greater 

availability of energy for acidogens and acetogens, increased substrate utilisation, 

increased growth of all participants and the displacement of unfavourable reaction 

equilibria (Harper and Pohland, 1986). Granulation also provides a micro-niche for the 

most sensitive bacterial groups, with the hydrogen utilising species being able to 

'shield' the propionate degrading bacteria contained in inner layers from the diffusing 

hydrogen thus providing areas of hydrogen concentration less than 100 ppm where 

propionate-converting bacteria can thrive (Guiot et al., 1992). The presence of
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Methanobacterium thermoautotrophicum in the granule surface suggests that H2-using 
methanogens may consume free hydrogen found in the bulk liquid which then does not 
need to penetrate further into the granules (Schmidt and Ahring, 1996). Pauss and 
Guiot, (1993) estimated that dissolved hydrogen concentrations within granules could 
be 25 - 40 times lower than in the bulk liquid.

2.2 Environmental Conditions

Factors that exert an influence on the anaerobic digestion process include temperature, 
pH, nutritional requirements and the presence of inhibitors. A sudden or marked 
change in any of these characteristics will result in a significant change in operating 
characteristics.

2.2.1 Temperature

The significance of temperature to the rate of AD dictates that it must be considered as 
one of the main design parameters. Methanogenesis is reported to occur over 
temperature ranges of 4 - 100 °C (Speece, 1996) and Lepisto and Rintala (1996) report 
economically viable anaerobic digestion at temperatures up to 80 °C. The optimum 
range of mesophilic methanogenic growth is 33 - 37 °C (Weiland and Rozzi, 1991). In 
accordance with the optimal temperature range for the groups of micro-organisms 
involved in the digestion process, anaerobic reactors are normally operated at 
mesophilic temperature (30 - 40 °C) or moderate thermophilic (50 - 60 °C) 
temperatures (Ahring, 1994). The other temperature range commercially employed in 
anaerobic digestion is known as psycrophilic and is generally between 5 °C and 25 °C 
(Gray, 1999).

Slander et al, (1968) confirmed that a temperature rise of 10 °C results in a doubling of 
biological activity and hence also a doubling in permissible loading rate over the 
mesophilic temperature range of 15 to 35 °C and, conversely, a sharp decline in activity 
at 45 °C. A sudden temperature drop in a high rate system will result in an immediate 
overload with a concomitant increase in VFA concentrations. It is recommended that 
mesophilic digesters be operated continuously at a temperature as close as possible to
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35 °C. However, in certain cases it may be economically desirable to work at lower 
temperatures with longer contact times, (for example, with dilute wastewaters that 
cannot be heated economically). Heating and mixing of sludge must occur 
simultaneously because uniform heating of the digester contents is essential (Ross and 
Louw, 1987). Although some of the highest loading rates have been recorded while 
operating in the thermophilic range, the excess energy required to maintain the reactor 
at 20 - 30 °C above ambient temperature is obviously a major drawback.

An important characteristic of anaerobic bacteria is that their decay rate at temperatures 
below 15 °C is very slow. Thus, it is possible to preserve the anaerobic population for 
long periods without losing much of its activity. This is especially useful in the 
anaerobic treatment of wastewater from seasonal industries such as sugar mills 
(Rajeshwari etal, 2000).

2.2.2 pH ranges

Research has shown that the anaerobic process can proceed well at pH levels as low as 
4.5 - 5, provided no VFA is present (Florencio et al., 1993). A study using fish 
industry wastewater showed that it was possible to have a steady and stable 
performance of a UASB reactor with a high degree of COD reduction when operating 
the reactor at a pH of 9.0 (Sandberg and Ahring, 1992). These are extreme examples 
however, and most experts seem to agree that the reactor pH must be in the range 6.5 to 
8. For example, Ross and Louw (1987) recommend a pH range of 6.8 to 7.2. Speece 
(1996) recommends a range of 6.5 to 8.2, while Rajeshwari et al, (2000) suggest that 
for optimal performance anaerobic digesters be kept in the 6.8 to 7.2 range. Low pH 
levels are particularly detrimental to methanogens, as opposed to fermentative bacteria 
(which can be active at pH as low as 4). Clark and Speece (1970) state that inhibition 

of methanogens starts around pH 6, and is severe below pH 5.5, while McCarty et al, 

(1964) state that methanogens growth is severely inhibited below a pH of 6.2 with an 
optimum growth rate in the range of 6.6 to 7.6 and a tolerance of up to 8.0. Mosey 
(1983) and Switzenbaum et al, (1990) report that once reactor pH has descended 

beneath approximately 6.2, the inhibition of the methanogenic bacteria occurs, while 

Cord-Ruwisch et al, (1997) state that descending beneath this pH (6.2) can result in 
total digester failure and the death of the methanogenic bacterial population.
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Murnleitner et al., (2002), backed up by references to Wolin (1976), Harper and 

Pohland (1986) and Tartakovsky and Guiot (1997) also state that methanogenesis stops 

at pH values lower than 6. Minor differences in the literature values are due to factors 

such as individual reactor type and conditions, granule / particle size, and respective 

VFA concentrations.

Batstone et al, (2002) list the suggested lower parameter values for pH inhibition, 

given in Table 2.2.

Table 2.2 Lower pH inhibition values for major trophic groups.

Bacterial group

Acidogens

Acetogens

Lithotrophic 
methanogens

Aceticlastic 
methanogens

Not inhibited at all above

5.5
5.5

7

7

Complete inhibition below

4
4
6

6

Hydrolysis may be inhibited at either low or high pHs and is probably caused by partial 

de-naturation of enzymes (Batstone et al, 2002).

A pH-based equilibrium exists between the dissociated and undissociated components 

ofVFAs:

CH3COOH CH3COO + H+ Equation 3.

As the pH value drops, equilibrium shifts to the left, resulting in an increase in the 

concentration of undissociated VFAs. Digester failure becomes increasingly more 

likely as the concentration of undissociated VFAs rises above 10 mg/1 (Kroeker et a/., 

1979).

Due to the equilibrium between the dissociated and undissociated components of 

VFAs, lowering pH values cause yet more of the organic acids to dissociate, which
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further drops the pH, which causes further dissociation. This cycle of events can 

quickly lead to reactor souring in the absence of sufficient buffering and is another 

reason why close monitoring and control is beneficial.

Reactor failure is often caused by decreases in pH (Huser et al, 1982). The main 

reason cited for the inhibition at low pH values is the high toxicity of the undissociated 

VFAs which become abundant below pH 6.0 (Buhr and Andrews, 1977). These 

undissociated acids are present in the system in amounts dependent on the total 

concentration of VFAs in solution. Because the relative amount of free (undissociated) 

acids (eg VFAs) or bases (compared to the ionic counterpart) is strongly pH dependent, 

the inhibition they cause is also pH dependent, and the empirical pH inhibition 

functions may include the cumulative effect of free acid or base inhibition (Batstone et 

al, 2002). For inhibitory levels of VFAs see Section 2.2.4.1.

Free acid and base inhibition is the disruption of cell homeostasis by changes in pH. 

The undissociated nature of these acids allows them to penetrate the bacterial cell 

membrane, while their dissociated counterparts cannot (Kell et al., 1981), and once 

assimilated, induce an intracellular decrease in pH and hence a decrease in microbial 

metabolic rate. The methanogens generate ATP by a chemiosmotic mechanism 

involving the pH gradient across the membrane, hence the undissociated VFAs 

(uVFAs) are able to uncouple the synthesis of ATP by the disruption of the pH gradient 

(Zoetemeyer et al., 1982). The organisms most affected by free acid and base 

inhibition are (in order of effect); aceticlastic methanogens, lithotrophic methanogens, 

acetogenic organisms. The last two are in a syntrophic consortia, and a decrease in 

activity of lithotrophic methanogens will cause an apparent decrease in the activity of 

organic oxidising organisms, due to the accumulation of hydrogen and formate 

(Batstone et al, 2002).

It must also be remembered that micro-organisms in the inner layers of the granules 

(such as the most pH sensitive organisms, the aceticlastic methanogens) are offered a 

degree of protection from bulk liquid conditions by the outer layers of the granules (see 

Section 2.1.6). Also, the existence of higher pH values inside the granules is likely, as 

VFAs are being degraded here as a result of the high bioactivity which necessarily 

causes a rise in the pH of the entrapped solution (Brummeler et al, 1985).
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2.2.3 Nutrient requirements

Efficient digestion processes require that the medium in which the micro-organisms 
grow and multiply contains sources of organic carbon, nitrogen and phosphorus for the 
biosynthesis of new cells. The theoretical minimum COD : N : P ratio required for a 
high loaded anaerobic digester is around 400 : 7 : 1 (Grasius et al., 1997). Trace 
elements are also necessary for cell synthesis. While domestic wastewater or sewage 
sludge will probably contain all of the necessary nutrients, industrial waste streams are 
often too specific in their nature, and may be deficient in these nutrients and thus must 
be supplemented. Various nutrients and trace metals used in anaerobic digesters 
include magnesium, potassium, calcium, sulphur, iron, aluminium, zinc, nickel, cobalt, 
molybdenum, manganese, copper, boron and selenium. Often there is a wide variation 
in the composition and quantification of nutrient supplements. More information is 
available in Stronach et al., (1986) and Grasius et al., (1997). There have been 
numerous studies regarding nutrients dosing for UASB / EGSB type reactors. These 
are reviewed by Singh et al., (1999).

2.2.4 Inhibitory substances

There are many materials, both inorganic and organic which may be toxic or inhibitory 
to the anaerobic waste treatment process. The term "toxic" is relative and the 
concentration at which a material becomes toxic or inhibitory may vary from a fraction 
of a mg/1 to several thousand mg/1. Micro-organisms usually have the ability to adapt 
to some extent to inhibitory concentrations of most materials. The extent of adaption is 
relative, and in some cases the activity after acclimation may approach that obtained in 
the absence of the inhibitory material. In other cases the acclimation may be much less 

than this.

Many industrial wastes contain substances that are recalcitrant or potentially inhibitory. 
For example, heavy metals, chlorinated hydrocarbons and anionic detergents all have 

an inhibitory effect on the micro-organisms (Rittmann and McCarthy, 1980). In the 
food industry for example, biocides and caustic soda are commonly used to clean 
factory equipment and can result in poor efficiency or failure of the treatment plant.
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More information on materials that are toxic / inhibitory to anaerobic micro-organisms 
is available in Grasius et al., (1997).

In the case of wastewaters from sugar cane processing plants, oil may be present in 

trace amounts (around 23 mg/1) (Ramjeawon, 2000). This oil arises from the end of 

week wash-down of machinery and equipment. Some pesticides (that have been 

washed off the raw beet / cane) may also be present (Comite European des Fabricants 

de Sucre (CEFS) website, <www.ib/cefs/sugarindustry.htm>, [accessed 13th January 

2003]).

2.2.4.1 Volatile Fatty Acids (VFAs) and inhibition

All organic acids contain the carboxyl group, they are weak acids, ionise poorly and all 
have sharp, penetrating odours (Olsson and Newell, 1999). VFAs are amongst the most 
important intermediates in the anaerobic digestion process, and have long been 

monitored as potential process performance indicators (see Section 2.9.2). In a well- 
balanced anaerobic digester VFAs should not accumulate. It has long been established 
that VFA levels increase in anaerobic digesters under stress (Graef and Andrews, 1974; 
Hill and Earth, 1977).

The level of total volatile fatty acids (TVFA) in anaerobic reactors at steady state can 
vary greatly depending on the type of reactor, the type of feed, the type and amount of 

buffer being used and importantly the organic loading rate / specific loading rate (OLR 
/ SLR). It is not feasible to define an absolute VFA level indicating the state of the 

process. Anaerobic systems have their own 'normal' levels of VFA, determined by the 

composition of the substrate digested and operating conditions (initial pH and 

alkalinity) (Lester and Birkett, 1999), as well as the operating OLR.

In low or under-loaded reactors TVFA values can be low (< 100 mg/1), whereas in high 
loaded reactors, or processes operated on the limits of their ability the steady state 

TVFA level can be high. Weiland and Rozzi (1991) suggest that the TVFA 

concentration during the start-up period should be kept below 500 - 1000 mg/1. 

Obviously the higher the TVFA level the more buffering is required. Buswell (1959) 

stated that the empirical overall upper limit of 2000 mgVFA/1 was over-emphasised.

31



He preferred the use of sudden changes in a constant value of VFA content, as a control 

parameter, rather than setting levels for 'safe' digestion. Ahring et al, (1995) (amongst 

others) also suggested that the relative change in VFA concentrations were a more 

important indicator that all is not well in the reactor, rather than the absolute VFA 

concentrations. It follows that as far as control is concerned, any sudden changes in the 

steady state TVFA level are much more important than the level itself. The relationship 

between VFAs and pH is discussed in Section 2.2.2.

Acetic and propionic acids are the major VFAs present during anaerobic digestion 

(Mawson et al., 1991), with acetic acid usually comprising 50 - 90 % of the total 

(DiLallo and Albertson, 1961). Propionic acid is believed to be the most toxic VFA 

appearing in anaerobic digestion (Hanaki et al., 1994). Methanogenic populations were 

demonstrated to be inhibited at propionic concentrations in excess of 1000 mg/1, while 

they could tolerate acetic and butyric acids up to 10000 mg/1 (McCarty and Brousseau, 

1963; cited from Inane et al., 1999). Stronach et al., (1986) demonstrated that 

methanogenic populations were inhibited at propionate concentrations in excess of 

3000 mg/1, and suggested that this effect could be overcome by acclimation. Hajarnis 

and Ranade (1994) studied the effect of propionate toxicity on methanogens and found 

that 5000 mg/1 of propionate inhibited the CH4 production rate at neutral pH to 22 - 38 

% of the control. When the pH was reduced the inhibition drastically increased, 

implicating un-ionised propionic acid as the most toxic form (Speece, 1996). Propionic 

acid was also found to be the VFA with the slowest rate of degradation (Find et al., 

2003; Wiegant and de Man, 1986; Dohanyos, 1985). Wang et al., (1999) found that the 

decomposition rates of straight chain organic acids (normal form, e.g. n-butyric, n- 

valeric) were greater than those of their respective isomers (iso form, e.g. /-butyric, i- 

valeric), hypothesising that this was due to the structural differences. High 

concentrations of valeric acid are reported to be a result of cell lysis (Beeftink and 

Staugaard, 1986).

The inhibition of propionic acid degradation by acetic acid depends on the acetic acid 

concentration in the digester. Wang et al, (1999) found that when the acetic acid 

concentration was greater than 1400 mg/1, the propionic acid degradation rate markedly 

decreased, while Mawson et al, (1991) observed evidence of the retardation of 

propionate degradation when acetate levels exceeded 1000 - 1400 mg/1. As described
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in Section 2.2.2, the inhibition of methanogenesis has been attributed to the action of 
un-ionised VFAs so both the pH and the total acid concentration are important in 
determining the observed effect, and the provision of adequate alkalinity to buffer the 
pH is important to minimise the effect of an increase in acid concentration (Mawson et 

al, 1991).

As mentioned above, acetate and propionate are often the dominating intermediates in 
the AD process. Measurements of VFAs in stable, continuously operating digesters 
show variable levels of acetic acid (according to specific conditions), but very low 
concentrations of propionic acid (Marchaim and Krause, 1993). During inhibition, a 
shift in microbial activity leads to a rise in the propionic acid concentration. It has been 
observed that this rise (in relation to the acetic acid concentration) can indicate an 
overload effect prior to changes being observed in other parameters examined 
(Marchaim and Krause, 1993). There has therefore been a special focus on evaluating 
the relationships and levels of these intermediates (Ahring, 1994; Ahring et al., 1992, 
1995; Hill et al., 1987; Pullimmannappallil et al., 2001). Hill et al., (1987) examined 
the literature on digester performance and organic acid levels, and found that in the 
digestion of cow or swine manures, acetic acid levels greater than 800 mg/1 and 
propionic : acetic acid ratios greater than 1 : 1.4 indicate impending failure.

As noted by Voolapalli and Stuckey (1998) however, there may be situations where the 
propionic acid production is small (< 10 %) and acetate may be produced through COa 
reduction, and under such conditions the propionate : acetate ratio may be misleading. 
Strong and Cord-Ruwisch (1995) also noted that relying on propionate monitoring to 
detect process failure may not be sufficient in all cases, as in cases of digester failure 

due to long-term overloading propionate did not necessarily accumulate.

hi the search for specific indicators for imbalance, the responses of the iso - forms of 
butyrate and valerate were shown to be faster and more pronounced after subjecting the 

process to changes (Ahring et al., 1995; Cobb and Hill, 1991; Hill and Bolte, 1989; Hill 
and Holmberg, 1988; cited from Find et al, 2003). These acids were therefore 

suggested as the best indicators for imbalance.
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The actual effect of VFA levels on the different micro-organisms involved in the biogas 

process is quite complex and dependant on the individual species involved. 
Inhibition by increased VFA concentration is also known to be dependant on pH 
(Meyer and Heinzle, 1998; Mosche and Jordening, 1999). This very complex 
interaction of inhibition, substrate affinity, and pH dependency leads to the conclusion 
that no general assumptions on inhibitory levels of VFA are possible. Instead a more 
complex evaluation of the VFA concentration has to be carried out (Ahring et al., 1995; 
Bjornsson et al, 1997; Find et al, 1999; Pullammannappallil et al, 1998; Renard et al, 

1988). Such a complex evaluation necessitates access to frequent, comprehensive 
information on VFA concentrations.

2.3 Types of anaerobic reactor 

2.3.1 Introduction to reactor types

The 'high-rate' reactors (first described by Lettinga et al, 1980) were first applied on a 
commercial scale in the sugar industries in the mid-seventies. Further research 
achievements have led to the world-wide acceptance of anaerobic digestion as a cost 
effective and sustainable alternative to established waste disposal methods (van Lier et 

al, 2001). Anaerobic technology is presently the standard method of wastewater 
treatment for a wide variety of industries. High-rate reactors are functional on an 

industrial scale in 65 countries worldwide (Frankin, 2001).

There are many different types of anaerobic digester, and many design 'spin-offs' or 
improvements of similar systems. As such the technology is continually evolving. 
Common digester types are the continuously stirred tank reactor (CSTR), anaerobic 
filter reactors (AF), the anaerobic baffled reactor (ABR), the up-flow anaerobic sludge 
blanket (UASB), and fluidised or expanded granular sludge bed reactors (FB or EGSB). 
The most common type of high-rate anaerobic reactor in use worldwide is the UASB 
reactor, of which the EGSB type reactor used in this work is a spin-off. UASB reactors 

are briefly described in Section 2.3.2, and the EGSB reactor type is described in Section 

2.3.3.

34



As the main determinant of the rate of digestion is the concentration of bacteria 
(provided the process is properly controlled), high-rate anaerobic digestion processes 
have been designed to retain or recycle the bacteria. Provided the biomass can be 
retained, the more rapid the treatment process the more likely it is to be viable. Typical 
microbial concentrations in these high rate reactors are 30 - 50 gVSS/1 (UASB, Grasius 
et al, 1997), 12.5 - 19.6 gVSS/1 (UASB - Hulshoff-Pol et al., 1984), 5-25 gVSS/1 
(EGSB - Kato et al., 1997), 37.9 - 40 gVSS/1 (EGSB - Rinzema et al., 1993b). The 
performance of the bacterial population within any given reactor can be estimated using 
its specific loading rate, which can be measured as kgCOD/kgTS" 1 or kgCOD/kgVS"1 
(or kgCOD/kgVSS"1 in systems where most of the biomass is suspended). Some 
typical SLRs for UASB reactors can be seen in Table 2.3. Examples of SLRs applied 
to EGSB reactors are 0.8 kgCOD/kgVSS/day (treating ethanol, Jeison and Chamy, 
1999) and 0.6 kgCOD/kgVSS/day treating a synthetic brewery effluent (Kato et al., 

1997). The type of substrate is also important.

It must be remembered that the choice of digestion process implemented should always 
be driven by the type, characteristics and quantity of wastewater to be treated.
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2.3.2 Upflow anaerobic sludge blanket (UASB) reactors

The UASB reactor is the most common type of high rate anaerobic reactor (Frankin, 

2001). This reactor configuration was first developed by Lettinga et al, (1980). The 

UASB system can be used in the treatment of high volume, medium to high strength 
industrial wastewaters. The process relies on the tendency of anaerobic bacteria to 

form floes, or granules that are retained in the reactor by an efficient gas / liquid / solid 

separator (GLSS) located at the top of the reactor. As such, the active bacteria are 

retained within the digester tank (in the form of a high-density granular sludge) despite 

the gassing and upflow velocity of the wastewater. The UASB reactor has extensive 

industrial applications, treating effluents from many different industries, including 
distilleries, food processing units, olive mill wastes, tanneries and municipal 

wastewater (Rajeshwari et al, 2000), sugar and milk effluents (Grasius et al, 1997) 

and yeast and pharmaceutical wastewaters (Frankin et al., 1992). A major advantage is 
that the technology has comparatively less investment requirements when compared to 

an anaerobic filter or a fluidised bed system. Some disadvantages are that skilled 

operation is needed to avoid sludge washout during the initial phase of the process 

(Rajeshwari et al., 2000). UASB reactors also have a long start-up period. However, 
starting with a large concentration of inoculum of an already granulated sludge can 

significantly reduce the time required for acclimatisation and adaptation.

The degree of mixing in the sludge blanket is a function of the gas production and the 

upward flow velocity of the influent. If the velocity is too high, paths will be opened 

through the blanket by channelling, and if it is too low there will not be enough mixing. 

Table 2.4 shows a simple comparison of UASB and EGSB reactors.

2.3.3 Expanded granular sludge bed (EGSB) reactors

A modification of the UASB reactor is the EGSB reactor. The EGSB reactor was 
developed in order to improve the wastewater biomass contact during anaerobic 

treatment by expanding the sludge bed and intensifying the hydraulic mixing. In this 

system, higher superficial liquid velocity can be achieved by applying re-circulation. 
An EGSB reactor uses a fully or partially expanded bed of granules, the system stability 

relies on the high settleability and the mechanical stability of these granules. Liquid
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upflow velocities (Vup) of 5 to 30 m/h can be achieved in an EGSB reactor compared 

with 0.5 to 1.5 m/h for the UASB system (van Lier et al., 2001), although Zoutberg and 

de Been (1997) report sludge washout problems at upflow velocities greater than 15 

m/h. This high liquid upflow velocity is used to improve the mixing regime. EGSB 

technology is particularly suitable for treating low strength wastewaters (Kato et al., 

1997) and wastewater that contains compounds that are toxic in high concentrations, for 

example wastes from the chemical industry. EGSB technology has been used to treat 

brewery and chemical factory wastewater (Zoutberg and Frankin, 1996). EGSB 

technology (with modifications) has also been used to digest triglyceride emulsions, 

and lauric acid (Rinzema et al., 1993a and 1993b). The main problem with this reactor 

type is with biomass retention. The high Vup and associated mixing sometimes cause 

granule abrasion, leading to disintegration. The smaller particles are then washed out. 

The advantages and disadvantages of these and other reactor configurations are 

reviewed by Mickey et al., (1991), Weiland and Rozzi, (1990) and Rajeshwari et al., 

(2000).

The thorough mixing that is provided in EGSB systems by the application of re-cycling 

is fundamental. Efficient mixing encourages even distribution of substrates and 

prevents the localised build-up of inhibitory substances (one of the factors enabling the 

treatment of otherwise toxic or inhibitory compounds in EGSB systems). Aside from 

this obvious advantage, another advantage of efficient mixing is that it facilitates 

control, as changes in any control variables employed can be applied to the reactor as a 

whole and not just one localised region.
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Table 2.4 Comparison of UASB and EGSB reactor systems.
Advantages Disadvantages Design load 

(kgCOD/m3 
/day) (Frankin, 
2001)

UASB natural mixing by gas 
production, 
simpler to operate.

needs efficient feed
distribution system at
bottom.
biomass washout at
higher loading rates
low tolerance for high
levels of insoluble COD

10

EGSB efficient mixing, thus 
better wastewater / 
biomass contact, 
usually taller and 
narrower, therefore 
smaller 'footprint', 
can treat mildly toxic 
wastes due to 
thorough mixing, 
can achieve higher 
OLRs and lower 
HRTs.

poor granulation or 
granule disintegration, 
possible biomass 
washout problems at 
start-up.
higher energy cost due to 
re-circulation, 
potentially more difficult 
to operate (requires more 
monitoring / control) 
less effective than UASB 
at removing suspended 
solids

20

2.3.3.1 Mixing in EGSBs

One of the factors governing the efficiency and stability of the wastewater treatment 
process is the degree of mixing within the reactor. The degree of mixing within a given 
system is vitally important with regards to the development (and retention) of an 
efficient, well functioning, well settling biomass. The hydrodynamics of mixing within 
a reactor strongly influence the bacteria in terms of floe / granule size, density and 
proximity (Nachaiyasit and Stuckey, 1997b), as well as heavily influencing wastewater 
biomass contact. These factors in turn strongly influence interspecies hydrogen 
transfer. Good mixing promotes the transfer of substrates and heat to the micro 
organisms, maintains uniformity in other environmental factors, and ensures the use of 
the entire reactor volume by preventing stratification (Bello-Mendoza and Sharratt, 
1998). A number of experimental studies including Stafford (1981); Perot et a/., 
(1988); and Lin and Pearce (1991) backed up what was already widely known, that 
mixing has significant effects on the treatment efficiency of anaerobic digesters.
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If insufficient mixing is provided by the upflow velocity and the gas production, the 

fluid pattern can approach that of a plug-flow reactor (Brito and Melo, 1997). 

Incomplete mixing not only jeopardises the efficiency of the treatment process and 

therefore the stability of the product sludge (Bello-Mendoza and Sharratt, 1998), but 

will cause sub-optimal wastewater biomass contact, and mass transfer limitations (with 

regards to the transport of substrate through the granule to the innermost layers) 

(Speece, 1996) and therefore sub-optimal performance. Too much mixing on the other 

hand will cause hydraulic shear (Nachaiyasit and Stuckey 1997b; Speece, 1996) 

granule attrition and abrasion leading to granule break up and the subsequent washing 

out of smaller particles.

Mixing in EGSB reactors is principally governed by superficial liquid velocity (or 

upflow velocity), which is governed by the recycle rate imposed, superficial gas 

velocity (governed by the rate of gas production), as well as the reactor's structural 

design and influent distribution system. Important to a lesser extent are the effect of 

solids (biomass concentration, degree of granulation, size of granules) and the viscosity 

of the bulk liquid. It is important to note that there will be minor variations in the 

superficial liquid velocity, the superficial gas velocity, the biomass concentration, 

degree of granulation, sludge viscosity / bulk liquid viscosity depending on the position 

within the reactor (Pannell, personal communication, 2003).

From the literature the importance of operating at the correct upflow velocity becomes 

abundantly clear. Superficial velocities have been shown to have an effect on granule 

size and activity (Arcand et al, 1994; Guiot et al, 1992). Elevated liquid and gas 

velocities (up to a certain critical point) cause average granule size to increase, due to 

enhanced mass transfer rates (Kato, 1994), enabling the formation of a better settling 

sludge. Once this critical upflow velocity is reached, however, further increases in Vup, 

while increasing mixing, wastewater biomass contact, and further reducing mass 

transfer limitations, will also become destructive due to the increasing effects of liquid 

shear (Yu et al., 2002; Speece, 1996). Increasing amounts of biomass will be lost due 

to attrition and abrasion of granules (Arcand et al, 1994). The same authors, however, 

state that there is lower attrition and friction between granules at higher Vup (around 4.4 

to 6.6 m/h) than at lower Vup (2.2 m/h) due to increased bed voidage (spaces between
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granules). Even with complete fluidisation, and lessened attrition and abrasion, bigger 

apparently well-formed granules have been observed to float out of the fluidised bed to 

the liquid surface and wash out (Speece, 1996; Kosaric et al, 1990), or to disintegrate 

and then wash out (Grotenhuis et al, 1991). This phenomenon is due to decreased 

granule density caused by limited substrate penetration to the innermost bacteria and 
subsequent cell lysis (Alphenaar et al, 1993) see Section 2.1.6. So once efficient 

mixing is achieved, more mixing is not necessarily good. Arcand et al, (1994), 
consistent with Peyton and Characklis, (1992), concluded that the shear caused by the 

rising gas bubbles (the volume of which increased with the rising SLR) was much more 
important than that caused by the liquid velocity in anaerobic granule bed reactors.

Each individual reactor will have a slightly different optimum upflow velocity 

depending on the type of reactor, reactor structure, waste being treated, characteristics 
and history of granules and the feeding regime. UASB type reactors and derivatives 
thereof are typically operated as completely mixed reactors (Kleerebezem, 2003). 
Despite this, hydraulic factors including improvements in reactor mixing by increased 
gas production, have a pronounced influence on the reactor performance (Wu and 
Hickey, 1997), although this effect is not necessarily positive, as increased mixing does 
not necessarily make for more efficient treatment. Treatment efficiency can reduce 
when superficial gas velocities become too high, due to increased washout (Pannell, 

personal communication, 2003).

The minimum superficial velocity for fluidisation of carbohydrate fed anaerobic 
granules is around 2 m/h (Arcand et al, 1994). With regards to EGSB systems, which 
according to Brito and Melo (1997) exhibit a fluid pattern which behaves almost as a 
continuously stirred tank reactor due to the effects of the high recirculation rate, a 
superficial velocity of 2 - 5 m/h seems to exert a good effect on the COD removal 

efficiency. Kato et al, (1997) report optimal treatment performance in EGSBs when 

applying Vup in the range of 2.5 - 5.5 m/h. In this range an adequate wastewater / 

biomass contact occurred, while the requirement for a high retention of biomass was 

also fulfilled. At Vup values lower than 2.5 m/h the COD removal efficiency decreased 

because there was a mass transport limitation of substrate migrating into the granules. 

At values of Vup higher than 2.5 m/h the biofilm diffusion limitation was lower with 

faster replenishment of substrate than the consumption by the active biomass, while at
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values of Vup higher than 5.5 m/h problems with high levels of hydraulically assisted 

sludge washout occurred. This washout can be controlled by limiting the Vup to less 

than 5.5 m/h. Jeison and Chamy (1999) show that biomass activity in an EGSB reaches 

its peak at a superficial velocity of approximately 6 m/h, while Dr S. Pannell (UK Sales 

Manager, Biothane Systems Ltd.) states that for EGSB reactors treating sucrose wastes 

superficial liquid velocities greater than 6 m/h are never employed, as above this value 

problems with biomass washout and floating have been observed. The EGSB reactor 

used in this work was operated at an upflow velocity of approximately 4.8 m/h.

It is possible to estimate turbulence levels in anaerobic digesters using Reynolds 

numbers (Re). The Reynolds number provides an indication of the ratio of inertia 

forces in the flow where p is the fluid density, [1 is the dynamic viscosity, V is the 

velocity, D is the pipe diameter, and all quantities are measured in consistent units 

(Baker, 1996).

Re = pVD

abbreviation name unit

Re = Reynolds number dimensionless number

p = fluid density kg/m

V = velocity of fluid m/s

D - pipe diameter m

H = dynamic viscosity of fluid Pa.s

Hence the higher the Reynolds number the greater the tendency for turbulence. For Re 

less than 2000 the flow is considered to be laminar and all the fluid travels in a 

direction parallel to the pipe axis (neglecting Brownian motion).

Even in reactor types considered to be 'completely mixed' Reynolds number 

calculations would be average values for the whole reactor at a given time, and possibly 

unrepresentative of individual locations within the reactor body (Pannell, personal 

communication, 2003). In anaerobic reactors the so-called 'liquid phase' actually
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consists of a three-phase medium, consisting of solids, liquid and gases. As such the 
liquid phase is likely to be non-Newtonian, to an unknown and varying extent. The 
density, spacing, distribution and location within the reactor of solids, the fluid density 
and dynamic viscosity of the reactor liquid and the volume and flow patterns of the gas 
produced will vary across the reactor, and change over time. Channelling, 
agglomeration or washout of the biomass, should it occur, would further affect these 
measurements, as would any change (however minor) in OLR, hydraulic load changes, 
or any change in environmental conditions such as temperature. It is primarily for these 
reasons that Reynolds numbers and other such measures of turbulence are generally not 
deemed necessary from an industrial point of view, and not used aside from the design 
stage of the influent distribution systems (Pannell, personal communication, 2003; 
Tielbaard, personal communication, 2003). Superficial liquid velocity and superficial 
gas velocity are the parameters used to ensure efficient mixing (Pannell, personal 
communication, 2003; Tielbaard, personal communication, 2003). hi industrial 
systems proper mixing is guaranteed by monitoring (using on-line flow meters) flow 
rates of influent through each inlet leg, and thus monitoring the superficial liquid 
velocity. Superficial gas velocity is also monitored by back-calculation from the gas 
production data and should not exceed 7 m/h in EGSB systems (Pannell, personal 
communication, 2003).

2.3.4 COD removal in high rate anaerobic reactors

Typically UASBs are operated without a discharge of biomass in the effluent 
(Kleerebezem, 2003). The effluent soluble COD of anaerobic digesters consists of non- 
converted substrate, degradation intermediates (eg VFAs), and soluble microbial 
products (SMPs). It has been demonstrated that under normal operating conditions 
SMPs represent the bulk fraction of effluent soluble COD material, probably due to the 
high sludge retention times employed (Kleerebezem, 2003). Suspended solids, if 
present in the effluent, will lower the effluent quality and increase total COD.

Despite the average COD removal efficiency for UASB and EGSB reactors in industry 
being 70 - 90 % (Frankin, 2001), effluent COD concentrations are normally too high to 
meet the discharge standards. Consequently some form of post-treatment is required to 

enable discharge to surface waters.
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In general, a treatment performance of about 80 % COD removal in anaerobic digestion 

treating wastewaters containing readily biodegradable substrates is considered an 

acceptable value (Kleerebezem, 2003), although treatment efficiencies in the high 

nineties are often reported (Wolmarans and de Villiers, 2002; Punal et al., 2001; 

Nachaiyasit and Stuckey, 1997a).

2.4 The sugar industry

The sugar industry processes sugar cane and sugar beet to manufacture edible sugar. 

More than 60 % of the world's sugar production is from sugar cane, the balance is from 

sugar beet. Sugar is produced in 121 countries worldwide and global production 

exceeds 120 million tonnes per year (Sugar Knowledge International website, 

<www.sucrose.com/learn.htm>, [accessed 27th January 2003]). The world's three 

biggest sugar producers are India, Brazil and the European Union. The European sugar 

industry is based on the sugar beet, with over 16 million tonnes of white sugar 

produced from beet every year, compared to around 1.7 million tonnes from imported 

raw sugar cane (CEFS website, <www.ib/cefs/sugarindustry.htm>, [accessed 13th 

January 2003]).

The EU sugar beet crop for 2002 / 2003 is expected to reach 17 million tonnes (from an 

approximate cultivation area of 1847 million hectares on around 335 000 farms). It is 

estimated that the European sugar industry involves around 1 million people, with beet 

cultivation and processing plants located in each member state, except Luxembourg 

(CEFS website, <www.ib/cefs/sugarindustry.htm>, [accessed 13th January 2003]). It is 

therefore a vital contributor to the European Agriculture Model, which is based on the 

protection of the environment, the diversification of rural areas and the maintenance of 

the high quality of food and feed. In Europe the sugar industry assumes greater 

economic and social importance since the majority of the employment it provides is in 

rural areas.

Sugar beet processing involves the washing and slicing of the beet, with the slices then 

drawn into a slowly rotating diffuser where a counter-current flow of water is used to
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remove sugar from the beet slices. Approximately 15 cubic meters of water and 28 
kilowatt-hours (kWh) of energy are consumed per metric tonne of beet processed. 
Sugar cane processing is slightly different and is reviewed in Ramjeawon (2000).

Sugar manufacturing effluents typically have a biochemical oxygen demand (BOD) of 
1700 - 6600 mg/1 in cane processing plants, and 4000 - 7000 mg/1 from beet 
processing; chemical oxygen demand (COD) of 2300 - 8000 mg/1 from cane 
processing and up to 10000 mg/1 for beet processing effluents. As explained in Section 
2.4.2 these values are approximate and the organic strength and volume of the waste 
stream can fluctuate greatly. Aside from this, raw effluents can vary considerably in 
suspended solids content (up to 5000 mg/1), ammonium content and temperature (29 - 
38 °C) (Waste Research Management and Training Centre website, 
<www.jawmanins.com/sugar.htm>, [accessed 27th November 2002]). Traces of toxins 
such as pesticides (sprayed on crops) and oil / grease (from washing of machinery) can 
also be present.

Target volumes for pollution loads (within the EU) are 0.3 - 0.6 m3 of wastewater per 
tonne of beet processed, with current guideline limits of 0.75 m3 per tonne of beet 
processed. These reductions in pollutant volume can be achieved through efficient 
water re-circulation and re-use (particularly important in warmer climates where water 
is scarce) and improvements in production efficiency. Sugar manufacturing is a highly 
seasonal industry, with season lengths of about 6-18 weeks for beets and 20-32 

weeks for cane.

The EU sugar industry's stated key objectives in respect of the environment are to 
ensure a prudent use of natural resources, an effective protection of the environment 
during the entire production process and the production of valuable by-products in 
order to minimise waste (CEFS website, <www.ib/cefs/sugarindustry.htm>, [accessed 

13th January 2003]).

2.4.1 Treatment of sucrose based wastewaters

In principle sugar industry effluents should be easily treated. Sugar mill wastewater 
contains mainly a mixture of simple carbohydrates like glucose, fructose and sucrose.
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In practice there are a number of difficulties despite the fundamentally biodegradable 
constituents. The main problems are the high strength and fluctuations that occur in the 
type and quantity of wastes to be treated (see Section 2.4.2).

In the sugar industry, as with any other industry, the main goals for the design of waste 
water treatment plants are high efficiency, high operational reliability and minimal 
costs. Options for waste water treatment in the sugar industry include trickling filters, 
anaerobic lagoons, activated sludge aerobic systems and UASB reactors. Each system 
has advantages and disadvantages: with trickling filters fluctuations in effluent strength 
or temperature lead to process failure and therefore cannot be an adopted as a feasible 
waste water treatment option, anaerobic lagoons are cheap to set up, simple to run, but 
require a very large area, activated sludge aerobic systems provide the best treatment, 
but are prohibitively expensive to set up, have large running costs due to the need for 
constant aeration and also require a large area. A high rate anaerobic system followed 
by an activated sludge process to 'polish' the effluent is the BATNEEC (best available 
technology not entailing excessive costs) wastewater treatment solution for sugar 
processing factories. Anaerobic treatment is a particularly attractive option in tropical 
countries, where the climate favours anaerobic digestion.

Frankin (2001) states that the higher loaded EGSB type systems are gradually replacing 
at least some of the UASB applications. The higher loading associated with EGSB 
reactor systems carries with it a greater risk of process instability, especially given the 
irregular quantity and composition of sugar processing wastes. This unsteady effluent 
combined with the need to balance economics (with regards to quantities of chemicals 
dosed) with the safety / stability of the process further exacerbates the need for close 

control.

While it is universally accepted that sucrose based wastewaters can be successfully 
treated by anaerobic digestion, there remains a question mark over the treatment of 
these wastewaters at high OLRs. For example Speece (1996) reported the failure of 
UASB reactors fed on sucrose (OLR 16 kgCOD/mVday), due to the production of 
excess growth of non-methanogenic biomass, which washed out. This washout causes 
the activity of the methanogens to decrease considerably and the performance of the 
granules to gradually deteriorate. Also, Cohen et al., (1980) report that anaerobic
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treatment of organic wastewaters containing easily hydrolysable substrates such as 

soluble starch or sugar might be beset with problems at high loading rates. Since initial 

hydrolysis of the substrate is not a rate-limiting step in the total process (Zoetemeyer et 

al, 1982), a too rapid acidification of the substrate might easily overload the final 

stages of conversion of products into methane and carbon dioxide. This accumulation 

of intermediary products might reach concentrations sufficient to be inhibitory to the 

methane forming process. Contrary to this, Arcand et a/., (1994), found that increasing 

specific loading rates from low to high (0.5 - 1.5 gCOD/gVSS/day) significantly 

increased the proportion of acetogenic and methanogenic bacteria at the expense of 

acidogens in a UASB and filter system reactor treating a synthetic sugar wastewater at 

35 °C. In addition, Grotenhuis et al., (1991) found that the fraction of viable organisms 
also increased at high loading rates.

Sierra-Alvarez et al., (1987) initially experienced a high level of biomass washout in a 

UASB reactor fed on sucrose (up to 20 kgCOD/m3/day). Eventually, by applying 
intermittent stirring and increasing upflow velocities (in an attempt to enhance the 

selective washout) a dense granular sludge with good settling qualities developed in the 
reactor. After 150 days their sludge had a maximum specific methanogenic activity of 
0.99 gCH4-COD / gVSS.day at 30 °C which demonstrates that (eventually) on sucrose 

good quality sludge can be cultivated, although it is time consuming and often 

problematic.

2.4.2 Hydraulic and organic load variations in the sugar industry

In food processing wastewaters the fluctuations in flow can be 10 - 200 % of average 
and the strength can vary from very low in cooling waters to exceptionally high for 

accidentally lost product or raw materials (Wheatley, 1990). As such, any treatment 

technique employed needs to be able to cope with hydraulic load increases and large 

variations in feed strength.

With regards to the sugar industry in particular, Ramjeawon (2000) highlights the 

inconsistency in organic strength, volume, temperature and suspended solids content of 

sugar cane processing waste stream. This author states that the main (regular) source of 

organic pollution is the cooling waters and floor wash (70 % of the organic load, whilst
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constituting only 12 % of the volume). The most polluting discharges are actually 

generated outside of production times, at weekend washdowns and end of crop 

washdowns. At these times, various equipment is scrubbed and hosed down, creating 

large volumes of waste effluent with extremely high sugar content. Ramjeawon states 

that the average COD concentration is about 3000 mg/1 during normal running of the 

factory. During the end of week washdown (lasting 6-8 hours) highly polluting 

wastewaters with an average COD level of 10 000 mg/1 can be generated with peak 

values up to 30 000 mg/1. The volume of waste / washings generated can also vary by a 

factor of approximately 5 (Ramjeawon, personal communication, 2002). Thermal 

pollution is also introduced by the excess condensates and boiler blowdown streams, 

whilst fly-ash scrubber overflow contains a high concentration of suspended solids.

Any anaerobic digester treating sugar-cane processing wastewater would need to cope 

with continual variation in organic load, hydraulic load, temperature and suspended 

solids content added to periodic organic (and hydraulic) step overloads. Therefore if the 

waste treatment process operation is to be kept a) working efficiently, and b) working 

as economically as possible, control needs to be as close as possible.

It should be noted that high-rate anaerobic digesters (particularly EGSB systems) are 

particularly suited to dealing with hydraulic variations / overloads. The in-built 

flexibility of EGSB systems given by the efficient mixing means that the hydraulic 

retention time (HRT) value is not as important in EGSB systems as it is in other 

anaerobic reactor systems. HRT is usually a measure of how long an effluent has in 

contact with the biomass, and how long it takes to pass through the reactor after 

entering it. Because EGSB reactors employ a recycle system, where liquid from the top 

of the reactor is mixed with the inflow and pumped into the system at an accelerated 

rate, the same effluent can be passed through the biomass many times. For low rate 

anaerobic reactors HRT is much more important, as limited mixing means that a longer 

time is taken for a given effluent to pass from the point of inflow to the point of exit.
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2.5 Start-up

Start up remains the most important yet poorly understood phase of anaerobic 
digestion. The complexity and the diversity of the phenomena occurring during the 
establishment of an anaerobic consortium have delayed the understanding and 
consequently the proper efficient control of this phase, yet it determines the 
performances and the stability of the reactor (Michaud et al., 2002).

As the start-up phase in anaerobic digestion reactors remains an uncertain period, 
special efforts are made to ensure stability. Maintaining control is essential and is 
usually carried out manually at the expense of human effort and start-up time. The rate 
of reactor start-up is markedly dependant on the properties of the microbial seed 
biomass. Particularly important is their activity, settling ability, adaptability and 
suitability to the respective wastewater. Therefore selection of a proper inoculum 
source is important to obtain rapid reactor start-up and minimise the time required to 
reach steady state operation. It is obviously preferable to select a bacterial sludge that 
is already adapted to the wastewater to be treated. If this is not possible, then the 
reactor can be seeded with a mixture of various inocula in order to get a rich and active 
microbial community (Hickey et al., 1991). During the start-up period, Stephenson and 
Lester (1986) suggest that a minimum sludge volume of 10 % (v/v) should be used to 
obtain good results. It is possible, however, provided the seed does not contain toxic or 
inhibitory compounds, to use a larger volume of inoculum (up to 50 % v/v) to 
accelerate start-up (Salkinoja-Salonen et al, 1983). Even under these circumstances, 

start-up may last for several months (Hickey et al., 1991).

There are many other factors influencing start-up, such as wastewater composition and 
strength, environmental parameters such as temperature, pH, nutrient and trace element 
content, operational parameters such as loading rate, retention time, efficiency and 

extent of mixing and on reactor configuration, geometry and size (Weiland and Rozzi, 

1991).

During start up every kind of fluctuation (temperature, pH, recycle ratio, HRT) should 

be avoided (Salkinoja-Salonen et al., 1983; Wieland and Rozzi, 1991). When gas
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development and percentage COD removal are steady, loading can be increased, but the 
gas should be constantly monitored for methane, and the effluent for pH drop and loss 
of COD treatment. If disturbances are observed, the increase of loading should be 
stopped (Salkinoja-Salonen et al., 1983).

In industry (particularly the European sugar beet industry), the majority of start-ups are 
re-start ups, after a seasonal period of non-operation. In these cases start-up remains 
equally important, but can prove faster and less risky (with regards to washout and 
process failure) due to the fact that the bacteria are accustomed to the exact type and 
volume of waste to be treated. Speece (1996) states that although start-up after a long 
downtime is easy for most reactor types, expanded and fluidised bed reactors have 
given some difficulties due to excessive biomass loss during re-fluidisation. Lettinga 
(1996) on the other hand reports that start up of EGSB systems is shown to be rapid, 
sometimes within a few days if there is a suitable granular seed sludge.

These re-starts after long periods of inactivity are possible because the rate of 
endogenous decay of the anaerobic consortium drops markedly under starvation 
conditions, which results in the biomass inoculum transforming into a type of 
hibernation mode that preserves its viability (Speece, 1996).

In industry, reactor start-up is economically a very important process step, as during 
this period the productivity of the wastewater supplier must be adapted to the capacity 
of the wastewater treatment plant (or the wastewater tankered off-site for treatment - 
often at considerable expense). This ultimately leads to a reduction in production 
capacity. Thus the reduction of the duration of start-up and the improvement of process 
control are important factors in order to increase the competitiveness of anaerobic high 
rate reactor systems. Automatic control of the anaerobic digestion process with on-line 
monitoring of bicarbonate alkalinity (BA) should speed up the start-up procedure and 
make it a less labour intensive and uncertain phase of operation. Investigation of 
procedures that might lead to this speed-up was one of the primary aims of the start-up 
experiments reported in this work. The importance of an efficient start-up is paramount 

for campaign or seasonal industries such as sugar beet processing, as it is necessary to 
start-up the reactor every year, after a long period of granule inactivity. More

50



information on the start-up phase of anaerobic digesters is available in Weiland and 

Rozzi (1991) and Hickey et al, (1991).

Some examples of start-ups of high rate anaerobic digesters are briefly described 

below. Iza et al., (1988) found the start-up of a fluidised bed reactor treating 

wastewater from a distillery took four months to reach a steady OLR of 8 

kgCOD/nVVday, while Michaud et al., (2002) report start-up times of between 2 and 9 

months for anaerobic filter reactors. Punal et al., (2001) took 33 days to reach a steady 

state of 8 kgCOD/m3/day, and 40 days to reach 9-12 kgCOD/nrVday on a UASB 

reactor treating a synthetic wastewater based on an acetic / propionic / n-butyric acids 

mixture. Balaguer et al., (1992) report a UASB reactor treating potato starch 

wastewater took 100 days to reach an OLR of 3.6 kgCOD/m3/day. Wolmarans and de 

Villiers (2002) focus on the seasonal start-up conditions for a UASB reactor treating 

campaign distillery wastewater. The re-start-up period was typically one week before 

process stability could be achieved. They recommend that the loading rate to the plant 

be controlled between 4 and 8 kgCOD/m3/day until the process is stable and COD 

removal efficiencies remain (on average) higher than 90 %. After the start-up period 

the loading rate applied (4 to 18 kgCOD/m3/day) did not significantly affect the COD 

removal efficiency of the plant.

To date, there is very little information available in the literature concerning the start-up 

of EGSB reactors. One example, however, that perhaps best illustrates the importance 

of a suitable granular sludge to start-up of EGSB reactors is that of Zuo et al, (2001) 

who started up two bench scale EGSB reactors, one with flocculant sludge which took 

78 days of operation as a UASB to develop suitable sludge for use in an EGSB, and the 

other with granulated sludge that successfully started up (EGSB operation) in 33 days. 

As mentioned in Section 2.4.1, Sierra-Alvarez et al., (1987) took 150 days to reach a 

steady loading rate of 20 kgCOD/m3/day with a UASB reactor treating sucrose 

wastewater. They experienced severe biomass retention problems.
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2.6 Control strategies in anaerobic digestion

The demands for wastewater treatment plants to cope with variable industrial wastes 

and to meet higher environmental quality standards with greater consistency, whilst 
reducing treatment costs has made better control of the treatment process essential. 

This has triggered the development of various control techniques, (both manual and 

automatic), for use on waste water treatment plants, the goal being to maintain efficient 
operation as economically as possible. In practice, the anaerobic digestion process is 
seldom in steady state. Appropriate methods are needed to ensure that the reactor 
variables and environmental conditions remain within suitable limits. Failing this, the 
reactor must be designed to operate within the worst case conditions, to ensure the 
survival of the bacterial populations.

Improvement has been sought through on-line monitoring of key parameters such as pH 
(Rozzi, 1984), methane production rate (Pullammanappallil et al, 1998), gaseous 

hydrogen concentration (Dochain et al., 1991), dissolved hydrogen concentration 
(Cord-Ruwisch et al., 1997), inorganic carbon analysis (Rozzi and Brunetti, 1980), 
bicarbonate alkalinity (Rozzi et al, 1985; Hawkes et al., 1995; Wilcox et al., 1995) and 
others, allied to strategies aimed at controlling the environmental and metabolic 

conditions of anaerobic bacteria.

2.6.1 Modelling

As with any other process / system, the understanding of anaerobic digestion can be 

greatly enhanced if a model can be deduced and verified. A number of dynamic, 
structured mathematical models have been described for anaerobic digestion (Andrews, 

1969; Costello et al., 1991; Jones et al., 1992; Vavilin et al., 1994) based on Michaelis- 
Menten and Haldane kinetics. Such models may require information, such as bacterial 

kinetic parameters, substrate and product bacterial concentrations (which are not easy 

to determine), for use in mass balance equations. Bastin and Dochain (1990) carried 
out a thorough study of parameter estimation in this field, which has been central to 

numerous control studies. It must be remembered that models are always an 

approximation of real world systems and as such can only be judged on their fitness for
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purpose. When used in control, the model is not necessarily used to achieve a deeper 
understanding of the underlying process (though this is normally beneficial). There are 
significant benefits derived from the use of the simplest model, which is able to 
represent the system to an arbitrary accuracy specified by the designer. Although no 
substitute for actual physically testing the control strategies on a real system, such 
models can successfully be used to assess the initial viability of different control 
strategies. As such, these models can be extremely beneficial, as testing control 
strategies in anaerobic digestion is a time consuming, labour intensive and often 
problematic task (for example, see problems encountered by Steyer et al, 2002b). One 
drawback of model based controllers is that the worse the model, the worse the 
controller performance will be.

Since the commencement of this work the IWA Anaerobic Digestion Modelling Task 
Group (established in 1997 at the 8 th World Congress on Anaerobic Digestion, Sendai, 
Japan) have developed a generalised anaerobic digestion model. This model is known 
as ADM1 and is described in Batstone et al., (2002).

2.6.2 Simple control strategies

The most common form of feedback controller is the Proportional Integral Derivative 
(PID) device. This is based on three actions (proportional, integral, and differential) 
combined to give a correcting signal that is proportional to the error between the 
controlled variable and a desired setpoint and to the integral of this error and to its time 
derivative. PID controllers do not require a model of the process being controlled, 
instead relying on empirical rules (Fell, 1999). Weiland and Rozzi (1991) report that 
PID controllers can be unreliable if they operate far from a setpoint and therefore 
should not be used for biological systems subject to strong perturbations. PID 
controllers are of limited use in anaerobic digestion as PID is a linear technique, and as 

such can not consider the non-linear nature of anaerobic digestion.

2.6.3 Adaptive control strategies

Adaptive control models work on similar principles to a moving average. The variance 
allowed in the average (the fluctuations allowed before control action is implemented)
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is determined using previous data. In this way the model is able to differentiate 
between background variability and significant disturbances likely to damage system 
performance (Fell, 1999). Model Reference Adaptive Control (MRAC) (as was used in 
this work, (Premier, 2003)) compares a desired system behaviour (which is represented 
by a mathematical input / output model) with the actual behaviour of the system to 
generate an 'error' (or deviation between the two) and uses an adaption mechanism to 
act upon the 'error' to change the control of the process. If the process changes with 
time then the adaption mechanism will correct the control, as an error between desired 
and actual behaviour will become apparent.

2.7 Control actions

When controlling an anaerobic digestion process by whatever control strategy based on 
whatever process parameter, in shock (or changing) conditions an operator has three 
main choices of input variable. These are:

1 Variation of the influent flow rate.
2 Addition of chemical compounds, e.g. alkali or bicarbonate.
3 The removal (or diversion away from the reactor) of inhibitory or overloading 

factors.

Option 1, (the option implemented in Experiments 1 - 5), is a relatively simple concept. 
If, according to the controller used, the digestion process is going well, then the rate of 
feeding is increased. If on the other hand the process shows signs of faltering, the feed 
rate can be suitably slowed or even stopped until a successful recovery is made. This is 
obviously only an option if a suitable storage / buffer tank is available, and then only 
until it is full. A decrease in hydraulic retention time in a continuous anaerobic digester 
(caused by increasing the volume of influent of the same composition) will have the 
following effects: It will increase the substrate load (in this case sucrose). This 
substrate is rapidly (relative to other bio-reactions in the digester) converted to 
intermediates such as volatile fatty acids, hydrogen and carbon dioxide. An increase in 

the concentration of these intermediates will result in a higher methanogen growth rate 
accompanied by a higher methane production rate, as long as these intermediaries are
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not present at inhibitory levels. Intermediaries that are inhibitory at high concentrations 

are volatile fatty acids, primarily propionic and butyric acids (Andrews and Graef, 

1971), or hydrogen according to Pullammanappallil et al., (1998).

The most common form of chemical input variable (option 2) is the addition of alkali to 

restore the bicarbonate alkalinity, which has been destroyed by the increased VFA 

concentration. Calcium hydroxide has traditionally been used to restore the buffering 

capacity in anaerobic digesters. However, calcium hydroxide addition can cause 

undesirable side effects, namely precipitation of CaCOj and vacuum pressures in the 

headspace. Calcium hydroxide can not directly increase the bicarbonate concentration 

without first reacting with dissolved carbon dioxide according to the equation.

[Ca2+ + 2OH'] + 2CO2 => [Ca2+ + 2HCO3'] Equation 4.

The removal of the dissolved carbon dioxide from the system has to be replenished by 

the carbon dioxide in the gaseous phase to re-establish the equilibrium, resulting in a 

vacuum. This exerts mechanical stress on the reactor structure. In addition the 

application of lime as an input-control variable increases the probability of CaCOs 

saturation. If the CaCO3 concentration exceeds 500 mgCaCOsl"1 , or if more than 370
" 1 as Ca(OH)2 is added, precipitation will occur which can cause blocking. 

Therefore it is better to add sodium bicarbonate, which will restore the buffering 

capacity of the digester directly without creating a vacuum or precipitation. As sodium 

bicarbonate is more expensive than the alternative options, the need for an efficient 

control system that can utilise it to maximum economic effect is underlined.

If it is expected that the waste stream will contain (either always or periodically) 

substances inhibitory to anaerobic digestion then a pre-treatment of the inflow could be 

carried out (economics permitting). If it is possible to identify when an inhibitor is 

arriving, it is possible to divert the waste to a holding tank for alternative disposal, or 

dilution to levels that are non-inhibitory. If however the inhibitor arrives at the 

anaerobic treatment plant unexpectedly and previously un-detected, then once again 

close monitoring and control can be crucial in efficiently dealing with the problem.
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2.8 On-line control of anaerobic digestion to date

As described in Sections 2.9.1 to 2.9.8 a great many attempts have been made to 

develop robust devices / sensors or monitors to provide sufficiently reliable data on 
which industrial anaerobic digester systems could be controlled, at a cost not 

prohibitive and a level of simplicity that would not necessitate highly trained staff. 

Similarly, a great many control strategies have been developed to work in parallel with 
these devices to control anaerobic digester operation. (There have been several 
hundred papers published concerning the control of anaerobic digestion).

As such an industrially implementable automatic control of anaerobic digestion using 

an on-line sensor or device has been sought from a variety of angles, some efforts being 
highly process-specific (e.g. Steyer et al., 1997) - distillery wastewaters) and some 
(Premier, 2003) with the aim of transferability between different anaerobic digester 
types treating different wastes.

Many different approaches to control have been developed and tested, using many 
parameters (or combinations of parameters). Applications of on-line control are 
reported in the literature with varying degrees of success by Dochain et al., (1991); 
Moletta et al., (1994); Feitkenhauer et al, (2002); Murnleitner et al, (2002); Wilcox et 

al, (1995); Premier et al, (1997); Guwy et al, (1997); Rozzi et al, (1994); 
Pullammanappallil et al, (1998); Muller et al, (1997); Steyer et al, (1999); Steyer et 

al, (2002a). This list is not exhaustive.

2.9 Performance indicators for control

In 1974 Graef and Andrews reported that there was a persistent lack of agreement over 
what variables or combinations of variables provide the best warning of pending 
digester instability. This lack of agreement is still apparent. It is one of the aims of this 
work (as it was of Graef and Andrews in 1974) to identify those digester variables 
which provide the best warning of instability, or pending digester failure, and thus on 
which variable a successful control system could be based. The work reported here 
evaluates data collected by Lab VIEW™ from the start-up periods of a lab-scale EGSB
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reactor using two different control actions, and subsequently the same reactor subjected 
to a hydraulic retention time change and several organic loading rate step changes. 
Possible variables that could be used are pH, bicarbonate alkalinity, total volatile fatty 
acid concentration, propionic acid concentration, carbon dioxide concentration, carbon 
monoxide concentration, methane production rate, and dissolved or gaseous hydrogen 
concentration. It is obviously possible to use any combination of these parameters for 
control purposes as clearly the more parameters that are taken into account, the clearer 
the exact microbial situation will be. For example Murnleitner et al., (2002) 
successfully controlled a fixed bed reactor using gaseous hydrogen concentration, 
methane concentration, gas production rate, pH and the filling level of the acidification 
buffer tank as input variables for a fuzzy logic control system. The major drawback 
presently limiting industrial application of control systems based on many parameters is 
the complication and expense involved.

An important differentiation must be made between process variables that can be used 
as 'stability indicators' (that could be used for early warning of unstable reactor 
conditions) and 'control variables' (which can be monitored for maintenance and 
restoration of stability). Rozzi et al., (1985) reported that the difference in the two 
types of variable is often understated. The same authors state that a good process 
variable (for both applications) should be intrinsically linked to the environment and 
behaviour of the anaerobic bacteria. They conclude that the variable should ideally be 
in the liquid phase, as the conditions in the liquid reflect the microbial environment 
where the important reactions in anaerobic digestion occur.

An ideal control system should monitor continuously a parameter which is sensitive to 
disturbances. For anaerobic digesters, on-line monitoring of pH (Kennedy and Muzar, 
1984), buffering capacity (Powell and Archer, 1989; Guwy et al, 1997), gas production 
and composition (Collins and Paskins, 1987; Hickey and Switzenbaum, 1991; 
Pullammanappallil et al, 1998) and fluorescence (Peck and Chynoweth, 1992) have 

been suggested.
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2.9.1 pH

As documented in Section 2.2.2 anaerobic digesters have been reported to work at 
extreme pH ranges, but the general consensus from the literature is that the optimum 
range for efficient operation is roughly 6.5 - 8. A pH drop beneath 6.0 is intrinsically 
linked to VFA build-up and depletion of bicarbonate alkalinity, with the digestion of 
VFAs passing into a severe upset when the pH drops below 6.0 (Lettinga, 1995).

Control of digester stability using pH as a control variable was shown to be effective by 
simulated studies carried out by Rozzi (1984) and later on a laboratory scale digester 
(Denac et al, 1990). Denac et al, (1988) used alkali consumption to keep the pH of a 
fluidised bed reactor above 7. They conclude that alkali consumption is the most 
satisfactory indicator of reactor performance, the reason being that other liquid phase 
variables were complicated or expensive to analyse on-line and gas parameters were 
slower in response due to reactor headspace. Disadvantages of alkali addition based on 
pH values are that high concentrations of organic acids have an inhibitory effect on 
their own degradation, even if the pH is controlled at 7. Another disadvantage noted by 
Denac et al, (1988) was that the consumption of neutralising alkali increases if the pH 
is controlled, which can represent a very significant cost factor in large systems. Also, 
maintaining pH at 7 when all other conditions are favourable (high buffering, low VFA 
etc.) could be wasteful with regards to the quantity of alkali dosed.

Despite these successes there is still a considerable difference of opinion as to the 
efficiency of pH as a parameter for effective control. Ross and Louw (1987) state that 
although pH is probably the principal parameter governing the stability of the process, 
it is not a sensitive indicator since by the time the pH falls the bicarbonate alkalinity has 
already declined. Weiland and Rozzi (1990) reported that for a given increase in VFA 
concentration, the pH change is not constant. Also, at high bicarbonate concentrations 

the pH change in response to instability will be small, as shown by Brovko et al, 

(1977).
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Other disadvantages of using pH for control are:

1). It is a logarithmic function.

2). pH probes, when used in anaerobic digesters, have historically been subject to 
drifting and fouling (Monzambe et al., 1988).

3). It does not provide adequate warning of incipient malfunction. A low pH value 
only shows that an upset has already occurred.

2.9.2 Volatile fatty acids (VFA)

In principle, measurement of individual VFA species concentration can be regarded as 
potentially the best process control parameter as it indicates the specific methanogenic 
and obligate hydrogen producing acetogenic bacteria activities, the most sensitive 
bacterial groups in the anaerobic system. Total VFA (TVFA) concentration is also a 
very useful process indicator for control, although the activities of individual bacterial 
groups cannot be discerned. It has long been established that VFA levels increase in 
anaerobic digesters under stress (Graef and Andrews, 1974, Hill and Barth, 1977). In a 
well-balanced efficient AD process VFAs should not accumulate. If the system is 
sufficiently stressed however, VFA accumulation will occur due to methanogenic 
bacteria inhibition. As far as control is concerned, any sudden changes in the steady 
state TVFA level are much more important than the level itself. The higher the TVFA 
level the more buffering is required.

There are several off-line methods of estimating VFA concentration by titration 
including those described by Anderson and Yang (1992) and Moosbrugger et al., 

(1993) who used a 5-point titration and report reliable VFA determination. De Haas 
and Adam (1995) compare the Moosbrugger et al, (1993) 5-point titration method with 
a colorimetric and an HPLC method of VFA determination. They reported a reliable 
correlation, however, from statistical analysis they found that the titrimetric method 
over-predicted the VFA content (for anaerobic digesters under stress) by approximately 
15 %. The titration method described was cheap and simple to operate, but was found 
to have problems towards the lower detection limits, and required scrupulous attention 

with regards to pH probe maintenance and calibration. This titrator was only found to 
be useful to analyse samples in which the total carbonate to total acetate species ratio is
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< 2 : 1. Powell and Archer (1989) presented an on-line VFA measurement method that 

required boiling and nitrogen sparging samples before analysis using a back-titration 

method. This method also required an expansive set of computer-controlled equipment. 

Lahav et al., (2002) present an on-site VFA titrator involving 8 pH observations and a 

built in quality control mechanism (which allows the user a means of assessing the 

reliability of the experimental procedure). Measurements take only 15 minutes, and 

high levels of accuracy are quoted (2 % for VFAs, 6.7 % standard deviation), but the 

process is not automatic, and not on-line. The accuracy of the VFA measurement was 

also found to be subject to hydrogen sulphide loss during titration when sulphide 

concentration in the effluent was high.

More recently, there have been considerable advances in the quest to reliably and 

economically measure VFAs on-line. Feitkenhauer et al., (2002) automated the 

Anderson and Yang (1992) two-point titration method. They chose the Anderson and 

Yang (1992) method because aside from being simple and reportedly reliable it could 

be implemented with relatively low investment costs and maintained without highly 

qualified personnel. Another advantage of Anderson and Yang's titration method was 

it could handle high throughputs of unfiltered samples, theoretically enabling it to be 

used for any kind of wastewater. Feitkenhauer et al., (2002) used data from this on-line 

titrator to successfully control the HRT in an acidic phase reactor. An R2 value of 

0.978 was reported between VFA auto-titrator and GC, in addition the titrator works on 

any type of wastewater, does not require sample filtration, and is not affected by salt 

concentration. It is necessary, however, to recalibrate the pH probe at least twice per 

week. Analysis can be performed every 30 minutes. The usefulness of their VFA 

titrator could be greatly reduced if there is a high carbonate value in the reactor 

(resulting in increased buffering capacity) as it becomes difficult to estimate the VFA 

concentration from pH measurements. A method simply based on pH values of the 

reactor may yield incorrect results under these conditions.

Find et al, (2002) have developed a technique that claims to make it possible to 

monitor VFAs on-line. A novel in-situ filtration technique has made it possible to 

perform microfiltration inside the reactor system, enabling sampling from closed 

reactor systems without large scale pumping and filtering. The technique responded 

well when tested in biogas reactors treating cattle slurry containing up to 106 gTS/1.
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They have combined this filtration system with commercially available membrane 

filters to construct a VFA sensor system that can operate automatically (as often as 

every 15 minutes). The sensor was tested for a 60 day period on both a full scale 

biogas plant and lab-scale reactors and was found to measure individual VFAs 

accurately in the range 6 - 3000 mg. No information on the cost of this recently 

developed VFA measurement system was available, and Find et al, (2002) included no 

information on the (ease of) calibration of the instrument.

Steyer et al., (2002a) describe the successful use of a Fourier Transform Infra Red (FT- 

IR) spectrometer as an on-line sensor to measure VFA (as well as COD, TOC, and 

partial and total alkalinity) in anaerobic digestion processes treating industrial 

wastewaters. Once commissioned and calibrated, this system of measurement is 

reported to be accurate, reliable and extremely low maintenance. One drawback of 

VFA measurement by FT-IR is that it is still necessary to transport the sample to the 

spectrometer, and effluent samples must be passed through an 'ultrafiltration loop' 

prior to analysis. Another drawback is the 'heavy calibration procedure' (Steyer et al., 

2002b), which would preclude its use in industry.

During the overloading of an anaerobic system, the slow growth rates of the 

methanogens compared to the acidogenic bacteria cause a temporary surge in hydrogen 

concentration and the production of propionic acid instead of acetic acid. In 1983, a 

mathematical model developed by Mosey proposed that as a result of overloading, the 

rise in hydrogen partial pressure would result in a larger increase in propionic acid than 

in acetic acid. In 1993, Marchaim and Krause reported experiments to examine the 

ratio of propionic to acetic acids as a viable indicator for upsets caused by organic 

overloading. They observed that during the process of overload, the ratio of propionic 

to acetic acid increased immediately, indicating an overload effect prior to changes 

being observed in the other parameters examined. The literature reviewed viewed 

propionic acid to acetic acid ratio (and individual VFA concentration in general) to be 

very good parameters to monitor for early indications of instability, and a promising 

basis for a control strategy, however, as mentioned in Section 2.2.4.1, Voolapalli and 

Stuckey (1998) and Strong and Cord-Ruwisch (1995) argue against the use of propionic 

: acetic acid ratios for control purposes. In any case, at present the lack of a reliable 

economic on-line device for monitoring VFAs means that all analysis must be carried
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out off-line. (Further testing on the promising methods described in Feitkenhauer et al, 

(2002) and Find el al., (2002) are required, and to the knowledge of the author, neither 
is yet available commercially). Therefore continuous monitoring of VFA levels could 
prove very labour intensive. There could also be a time delay between the sample 
being taken, and its analysis, during which reactor conditions could change.

2.9.3 Gas production

Punal et al, (2001) used the biogas production rate in conjunction with off-line COD 
measurements to start-up a UASB reactor (8 kgCOD/m3/day with 90 % COD removal 
was reached in 33 days). Although changes in gas production (and content) are 
immediately apparent when shock loads are applied, gas production is not generally 
considered as a good control or instability variable as changes are a result of rather than 
the cause of instability (Hickey et al, 1991). It is important to realise, however, that a 
changing gas production may not necessarily equate to reactor instability, and without 
information on the methane / carbon dioxide composition, the bicarbonate 
concentration and the organic load entering the reactor it is difficult to state whether 
digester performance has changed.

2.9.4 Biogas composition

The composition of the biogas is possibly a more useful indication of the anaerobic 
digester status than the biogas production rate, as it reveals more information about the 
methanogenic activity. As the methanogenic bacterial population is usually the first 
group of bacteria to be inhibited, one of the first signs of potential digester failure is a 
decrease in the methane production rate. Kidby and Nedwell (1991) observed that at 
the onset of digester failure a marked decrease in the volume and methane content of 
the biogas was accompanied by an increase in VFA production and a concomitant 
decrease in pH. Pullammanappallil et al, (1998) introduce an expert control system for 
anaerobic digesters treating a glucose medium. They use dilution rate as the control 
action and methane production rate, measured on-line as the sole control variable. 

Their expert system showed considerable success in dealing with feed overloads, 

underloads and the presence in the feed of an inhibitory substance (phenol), with the 
primary objective being preventing process failure rather than waste treatment
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maximisation or the economics of buffer addition. The control system, however, was 

tested on a 1.7 litre anaerobic reactor. There is a lag in the gas phase parameters 

compared to what is actually happening in the phase where the biochemical 

conversions are taking place, i.e. the liquid phase. Reactor scale (and in particular 

headspace size) could be an important factor in the success of control system. This 

control system shows promise and needs to be tested on a larger reactor system. As 

Hickey et al., (1991) state, although the methane production rate is directly related to 

the activity of the methanogens, significant changes in the methane percentage are a 

consequence of inhibition and occur only after the imbalances to the anaerobic system 

are well developed. Also, unless the strength of the inflow solution is available on-line 

(which is rarely the case), it would be difficult to ascertain whether any decrease in 

methane production rate was due to a decrease in the feed organic loading rate.

Increase in the percentage of carbon dioxide in relation to the percentage of methane 

present has long been associated with process inhibition (McCarty, 1964), however, the 

suitability of carbon dioxide as a control variable is questionable as it varies for 

physico-chemical reasons (for example the destruction of bicarbonate ions, a change of 

pH or ammonia concentration) as well as metabolic reasons (for example an increase in 

fermentative activity without methanogenic activity).

2.9.5 Carbon monoxide

Carbon monoxide is a by-product of aceticlastic methanogenesis. The concentration of 

carbon monoxide gas in the biogas gives an insight into the status of the acetate- 

catabolising population. Hickey and Switzenbaum (1991) analysed the responses of 

carbon monoxide and hydrogen in anaerobic digesters subject to organic and hydraulic 

overloads. They reported an increase in carbon monoxide in response to an increased 

acetate or organic loading. They noted that levels of carbon monoxide in anaerobic 

reactor samples are directly related to acetate concentrations and inversely related to 

methane concentration. It was concluded that the simultaneous analysis of hydrogen 

and carbon monoxide could provide information on the metabolic status of both 

aceticlastic and hydrogenotrophic methanogens. Hydrogen and carbon monoxide 

concentrations were monitored every 15 minutes by a gas chromatographic system. 

They also measured carbon dioxide and methane non-destructively by IR analysis. A
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range of carbon monoxide concentrations of between 300 - 12000 ppb were reported. 
They concluded that as carbon monoxide can be measured easily on-line it holds 
promise as a process indicator for anaerobic industrial waste treatment systems.

Again, despite Mickey and Switzenbaum's optimism, the disadvantages of measuring 
carbon monoxide for control purposes are many. Firstly, gas chromatographic systems 
can be very expensive to set-up and run. Secondly, if the finance was in place to run a 
gas chromatograph, it would be much more useful to measure methane and hydrogen. 
As mentioned previously gas phase parameters do not represent an 'up to the second' 
picture of what is happening, because of the response time added by the reactor 
headspace. Punal et al., (1999) stated 'monitoring of carbon monoxide concentration 
did not permit the prediction of destabilisation of the bioreactor'.

2.9.6 Biogas hydrogen concentration

Dissolved hydrogen gas is an important intermediate in the AD process, being formed 
during the breakdown of complex organic matter to VFAs and again during the further 
conversion of these acids to acetic acid and carbon dioxide. As such, hydrogen plays 
an important role in the kinetics and stability properties of anaerobic digestion, 
particularly in the presence of a sugar based substrate. Although rapid growth of acid 
forming bacteria (30 minutes doubling time, (Mosey and Fernandes, 1989)) on sugars 
and other fast reacting substrates is capable of causing large and rapid fluctuations in 
the hydrogen content of the biogas, with carbon dioxide in excess, lithotrophic 
methanogenic bacteria can rapidly metabolise any surplus hydrogen to methane and 
water (see Equation 5). Any hydrogen peaks in the biogas following surge loads or 

minor feed increases are likely to be brief.

CO2 + 4H2 => Cft, + 2H2O Equation 5.

Mosey and Fernandes (1989) operating a 20 day HRT laboratory digester treating 
reconstituted skimmed milk showed that a tenfold change in biogas hydrogen 
concentration (10 - 120 ppm) could occur without significant changes in bacterial 
performance. The same authors established that gaseous hydrogen concentration had
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great potential as an 'event marker' due to the brevity of its peaks, or an 'alarm 
indicator' due to its speed of response. Since then, several authors have tried to 
monitor and utilise the hydrogen concentration in the biogas as a stability indicator and 
even a basis for process control. Dochain et al., (1991) proposed a simple non-linear 
adaptive controller using hydrogen biogas concentration as a control variable. They 
found their controller to be reasonably successful and came to the conclusion that the 
use of gaseous hydrogen as a control variable appears to be very promising. Hickey 
and Switzenbaum (1991) compared the responses of hydrogen gas and carbon 
monoxide to conventional process indicators during organic and hydraulic overloads. 
They concluded that the response of hydrogen (along with carbon monoxide) holds 
promise as a process indicator for anaerobic industrial waste treatment systems. 
Moletta et al., (1994) used a laboratory scale fluidised bed reactor to test the response 
of many parameters (including gaseous hydrogen, methane, carbon dioxide, gas 
production rate, acetic acid and pH) to an organic overload. They state that hydrogen is 
a very important parameter for the control of anaerobic digestion of wine distillery 
wastewater. Kidby and Nedwell (1991) state that hydrogen accumulation in the biogas 
was not evident at the onset of digester failure. They concluded that hydrogen 
concentration in the biogas therefore could not be used as an indicator of incipient 
digester failure, at least when the digester is volumetrically overloaded. Hydrogen 
behavior shows different trends according to the nature of the inhibitor (Speece, 1996). 
Guwy et al., (1997) concluded that the biogas hydrogen content was unsuitable as a 
stand-alone control variable for anaerobic digestion, but its rapid response and ease of 
on-line measurement support its use in digester control along with other liquid phase 

parameters to be measured on-line.

Whitmore et al, (1987) have shown rapid increases in the dissolved H2 levels in 
stressed laboratory scale reactors. Similarly, Bjornsson et al, (2001) report the on-line 
monitoring of dissolved hydrogen gave valuable information about approaching process 
overload and could be a good complement to conventional monitoring of VFAs. On 
the other hand, some authors do not consider dissolved hydrogen useful, for example 
Strong and Cord-Ruwisch, (1995) used the concentration of diatomic hydrogen in the 
liquid phase of an anaerobic digester to determine the onset of digester failure induced 
by substrate overloading. They found that when the digester was gradually overloaded
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an increase in the dissolved hydrogen partial pressure was not observed until after the 
digester failed.

Although biogas hydrogen production is undoubtedly useful as a (in)stability indicator 
due to its speed of response, its use as a control parameter is questionable as it also 
signals changes which are not associated with organic overload instability, such as 
changes in feed quality (Guwy et a/., 1997) and minor toxic shocks.

2.9.7 Bicarbonate alkalinity

The measurement of pH buffering capacity for digester control was first suggested in 
the sixties, by McCarty (1964). Monitoring HCO3 " concentration allows an indirect 
evaluation of total volatile fatty acids, as every equivalent of VFA which builds up 
during an overload will destroy (and replace) one equivalent of bicarbonate, according 
to Equation 6. Therefore VFA trends can be observed from BA data (Weiland and 
Rozzi, 1991).

H2CO3 <^> H+ + HCO3 <^> H2O + CO2 Equation 6.

After a shock, deterioration in process stability can be rapid, as the acetate consuming 
methanogenic bacteria can be inhibited by the increase in VFA concentration, while the 
other bacterial groups (initially) remain unaffected and continue to produce the VFAs. 
Therefore provided the process is well buffered, and the disturbance not too severe, 
excess VFAs will be neutralised, the pH kept within the methanogenic activity range 
and stability of the process maintained. In industrial situations overloading occurs 
frequently and unexpectedly; it is therefore essential to keep the anaerobic process well 

buffered to avoid potentially expensive treatment process downtime.

As the implementation and testing of control strategies on anaerobic digesters is a 

difficult and labour intensive task much of the initial work towards using bicarbonate 
alkalinity as a control variable was carried out using model simulations. For example, 

work by Rozzi (1980) and Rozzi et al, (1985) laid the foundation for further work such 

as Dochain et al, (1988) whose simulation proved that their adaptive control strategy 
maintained stable operation after a toxic shock that would otherwise have destabilised
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the digestion process. The simulated experiments of van Breusegem et al, (1990) also 
show that bicarbonate regulation with BA addition as a control input can maintain VFA 
levels within admissible bounds. Further progress regarding the application of these 
control strategies was at this time limited due to the lack of a suitable instrument.

In the early 1990s several research groups developed reasonably successful BA titration 
systems (Anderson and Yang, 1992; Moosbrugger et al, 1993). The titration method 
described by Moosbrugger et al, (1993) was used by De Haas and Adam (1995), and 
gave 'very useful results' which were used to help control the start-up of two full-scale 
anaerobic digesters. They found however, as with all titration-based techniques, that 
scrupulous attention to pH probe maintenance and calibration was essential. Guwy et 

al, (1994) present an on-line BA monitor based on gas phase measurement, which 
eliminated reliance on pH probes. It is interesting to note that Anderson and Yang 
(1992) concluded that BA was more useful for control than TVFA concentration, 
despite successfully titrating both.

Since the introduction of reliable instrumentation to measure BA on-line, (Tomei et al., 

1994, Guwy et al, 1994) several research groups have actually used bicarbonate 
alkalinity data to apply automatic control to anaerobic digesters. Di Pinto et al, (1990) 
concluded that anaerobic digestion could be successfully and cost effectively controlled 
based on BA data supplied by the titrator described in Tomei et al, (1994), which was 
used in the control of two olive oil effluent reactors subjected to shock loading with and 
without BA control. They concluded that BA could be monitored cost effectively and 
BA control maintained stable performance, which was not the case without control. 
Rozzi et al, (1994) furthered this work by showing that the same system could 
decrease start-up time. Explaining several interruptions to data Rozzi et al, (1994) 
reported 'operational problems' concerning the bicarbonate alkalinity measurement 
device, and conceded that 'the instrument was not perfectly suited to operate 
unattended for several days'. Rozzi et al, (1994) also used a markedly different control 

strategy to that used in the present study.

Control experimentation by Hawkes et al, (1995) led to the development of a neural- 
network based control system (using on-line BA data) described in Wilcox et al, 

(1995). This neural network / on-line BA control system was compared favourably
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with a simple on-off controller in organic overload experiments on a fluidised bed 

reactor carried out by Guwy et al, (1997). It was found that the simple on-off 

controller often led to an overshoot of BA levels. The fluidised bed reactor used was 

seeded with Siran™ (Schott Glaswerke, Germany), a sintered glass carrier, and as such 

no biomass washout problems were observed despite very high steady state OLRs 

being reached (27 kgCOD/m3/day). Guwy et al., (1997) found the BA monitor reliable 

and relatively low maintenance. This period of sustained successful operation (8 

months) provided confidence that this BA monitor could be successfully used to test 

other control strategies on other reactor types.

More recently, there have been significant developments in the use of FT-IR 

spectrometry to measure BA (along with COD, VFA and total organic carbon [TOC]) 

in anaerobic effluents (Steyer et al., 2002). However, the initial expense and 

complexity of calibration involved remains a serious inconvenience with regards to 

commercially implementing these systems for control purposes.

BA is traditionally measured as mgCaCOyi. Conversion between mgCaCOs/l and 

gNaHCO3/l can be observed in Table 2.5.

Table 2.5 Relationship of sodium bicarbonate concentration and equivalent 
alkalinity (from Hawkes et al., 1993).

NaHCOa concentration 
(mo 1/1)

0.01
0.02

0.025
0.03
0.04
0.05

0.065

Equivalent alkalinity 
(mgCaCOa/l)

500
1000
1250
1500
2000
2500
3250

2.9.8 Alternative methods of stability enhancement

Graef and Andrews (1974) suggested CO2 'scrubbing' (removal) from the reactor gas 

(therefore limiting the formation of carbonic acid and keeping pH up), using dilute 

alkali, and recycling the CO2 free biogas back into the reactor, but such a technique is
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operationally complex and not practiced in commercial applications (Mitra et al., 

1998b).

Attempts have been made to enhance process stability through the regulation of 
dissolved hydrogen levels through a variety of physical removal techniques (Fynn and 
Syafila, 1990; Inane et al., 1996). Unfortunately, the latter techniques were only 
partially successful due to the limitations on the maximum hydrogen removal rates 
possible (Voolapalli and Stuckey, 1998). Also, dissolved hydrogen levels in the bulk 
liquid do not necessarily correspond with the hydrogen content within the granule 
(Pauss and Guiot, 1993), where the majority of interspecies hydrogen transfer occurs, 
and where the bacteria inhibited by high hydrogen concentrations (OHPAs eg 
propionate degraders) are usually situated (Guiot et al, 1992; Lettinga, 1995; 
Alphenaar etal, 1993) (see Section 2.1.6).

Voolipalli and Stuckey (1998) carried out a preliminary evaluation of the use of a 
silicon rubber membrane extraction technique to enhance anaerobic digester stability 
during shock loads. The membrane extractor was used to remove gases (mainly COa 
and H2) from the digester. The effectiveness of this technique for providing a neutral 
pH and thermodynamically favourable conditions during a five-fold increase in feed 
concentration was studied using a continuous stirred tank reactor (CSTR). The 
alkalinity supplied with the feed to both the membrane reactor and the control reactor 
was initially 16.25 kg/m3 NaHCO3 . During the shock (4 kgCOD/m3/day to 20 
kgCOD/m3/day) the alkalinity supplied to the control reactor needed to be doubled to 
keep reactor pH above 6.8. In contrast the membrane reactor pH was always above 7.2 
and presence of the membrane enabled the alkalinity supplied with the feed to be 
dropped to 4 kg/m3 . This represents a saving of 28.5 kg/m3 of NaHCO3 , which on an 
industrial scale would represent a considerable cost saving. In addition, it seemed that 
the thermodynamically favourable (relatively low H2 and CO2 partial pressures), and 
neutral pH conditions in the membrane reactor due to CO2 regulation enhanced the 
stability of the process in comparison to the control reactor. Neutral pH values during 
the shock appeared to enhance acetate degradation to an extent. Over 8000 mg/1 acetic 
was present in the control reactor compared to less than 5000 mg/1 when the membrane 
was present. Propionic acid accumulated to its maximum possible levels however,
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irrespective of membrane gas extraction, indicating that membrane regulation of the 
hydrogen concentration of the bulk liquid was not enough to prevent its build up.

The costs (capital and running) of such a membrane were not clear from Voolapalli and 
Stuckey (1998), neither were the costs or complexity of cleaning / maintaining the 
silicon membrane. It appears that periodic cleaning / maintenance would be essential to 
ensure optimum performance due to biofilm growth affecting COi removal. In a large 
scale unit the membrane may be used with higher crossflow velocities which could 
minimize biofilm growth. However, this may result in reduced biological activity due 
to shear forces (Voolipalli and Stuckey, 1998).

It is doubtful if the membrane could be used in reactors of high upflow velocity (eg 
EGSBs) due to the fact that the presence of the membrane led to a much smaller floe 
size than that in the control reactor. The authors hypothesise that the silicon membrane, 
being hydrophobic, is responsible for attracting and supporting slow-growing 
methanogenic bacteria, thus leading to a floe-free bulk solution. This fact alone may 
limit its use in EGSB (or other high rate systems) where efficient granulation is 
fundamental to success, however, it may be possible to insert such a membrane in the 
recycle line of EGSB reactors, or similarly separate them from the main reactor vessel.

Although such a system can effectively regulate pH and go some way towards 
enhancing acetate degradation, large VFA concentrations (particularly propionate) can 
be inhibitory to their own degradation and to the degradation of other VFAs regardless 
of pH (Graef and Andrews, 1974; Hill and Earth, 1977; Mawson el al, 1991), although

c

as the pH decreases the greater the inhibition caused by VFAs (see Section 2.2.2 and 
2.2.4.1).

Mitra et a/., (1998a and 1998b) describe the use of composite ion exchangers (CIX) to 
enhance stability of anaerobic digesters. Use of composite ion exchangers within 
anaerobic digesters can buffer pH and arrest cationic heavy metals. The CIX is 
essentially a thin-sheet like polymeric material in which spherical microbeads (smaller 
than 100 micrometers in diameter) of ion exchangers are physically trapped in fibrous 
polytetrafluoroethylene (PTFE or Teflon). A severe organic shock (five times the 
steady state rate for 72 hours with low alkalinity) was carried out on a batch fed CSTR
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reactor using a glucose based feed. The reactor containing 155 cm2 of CIX per litre 

(less than 1 % reactor volume) survived the stress, while a control reactor soured 

immediately. The authors conclude that CIX materials are mechanically strong, 

chemically stable and durable, stating that even after 2 years of continuous usage in 

biological media, the CIX materials did not show any signs of physical deterioration, 

loss in ion exchange capacity or change in acid titration behaviour. The CIX therefore 

did not warrant any regeneration or operators' attention and is always retained inside 

the reactor. Retaining a small amount of composite ion exchanger (CIX) inside the 

anaerobic reactor (less than 1 % volume) may be a cost effective alternative to 

continuous dosing of a high level of sodium bicarbonate buffer for the treatment of 

industrial or mixed wastewater (Mitra et al, 1998b).

There is no mention of the costs of CIX in Mitra et al., (1998a or 1998b), although it is 

suggested to be a cost effective alternative to buffering. CK is commercially available 

(Biorad Inc., California, USA) and may prove to be a useful addition to anaerobic 

digesters to minimize the level of buffering required for the treatment of industrial or 

mixed wastewaters.

2.9.9 Performance indicators for control - Summary

From the literature it seems that there is little agreement as to which is the most suitable 

control parameter. As described in the previous sections, differing degrees of success 

have been achieved, and promise shown in a number of areas. Ideally the parameter(s) 

used should be in the liquid phase, as the liquid phase is where the important reactions 

in anaerobic digestion occur. Ideally individual VFA concentrations, if they could be 

measured economically and reliably on-line, would be the parameters of choice for 

control. As previously mentioned, the FT-IR method of monitoring COD, VFA, TOC 

partial alkalinity (PA) and total alkalinity (TA) in anaerobic effluents as described by 

Steyer et al, (2002) seems very promising in terms of reliability and low maintenance, 

but the high initial cost and the complexity of its calibration mean that this method is 

not likely to provide a simple low-cost monitoring solution for industry. The on-line 

VFA sensors described in Find et al, (2002) and Feitkenhauer et al, (2002) require 

further testing and are not yet available commercially. As such, the need for a 'cheap, 

simple, and reliable' on-line device on which control could be based is still a priority.
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As the concentration of bicarbonate alkalinity is inversely proportional to the VFA 

concentration (Guwy, 1996), and for the reasons described in Section 2.9.7 it was 

decided to use bicarbonate alkalinity as a control parameter.

The bicarbonate alkalinity monitor described in Guwy et al., (1994) was evaluated for 

its ability to provide the on-line bicarbonate alkalinity data required for process control 

with suitable reliability. The BA monitor also had the advantage of being relatively 

cheap to build (< £5000 in total) and relatively easy to maintain (Guwy, 1996).

2.10 Summary, aims and objectives

hi terms of process stability anaerobic digestion still lags behind aerobic biological 

treatment or physico-chemical processes (Feitkenhauer et al., 2002). New process 

control concepts are currently being developed to ensure stable operation of anaerobic 

digestion units (Heinzle et al., 1993; Lunze and Riedel, 1998). The reduction of the 

duration of start-up and the improvement of process control are important factors in 

order to increase the competitiveness of anaerobic high-rate reactor systems (Wieland 

and Rozzi, 1991). Many investigated and established control systems depend on 

sophisticated equipment (Feitkenhauer et al., 2002). The use of such expensive 

systems is mainly limited to research organisations. There is therefore a gap between 

largely uncontrolled operation and complex process control using expensive equipment 

(Feitkenhauer et al, 2002).

The purpose of an anaerobic controller is to maintain adequate environmental 

conditions against possible changes in influent characteristics (flow rate or 

composition) or in the conditions inside the reactor. Preventative process control can 

prohibit a small and intrinsically innocuous perturbation from becoming life threatening 

to the biomass (Speece, 1996). The typical situations requiring control are the start-up 

phase, organic or hydraulic overloads, and shocks produced by toxic compounds (Punal 

et al, 2001). The control of these complex bioprocesses is a difficult task because of 

the great variety of micro-organisms, as well as the long reaction periods (Renard et al, 

1988; Lemaeffl/., 1991).
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The main factor hindering the monitoring of most parameters is the lack of reliable (and 
relatively inexpensive) instrumentation for on-line measurements (Wieland and Rozzi, 
1991). Similarly, the problems associated with the automation of biotechnological 
processes, independently of the control approach technique, are due to the lack of 
reliable and low cost on-line analysers (Punal et al, 2001).

According to Barnett and Andrews, (1992), reasons that existing control technology has 
not been applied effectively to date include the complexity of processes used, the 
absence of appropriate performance specifications on which to base control, and 
inadequate on-line instruments. The existence of a generally accepted anaerobic 
digestion model (ADM1, Batstone et al., 2002) offers the prospect of comparison of 
control algorithms through simulation and can contribute to setting performance 
specifications.

Perhaps the need for cheap, reliable on-line analysers, and the desirability of the 
automatic control that such analysers would facilitate, is further supported by Biothane 
Systems International, one of the worlds leading suppliers of anaerobic digestion 
systems, and the original designers and suppliers of EGSB reactors. According to 
Versprille (2001), (representing Biothane Systems International), ideas for 
improvement with regards to instrumentation and control of anaerobic plants include:

• More on-line analysers (alkalinity, VFA, COD and TOC) which would lead to less 
'manual analysis' by the operator, and are required for any next step in automatic 
process control.

• Automatic control, which could lead to less operator involvement, more process 
stability, and a better and more constant quality of effluent.

• A 'fuzzy control / expert system' anaerobic controller would lead to more process 
stability, better and more constant effluent quality, and less 'safety' required in the 
design, leading to smaller systems to treat the same waste.
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Biothane Systems International also state that the focus of research and development 
should be cost reduction and process stability, and that currently anaerobic plants are 

technically 'fully automatic', but the actual process operation is mainly based on 
'normal' laboratory analysis and as such 'by hand' and need day to day attention by a 

qualified operator. The bottleneck is the availability of reliable, cheap, on-line 
analysers (Versprille, 2001).

A crucial question in the development of a successful control strategy is the 
identification of a suitable control parameter. Ideally a control system would be based 
on VFA concentrations monitored on-line, but as yet it is not possible to measure VFAs 
economically and reliably on-line. Bicarbonate alkalinity (BA) is a key process 
parameter which indicates the buffering capacity of the system. Guwy et al., (1997) 
successfully monitored the BA of a fluidised bed anaerobic reactor treating simulated 
bakers yeast waste water on-line using a bicarbonate alkalinity monitor first described 
by Guwy et al., (1994). In the current work this BA monitor was used to provide the 
data for an adaptive control system controlling an Expanded Granular Sludge Bed 
(EGSB) reactor treating a simulated sucrose waste.

It is hoped that an improvement in the efficiency of AD can be brought about by 
employing a simple control system based on on-line BA data, which not only 
safeguards the system but also optimises it. With regards to the control system used in 
this work, aside from being relatively inexpensive to set up and run, an emphasis is 
given to 'simplicity', in order to minimise the complexity of instrumentation and 
expertise required to set up and operate the system. It is believed that simplicity (along 
with low costs and ultimately reliability) would make the control system more 
attractive to industrial anaerobic digester operators. The control systems implemented 

on the EGSB as described here were developed by Premier (2003).

74



2.10.1 Aims

Aims of this project are:

1. To fully test and evaluate the potential of an on-line bicarbonate alkalinity 

monitor (Guwy et al., 1994) to operate continuously on a lab scale anaerobic 

digester.
2. To determine and evaluate whether the start-up of an EGSB reactor can be 

successfully controlled using a specific simple control strategy based solely on 

on-line bicarbonate alkalinity data.

3. To determine whether the same control strategy can sustain acceptable reactor 

performance.
4. To evaluate the effects of two different control actions (OLR variation and BA 

dosing) on anaerobic digester performance.

5. To see if the control system can successfully 'guide the micro-organisms 

through' a series of reactor disturbances, e.g. hydraulic and organic loading rate 

step changes, preventing process failure.
6. To identify the digester control variable which (given present available 

technology) could provide the best indication of process well being and the best 

warning of instability.
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3.0 MATERIALS AND METHODS

3.1 Reactor

This research was carried out using a purpose built EGSB type anaerobic digester with 
a total volume of 38 litres and a total liquid volume of approximately 30 litres 
(including recycle tubing etc.). The reactor was initially designed as a direct scale-up 
of a 5 litre EGSB reactor previously used in the University of Glamorgan Wastewater 
Treatment Laboratory (Dinsdale et al., 2000). Technical drawings were made by T. 
Evans (SOT, UOG). The reactor, made of perspex, was constructed by DIPEC Plastics 
(Cardiff, UK). The reactor vessel had a narrow body (150 mm diameter and 770 mm 
tall, 131 volume), which widened out at the top to 340 mm diameter and 360 mm tall 
(16 1 volume) (see Figure 3.1, and Figure A.I in Appendix A). The total height of the 
reactor was 1130 mm. The reactor rig, including pumps and monitoring devices is 
shown in Figure 3.2, while a flow diagram of the process is shown in Figure 3.3.

A constant temperature of 36 °C was maintained within the reactor by an FH-15 
thermostatically controlled flow heater (Grant Instruments Ltd., Cambridge, UK) 
constantly re-circulating heated water through a water jacket around the central body of 

the reactor.
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KEY

1 Recycle port
2 Support brackets
3 Gas/solid separator
4 Water jacket
5 Water jacket inflow port
6 Water jacket outflow port
7 Cone
8 Influent port
9 Non-return valve

10 BA sample point (Experiment 6)
11 Effluent port
12 Effluent port U-tube
13 Sides of upper section

Figure 3.1 Technical drawing of EGSB reactor.
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Low -flow gas meter

High-flow gas meter

Electrical interface box

Carbon dioxide meter

Feed, water, BA and 
:ycle pumps

Figure 3.2 EGSB Reactor rig including pumps and monitoring devices.
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temperature

Figure 3.3 Process flow diagram.

Note 1. Blue lines represent electronic connections, while black lines are physical
flows of liquid or gas. 

Note 2. For Experiment 6 the BA and tap water pumps were automatically
controlled, rather than the feed concentrate and tap water pumps. 

Note 3. For Experiment 6 the BA monitor sample was taken from inside the reactor. 
Note 4. The low range gas flow meter and solenoid switch were added after

Experiment 2.
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3.2 Summary of experimental program

Table 3.1 shows a summary of the experimental program.

Experiments 1-5 were based on automatic control of the OLR, dependant on the on 

line BA signal from the BA monitor in relation to a pre-set BA setpoint. A constant 

volume and strength of BA solution was dosed in each experiment. For Experiment 6, 

the rate of BA solution dosed was automatically controlled, dependent on the on-line 

BA signal, while the OLR was changed by the operator.

The primary aim of Experiments 1-6.1 was to see if the controller could automatically 

control start-up using solely on-line data from the bicarbonate alkalinity monitor. The 

primary aim of Experiment 6.2 was to see how the reactor and controller coped with a 

halving of the HRT, while for Experiments 6.3 and 6.4 the primary aim was to assess 

the impact of the controller on the system during organic loading rate step changes. To 

assist this, Experiment 6.5 was a similar organic loading rate step change with no 

automatic control.
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Table 3.1 Experimental program.

Experiment
Number

1

2

3

4

5

6.1

6.2

6.3

6.4

6.5

Dates

9/1 1/99 
to 

15/12/99

08/03/00 
to 

18/04/00
26/03/01 

to 
07/06/01

16/07/01 
to 

09/08/01

16/10/01 
to 

13/12/01
26/02/02 

to 
09/05/02

20/05/02 
to 

30/05/02

25/05/02 
to 

05/06/02
02/06/02 

to 
10/06/02
08/06/02 

to 
17/06/02

Duration 
(Hours)

840

985

1774

583

1173

1742

231

287

210

230

Described 
in Section

3.8.1.1

3.8.2.1

3.8.3.1

3.8.4.1

3.8.5.1

3.8.6.1.1

3.8.6.1.2

3.8.6.1.3

3.8.6.1.4

3.8.6.1.5

Brief 
Description

First start-up and 
use of reactor and 
controller.

Re-start-up with 
modified reactor.

Re-start-up with 
new BA monitor, 
gas meter and 
modified 
controller.
Re-start-up with 
settling chamber 
before BA 
monitor, modified 
reactor and 
controller.
New start-up with 
re-seeded reactor

Start- up 
experiment using 
a different control 
action and re- 
seeded reactor.
HRT halved by 
doubling inflow 
volume.
Organic step- 
change 
experiment.
Similar organic 
step change 
experiment.
Similar organic 
step-change 
experiment with 
no control in 
place.

Control 
Action 
used
OLR
variation.

OLR
variation.

OLR
variation.

OLR
variation.

OLR
variation.

BA 
dosing.

BA 
dosing.

BA 
dosing.

BA
dosing.

No 
control.

BA
Monitor 

used
Original 
BA 
monitor 
(as Guwy 
et al, 
1994).
Original 
BA 
monitor.
New 
(rebuilt) 
BA 
monitor.

New BA 
monitor.

New BA 
monitor.

New BA 
monitor.

New BA 
monitor.

New BA 
monitor.

New BA 
monitor.

New BA 
monitor.
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3.3 Inflow solutions

Three different solutions combined to form the 'inflow'. These were:

• Feed concentrate (x 20) solution (see Appendix A, Table A.I).

• Tap water.

• Bicarbonate alkalinity buffer solution.

A different pump was used for each solution. All three pumps were Watson Marlow 

505U peristaltic pumps (Watson Marlow Ltd., Falmouth, UK). For Experiments 1 to 5 

the two pumps for feed concentrate and tap water were controlled automatically. The 

control system supplied appropriate voltage signals to run these pumps in such a way 

that the volumetric flow rate remained constant, but the feed strength varied. For 

Experiments 1 and 2 both of these pumps had a variable flow rate of 0 - 1.5 ml/min, 

(the sum of their flows always being 1.5 ml/min). This provided an OLR range of 0 -
Q

16 kgCOD/m /day. The bicarbonate alkalinity solution was fed into the reactor by a 

third pump, set manually at a constant rate of 20 ml/min. For Experiments 1 and 2 the 

BA solution added was made up to represent 2000 mg/1 CaCOs. This consisted of 3.36 

g/1 of NaHCOg, made up with tap water. The BA of the tap water was neglected 

because it was found to be extremely low (< 25 mgCaCCVl). For Experiments 3, 4 and 

5, the variable flow-rate of the two Lab VIEW™ controlled pumps was increased to 0 - 

3.5 ml/min (giving a possible OLR range of 0 - 38 kgCOD/nrVday). To keep the total 

inflow and thus retention time (approximately 23 hours) and upflow velocity (Vup = 4.8 

m/h) the same, BA solution was added at the lower flow of 18 ml/min, at a 

concentration of 3.74 g/1 NaHCO3 , (representing 2222 mgCaCOs/l). These three 

solutions together formed the 'inflow'. They joined the recycle stream, which joined the 

reactor at its base, through the 'inlet port' (point 8, Figure 3.1).

For Experiment 6 the BA and water pumps were controlled via Lab VIEW™. They 

were calibrated to supply a combined flow of 20 ml/min. The percentage of this 20 

ml/min that was BA solution was decided by the controller, depending on the on-line 

BA in relation to a setpoint. The BA solution in the tank was 4000 mgCaCOs/l. The 

balance was made up by tap water. The feed concentrate solution was added from a
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third pump, which was manually controlled. As in Experiments 1 - 5 the three 
solutions added together gave an approximate inflow of 21.5 ml/min, which kept the 
HRT at approximately 23 hours (until Experiment 6.2 when it was approximately 
halved). The recycle rate of 1.4 1/min was kept the same, so the Vup was 4.8 m/h, 
consistent with Experiments 1-5.

All peristaltic tubing used was from Watson Marlow (Falmouth, UK) and was checked 
daily and replaced after a maximum of three weeks. Flow rates were checked 
approximately every two weeks. Before a new piece of tubing was used it was 'worn 
in' for at least 24 hours (as recommended by the manufacturers). This was because 
new tubing delivered a larger flow than used tubing of the same bore, due to greater 
elasticity. (As it is used, peristaltic tubing gradually becomes progressively flattened, 
due to the repeated 'squeezing action' exerted by the pump-head).

A liquid recycle rate of 1.4 1/min was supplied (taken from the 'recycle port' (point 1, 
Figure 3.1) opposite the 'effluent port' (point 11, Figure 3.1) 75 mm from the top of the 
reactor, and re-introduced to the 'influent port' at the base of the reactor, (point 8, 
Figure 3.1) by a Watson Marlow peristaltic pump 505 U (Watson Marlow Ltd., 
Falmouth, UK). This recycle rate, added to the bicarbonate, feed and water inflows, 
provided an upflow velocity (Vup) of 4.8 m/h.

For all experiments the feed was a sucrose-based synthetic waste, as used by Cohen et 

al., (1980) (see Appendix A, Table A.I). The feed was made up as a concentrate (x 
20) solution. To this feed concentrate solution 1 ml/1 of trace elements solution 
(HMSO, 1988) was added (see Appendix A, Table A.2). To avoid the growth of 
bacteria in the tank, the feed concentrate solution was kept refrigerated and was 
delivered at a temperature of 5 °C (before it was mixed with water and BA solution). 
The BA solution and water were kept in separate storage tanks at room temperature.

Hydraulic retention time (HRT) was approximately 23.3 hours for Experiments 1 - 5, 
and approximately 22 hours for Experiment 6.1. On 23/05/02 at 10:23 the HRT was 
approximately halved to 11.2 hours. The period around this (10:00 on 20/05/02 to 
01:00 on 30/05/02) is described as Experiment 6.2 (see Section 3.8.6.1.2). The HRT 

for Experiments 6.3, 6.4 and 6.5 was 11.2 hours.
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In Experiments 1 - 5 organic loading rate (OLR) was calculated automatically by the 
monitoring computer based on the relationship between the voltage sent to the feed 
concentrate pump, the rotations per minute (RPM) of the pump and the volume of feed 
concentrate solution known to be pumped at each RPM. The OLR can be worked out 
from the rate of feed concentrate solution delivered multiplied by its COD, or by the 
rate of the 'inflow' delivered multiplied by its COD. (The rate of feed concentrate 
delivery was plotted against each voltage in the range 0-5 volts, and a gain and bias 
factor added in the relevant Datalogger channel to convert the voltage to OLR). These 
automatically calculated OLR values were then checked against actual COD 
measurements of the influent and found to correlate well.

For Experiment 6 the OLR was calculated using the average COD values of influent 
samples taken for each period that the feed pump RPM was left steady. The rate of 
feed concentrate addition was also taken three times daily, and the approximate OLR 
verified. Minor differences / inaccuracies were caused by variations in the delivered 
flows.

3.4 Description of monitoring devices

As well as BA, the parameter on which the control system was based, other key 
parameters monitored on-line were pH, temperature (top and middle of reactor), carbon 
dioxide percentage, gaseous hydrogen concentration (Experiments 1 and 2) and total 
gas production. These were sampled at one-minute intervals, recorded by Lab VIEW 
and saved into Excel files. The devices and sensors are described below.

3.4.1 Bicarbonate alkalinity monitor

The original instrument used (Experiments 1 and 2) was that described by Guwy et a/., 
(1994). The BA monitor used in this work is an on-line instrument for direct 
determination of bicarbonate concentration especially for automatic control of 
anaerobic digesters. It is based on a continuous flow rate measurement of carbon 
dioxide evolved from a continuous stream of sampled reactor effluent after saturation
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with gaseous CO2 and subsequent acidification with excess acid. It is worth noting that 
measuring the bicarbonate alkalinity in this way eliminates the interferences of the 
phosphate, ammonia, sulphides and volatile fatty acid systems (Guwy, 1996).

Key to the operation of the instrument is the simple physico-chemical equilibria of the 
inorganic carbon (1C) system in biological treatment wastewaters. 1C species 
considered are gaseous CO2, dissolved CO2 and bicarbonate ions. Undissociated 
H2CO3 and CO32 species are neglected because the molar ratio [H2CO3]/[CO2] is of the 
order 0.02 at 25 °C, and because at pH < 8.2 the molar ratio (as carbon) of [CO32~ 
]/[IC] is lower than 0.01 (Guwy, 1996).

There is a direct relationship between bicarbonate concentration and the amount of 
carbon dioxide liberated when strong acid (cone, sulphuric) is added (to pH < 3.75) to a 
known volume of anaerobic effluent. This relationship can be represented by the 
following equation;

2NaHCO3(aq) + H2SO4(aq) « 2CO2(g) + Na2SO4(aq) + 2H2O(aq) Equation?.

The evolved CO2 is passed into another chamber, known as the ballast chamber, over a 
temperature sensor and through a sensitive gas measurement device based on a 0 - 10 
mm H2O differential pressure transducer (Furness Control Ltd., UK) and a solenoid 
valve (Sirai D317 Z530A, Zoedale Electronics Ltd., Beds., England). The differential 
pressure transducer opens and closes the solenoid valve in response to pressure changes 
within the ballast chamber. Therefore each time the solenoid valve opens (pulses), an 
identical volume of gas is released. These pulses are converted to a voltage (0 - 5 V) 

by a frequency / voltage converter.

Prior to acidification, the effluent stream is saturated with CO2 in the saturation 
chamber. This is necessary because during the overloading of an anaerobic process the 
dissolved carbon dioxide concentration fluctuates considerably. Figure 3.4 is a 
schematic diagram of the BA monitor (representing both the original and the new BA 

monitors).
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The BA monitor sent three separate signals to Lab VIEW™, (see Table 3.2).

Table 3.2 BA monitor outputs.

Measurement

Temperature of evolved CC>2
Atmospheric Pressure
Flow rate of evolved COa

Signal Type

analogue
analogue
analogue

Outputs

0 - 5 V (10mV/°C)
0-5 V
0-5V

A LabVIEW™ subv/. uses the following equation to work out the bicarbonate 
alkalinity (expressed as mgCaCOs/l) of the effluent from the volume of CO2 produced;

BA = Qg.P
dQs.RT

KnP 
dQsRT Equation 8.

Where
BA = Bicarbonate concentration (mol I" 1 )
R= Gas constant (8.3143 J.K' 1 mor 1 )
Qg = Flow rate of evolved gas (m3/min)
T = Temperature (°K)
d = Dilution factor due to acid / antifoam
addition

Qs = Flow rate of effluent sample (mVmin) 
n = Frequency of counts (counts/mm) 
K = gas meter constant (ml/count) 
P = Atmospheric pressure (101325 Pa)

The saturation chamber received a flow of 14 ml/min carbon dioxide. Solutions used in 
the operation of the BA monitor were sulphuric acid and antifoam. 1.25 M sulphuric 

acid (diluted from 1.84 S.G. sulphuric acid (Fisher Chemicals, Loughborough, UK) was 
delivered to the acidification chamber at a rate of 1.35 ml/min. Dehysan Z960 antifoam 
(Forshungszentnim Julich GmbH, Julich, Germany) (made up to 1 ml/1 concentration 
with de-ionised water) was added at a rate of 4 ml/min to the saturated effluent flowing 

into the acidification chamber. The values above were the recommended values, each
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flow was checked before each calibration of the monitor. During the course of the 
experiments some minor changes were made to these flows.

After Experiment 2 it was obvious that there was a problem with the original BA 
monitor that caused it to lose calibration. While this problem remained unsolved the 
monitor was not fit to control an anaerobic reactor. Despite testing, no definite 
conclusion was reached regarding the cause of this unreliability. Due to the age of the 
monitor (6 years), and the amount of time already spent repairing / maintaining each 
part of it, it was decided that rebuilding the monitor using new materials and appliances 
would be the best course of action. The aim would be to stay as close as possible to the 
original design, whilst making several modifications and improvements. Details of the 
construction and testing of this new BA monitor are in Appendix B.
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gas measuring device

Figure 3.4 Schematic diagram of BA monitor (both original and new).

DPT - differential pressure transducer

Figure 3.4 shows a schematic diagram of the new (and the original) BA monitor, Figure 
3.5 a technical drawing, and Figure 3.6 a photograph of the new monitor (with CRO 
attached for testing). A technical drawing of the new BA monitor (to scale) is in 

Appendix B, Figure B.I.



Key
COMPONENTS

1 Electronics drawer
2 Electronics test-points
3 Electric power mini-plugs

13
14
15

4 Differential pressure transducer 16
5 Peristaltic pump
6 Peristaltic pump head
7 Antifoam container
8 Acid container
9 Centrifugal pump 1

10 Centrifugal pump 2
1 1 Centrifugal pump 1 influent

connector
12 Centrifugal pump 2 influent

connector

17
18
19
20
21

22

23
24

Saturation chamber 
Acidification chamber 
Solenoid valve 
Ballast chamber 
Effluent U-tube 
Effluent port 
Waste pipe (to sink) 
Centrifugal pumps mounting
Saturation chamber effluent 
connector
Acidification chamber effluent 
connector
Temperature sensor 
Cabinet

Electric cable

LIQUID FLOWS
a Sample from reactor
b Antifoam solution
c Acid solution
d Saturation effluent to acidification chamber
e Saturation chamber overflow tube
f Saturation chamber to centrifugal pump 1
g Centrifugal pump 1 to saturation chamber
h Acidification chamber to centrifugal pump 2
i Centrifugal pump 2 to acidification chamber
j Acidification chamber to effluent

GAS FLOWS
A Carbon dioxide to saturation chamber
B Open system between acidification chamber, 

ballast chamber & differential pressure 
transducer

Figure 3.5 Technical drawing of new BA monitor.
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Figure 3.6 Photograph of new BA monitor (with CRO attached for testing).

3.4.1.1 BA monitor maintenance schedule

During periods of reactor operation, the monitor was visually checked for blockages / 
problems throughout each working day (on average approximately every half-hour). 
Peristaltic tubing was manually 'squeezed' daily to dislodge any bacterial growth / 

potential blockages, the section of the tubing exposed to the pump-head was also 
changed daily. The bottom of the BA monitor U-tube (point 17, Figure 3.5) was a 
common area for blockage and was emptied with a syringe at least twice daily. 
Peristaltic tubing was replaced at least every month. Antifoam tubing was rinsed 
through for one minute every week with disinfectant solution to kill all bacterial
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growth. During Experiments 4, 5 and 6 the granule-settler (see Figure 3.10, Section 
3.8.3.2) was emptied approximately three times daily during normal operation, and 
more when required. Anti-foam and acid tanks also needed to be periodically re-filled.

3.4.2 On-line gas production

An Alexander Wright Low Flow Meter LFM300 (GH Zeal Ltd., London , UK) was 
used to measure the biogas production rate (see Guwy et al, 1995). The LFM300 
receives a signal from an inbuilt pressure transducer and calculates the flow of gas 
based on the number of pulses recorded in 1 minute. Consequently the flow rate was 
updated every minute. The output of the flowmeter is 0 - 5 volts, data was logged to 
Lab VIEW™ via an interfacing unit.

For the third experiment a high range gas flow meter was built due to the volumes of 
gas being produced exceeding the range of the LFM300 gas meter. The output of this 
sensor was connected to Lab VIEW™ (Datalogger?, vi, channel 5) and its output 
recorded every minute, displayed graphically and saved to Excel files. The sensor used 
was a Honeywell AWM 3300V Mass Airflow Sensor (Farnell, Leeds, UK). This 
sensor was added in parallel with the low flow meter. A Lab VIEW™ subvi 

(FlowSwitch2.vO was written (G. Premier) and connected with a solenoid valve to 
direct the gas flow through the relevant gas flow meter according to its flowrate. The 
range of this meter was 200 -1000 ml/min.

3.4.3 On-line carbon dioxide percentage measurement

A Gascard II Infra-Red Gas Monitor (Edinburgh Sensors Ltd., Livingstone, UK) was 
used to monitor CO2 in the biogas. The output signal was fixed between 0 - 5 volts by 
fitting 2 x 500 Q resistors to the appropriate resistor positions on the output terminal. 
The output was continually recorded by Lab VIEW™ in the 'monitoring computer', to 
which the Gascard II was connected via an interfacing unit. Calibration of the Gascard 
II was carried out immediately before and after each experiment. Biogas was 
continuously recycled between the reactor headspace and the Gascard II at a rate of 320 
ml/min by a Watson Marlow 505 U peristaltic pump (Watson Marlow Ltd., Falmouth,

91



UK). Between the reactor headspace and the sensor, the biogas was passed through a 
drechsel bottle and a Liebig condenser to remove water vapour.

3.4.4 On-line pH measurement

pH was measured on-line with a Mettler Toledo HA405-DXK-S8/120 pH probe 
(Mettler Toledo Ltd., Leicester, UK) connected to a Kent EIL 9142 industrial pH and 
Redox meter / controller (ABB Kent-Taylor Ltd., Gloucestershire, UK). The probe was 
positioned at point 16 cm below the surface of the reactor liquid, and 21 cm below the 
top of the reactor. As the probe was positioned close to the BA / recycle outlet, it was 
positioned in what was considered to be the best location to be representative of the 
whole system. A 112 Q resistor inserted in the electrical circuit of the device provided 
temperature correction for sampling in the 30 - 40 °C range. The output of the meter 
was 0 - 5 Volts, corresponding to the entire pH range of 0 - 14. The pH probe was 
calibrated immediately before and after each experiment using standard buffer solutions 
of 4 and 9.4 (BDH Ltd., Poole, UK).

3.4.5 On-line temperature measurement

The temperature in the reactor was monitored at two different points by two LM35DZ 
thermocouples supplied by RS Components Ltd. (Northants, UK). The LM 35 
precision semiconductor gives an output of 10 mV per degree centigrade, with an 
accuracy of 1/4 °C at room temperature or 3/4 °C between 0 -100 °C. One of these was 
positioned near the top of the reactor (170 mm from top), and one was in the middle of 
the heated central body where the granules were fluidised (780 mm from top). As they 
are not waterproof, the thermocouples were 'potted'. For extra protection they were 
each placed inside a watertight rubber tube. It was found that these protective barriers 
thermally insulated the thermocouples to produce a time lag of around 20 seconds 
compared with an electronic thermometer (Minitherm HI 8751, Hanna instruments, 

Bedfordshire, UK).
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3.5 Data acquisition system (DAQ)

The on-line monitoring devices previously described were the peripheral parts of the 

network; their function was to send information about the variables of the process to a 
central computer. This information was sent in analogue form to a Macintosh Quadra 

650 (for simplicity referred to as the 'monitoring' computer) fitted with both A/D and 
D/A I/O facilities (National Instruments, UK). The instrument was configured to scan 
the interfaced on-line sensors at a given time interval (one minute). The data was 

simultaneously displayed graphically and logged to an Excel file using a program 
developed by G. Premier (SOT, UOG) using LabVEW™ software. At the same time 

as being displayed and logged, the BA monitor output (y) was sent to another computer 
(for simplicity referred to as the 'control' computer). The sampling rate of the control 
computer was independent of the monitoring computer and was every hour.

This control computer (Viglen Contender PCi DX4 100) in turn provided the 
monitoring computer with a control effort (U) calculated by the controller at each 
sample. In Experiments 1-5 the control effort was converted to appropriate voltage 
signals to run the water and feed concentrate pumps in such a way that the volumetric 
flow rate remained constant, but the feed strength varied. For Experiment 6 the control 

effort was converted to appropriate voltage signals to run the BA and water pumps in 
such a way that their combined volumetric flow rate remained constant.

The control computer used a similar I/O card and virtual instrument package to effect 

the I/O function. The control algorithm was also developed by G. Premier, using a 

graphical block orientated Computer Aided Control System Design (CACSD) package 
(MatLAB/Simulink™). Communication between the software packages was achieved 

using the Direct Data Exchange (DDE) facilities provided by both. The BA setpoint 
could be adjusted within MatLAB™ on the control computer. The setpoint and 

measured value (y) were then provided to the control algorithm at each sampling 

interval as shown in Figure 3.7. The current control effort (U) was passed back to 

Lab VIEW™ for delivery to the monitoring computer.
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3.6 MRAC controller

The MRAC controller was based on MIT (Massachusetts Institute of Technology) 

architecture and was initially parameterised heuristically. The controller is fully 

described by Premier (2003). Figure 3.7 is a simple block diagram of the control 
strategy.

Data from DDE 
Set Point (BA) 
Measured 
Value (BA) i

Reference Model

Adaption 
Mechanism

Comparator

Control Effort 
Supplied to 
process by 
DDE

Data Logging 
to File

Figure 3.7 Block diagram of the adaptive control strategy.

3.7 Off-line measurements

During normal reactor operation reactor effluent was sampled three times per working 

day, at roughly the same time, morning, lunchtime and late afternoon, and once a day 

at weekends. Influent was usually sampled once per working day. When effluent was 

sampled, two samples were taken, one to be analysed immediately for pH and BA, and 

the other sealed in a plastic sample bag and stored in a freezer for later COD and VFA
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analysis. Similarly when influent was sampled, one sample was analysed immediately 
for pH and BA, and the other frozen for later COD analysis. During unstable periods, 
more samples were taken. When possible, gas samples were also taken and analysed 
immediately.

3.7.1 Off-line bicarbonate alkalinity measurement
The method proposed by Jenkins et al., (1983) was used.

3.7.2 Gas composition analysis

The methane and carbon dioxide percentages in the biogas were analysed offline by gas 
chromatography. A Varian star 6500 GC was fitted with a Thermal Conductivity 
Detector (TCD and a Porapak Q 80-100 mesh packed column (Supelco Inc., USA). 
The TCD temperature was set at 200 °C. Helium was used as a carrier gas at a flow 
rate of 30 ml/min. The methane and carbon dioxide components were separated by the 
column with approximate retention times of 0.45 and 0.94 minutes respectively. The 
percentages of each gas were obtained by the integration of the peaks by a specific 
program stored in the RAM of a Varian 401 database.

3.7.3 Chemical oxygen demand (COD) analysis

The COD method used in this work was based on the closed tube method described in 
HMSO (1986), which requires smaller quantities of reagents and can be performed 
more quickly and easily than other methods. This COD method has an error of ± 5 %. 
Liquid samples taken were immediately frozen. Immediately upon defrosting they 
were analysed for 'total COD', which included any suspended solids in the effluent.

3.7.4 Volatile fatty acid (VFA) analysis

Individual volatile fatty acids for Experiments 1 - 4 were analysed by using a modified 
gas chromatographical method described by Peck et al, (1986). Using this method the 
individual VFA concentration of anaerobic effluent sample could be determined with 

the accuracy of ± 2 % in the range 10-1000 mg/1.
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For Experiments 5 and 6 a HS 40XL automatic headspace sampler connected to an 
Autosystem XL GC system, both from Perkin-Elmer (Beaconsfield, UK). Further 
details are available in Cruwys et a/., (2002).

3.7.5 Total solids (TS), volatile solids (VS) analysis

Total and volatile solids analysis was always carried out in triplicate. Due to the 
'closed' nature of the EGSB reactor in operation it was only possible to take biomass 
samples for TS and VS measurements before and after each experiment. Total solid 
values were calculated by weighing 20 cm3 of settled reactor sludge after one night in 
the oven (or until the samples were fully dry). This was done by pre-weighing the 
beakers (after 15 minutes in the furnace and a cooling period in a dessicator), and 
subtracting their mass from the mass of the (cooled) beakers with samples in. This 
value could then be multiplied by 50 g/1 to give the total solid content in g/1 of the 
settled sludge.

To calculate the VS value, the same samples in the same beakers were left in a furnace 
for approximately one hour, before being removed, left to cool in a dessicator, and 
weighed. The VS value was calculated from the difference in mass between these 
samples / beakers after the oven, and after the furnace. This value could then be 
multiplied by 50 g/1 to give the volatile solid content in g/1 of the settled sludge.

3.7.6 Total suspended solids (TSS) analysis

Each TSS analysis was carried out in triplicate. To measure TSS value in a reactor 
sample it was necessary to pre-heat (10 minutes in microwave) a beaker with a piece of 
GF/C filter paper (Whatman, Maidstone, England) in it. After cooling in a dessicator, 
and weighing the beaker / filter paper, the filter paper was placed on a Whatman filter 
funnel (Whatman, Maidstone, England) wetted with DI water and 10 ml of well mixed 
sample added to it. Once the filter paper was free from visible liquid, it was returned to 
the relevant beaker, and put in the microwave for 45 minutes. After cooling in a 
dessicator the beaker / filter paper was re-weighed. The difference in mass between the
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beaker / filter paper before and after the sample was put through the paper is multiplied 

by 100 g/1 to give the total suspended solids value of the sample in g/1.

3.8 Experiments, and changes made between each

3.8.1 Experiment 1

3.8.1.1 Description of Experiment 1.

The ultimate goal of the first start-up experiment was to examine whether the EGSB 

reactor could be successfully started up using the control system of Premier (2003) in 

conjunction with an on-line bicarbonate alkalinity monitor (Guwy et al., 1994), leading 

to some degree of steady state operation. Experiment 1 commenced on the 09/11/99 

and finished on the 15/12/99. The reactor was inoculated with 7.5 litres of UASB 

granules (25 % of the reactor's liquid volume) from Davidsons Paper Mill (Aberdeen, 

UK). The sludge had been stored in water, inactive, for a period of at least 12 months 

(13/10/98 when it arrived in the Wastewater Treatment Laboratory, until 09/10/99 on 

commencing the first experiment). The original BA monitor was used.

3.8.1.2 Changes after Experiment 1

During Experiment 1 it was noticed that there was a 'dead zone' in the bottom third of 

the sludge, and that large areas of granules were being completely bypassed by the 

influent. It was postulated that this was caused by a 'channelling' effect, causing 

insufficient fluidisation of the granules, and preventing even dispersion of the feed. To 

improve mixing, and to try to prevent the inflow ascending through the reactor in 

narrow streams, a perspex cone was constructed and added (see Figure 3.8). A conical 

non-return valve, made of hard rubber was added, designed to rest on the bottom of this 

cone (see Figure 3.9). This valve, along with the cone, aided the even dispersion of the 

inflow. When the hydraulic flow was stopped, the combined weight of the granules, 

the liquid, and the valve itself sealed the inlet, preventing the granules intruding into the 

inflow tubing and blocking the inlet. Other changes made after Experiment 1 were 

minor, such as re-gluing all joins and possible weak points on the reactor to ensure that
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there would be no leaks (of gas or liquid). The granules in the reactor were at room 
temperature between experiments.
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Figure 3.8 Technical drawing of diffusion cone.
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Figure 3.9 Technical drawing of non-return valve.
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3.8.2 Experiment 2

3.8.2.1 Description of Experiment 2

Experiment 2 ran from the 08/03/00 to 18/04/00. Granules used were those remaining 
in the reactor after Experiment 1, and had been inactive since the end of Experiment 1 
(17/12/99). The volume of granules was 6.75 1. The original BA monitor was used. 
As in the first experiment, automatic start-up of the EGSB reactor was the aim. It was 
planned that the experiment progressed unaided, apart from regular checks and 
maintenance of equipment and the taking of samples for off-line analysis. It was 
expected that after a period of acclimatisation, the bacteria would be able to metabolise 
an increasing amount of feed solution.

3.8.2.2 Changes after Experiment 2

Changes made after the second start-up include the construction of a new BA monitor, 
the construction of a new gas flow meter and associated LabVIEW ™ .v/., the lowering 
of the recycle port, the increase of the OLR range, leading to BA concentration and 
flow changes, and the addition of a 'manual' BA switch. Each is now briefly 
described;

1. Construction of a new B A Monitor 
This is described in Appendix B.

2. Construction of new gas flow meter and associated LabVIEW .vi. 

This is described in Section 3.4.2.

3. Recycle port lowered.
During the second start-up experiment it was observed that at higher OLRs (over 10 
kgCOD/m3/day) a high level of gas production (> 140 ml/min) created a high gas 
pressure in the reactor headspace, which lowered the liquid level sometimes to below 
the recycle port. This meant that gas was being recycled, leading to granule 
destruction. Also, because only gas was present in the recycle line, the BA monitor had 
no liquid to sample. As the monitor was sampling only gas, its output signal was
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significantly raised. If left unattended (e.g. at night) this would cause the controller to 

increase the loading rate further, adding to the problem. This would not regulate itself, 

and would lead to reactor failure. To try to avoid this, the height from which the liquid 

for the recycle flow was taken was lowered by approximately 10 cm by attaching a 
piece of 12.5 mm i.d. tubing (Legris Ltd., Gloucester, UK) to the inside of the port. 
This was to safeguard against recycling gas.

4. Increase of OLR range, leading to B A concentration and flow change. 
In start-up 2 the highest possible OLR was 16 kgCOD/m3/day. For the third start-up, 

the bore of the peristaltic tubing used to pump in the feed concentrate solution and the 
variable tap water was increased. By doing this it was possible to increase the possible 
range of OLR from 0-16 kgCOD/m3/day to 0 - 38 kgCOD/nrVday. In order to keep 
the total inflow volume (and thus the Vup and the retention time) constant with that of 

the first two experiments, the BA constant inflow was reduced from 20 ml/min at a 
concentration of 3.36 g/1 NaHCOa (2000 mgCaCOa/l) to 18 ml/min at a concentration 
of 3.73 g/1 NaHCO3 (2222 mgCaCOs/l). The amount of BA constantly pumping in, the 
total inflow, the upflow velocity and the retention time are all identical throughout 

Experiments 1, 2 and 3.

5. Addition of manual BA switch.
A switch was added into the Datalogger?.vi and saved. This switch enabled the
operator to bypass the BA monitor output at will, and automatically feed the controller
a manually input (variable) BA value. This function ensured that surrogate data could
be fed to the controller at times when the BA monitor was being maintained or

calibrated.

6. Changes made to the controller.
There were also several changes made to the adaptive controller as a result of the 

second start-up. Firstly, the controller was changed to a 'FAT' (fast adaption 
trajectory) controller. It was still a MIT based MRAC controller, but with three term 

proportional integral derivative (PID) adaption mechanism, rather than only an integral 

adaption mechanism. This allowed the controller to be very responsive to sudden 

changes, and thus provide a quicker and more decisive response to sudden catastrophic 

events. Secondly, the controller was changed from being parameterised heuristically to
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being parameterised using a 2 population anaerobic digestion model published by 

Marsilli-Libelli and Beni (1994). Changes were made by G. Premier, (Premier, 2003).

3.83 Experiment 3

3.8 J.I Description of Experiment 3

This experiment ran from 26/03/01 until 07/06/01. The sludge used was the sludge 

remaining in the reactor after Experiment 2, originally from Davidsons Paper Mill 

(Aberdeen, UK). The sludge volume was 8 1 at the start of the experiment. The new 

BA monitor was used.

3.8.3.2 Changes after Experiment 3

One of the major problems observed with the BA monitor was that it was repeatedly 

fully or partially blocked by suspended solids in the sample stream. During the day on 

working days the BA monitor was constantly checked for blockage and cleaned out 

when necessary, but during the nights or weekends particles settled in the BA monitor, 

causing blockages. Therefore a granule-settler (see Figure 3.10) was added between 

the reactor and the BA monitor. This settler simply provided an extra chamber, 

(volume = 1 1), in which the heavier granules could be gravitationally separated from 

the sample flow. These 'settled' granules could be periodically drained from the settler 

when required. The settler successfully removed the majority of the solids from the 

sample, but still some smaller particles went through the BA monitor as part of the 

sample stream. The response time of the BA monitor before the granule-settler was 

used was 30 minutes. This response time increased to 45 minutes.
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Figure 3.10 Photograph of granule-settler.

Another problem that regularly occurred was a blockage of the anti-foam tube. The 

anti-foam peristaltic tubing used was very narrow (orange-blue Watson Marlow tubing, 

internal diameter = 0.25 mm) and blockage incidents caused a jump in the BA signal, 

because the sample was no longer diluted by anti-foam, and foam formation in the 

acidification chamber. When this foam intruded into the solenoid valve the monitor 

needed to be stopped, and the solenoid valve and ballast chamber cleaned and dried. 

With each anti-foam blockage, it is estimated that monitor 'downtime' was 

approximately three hours. For this reason the antifoam tube was replaced by a grey- 

grey Watson Marlow peristaltic tube 1.29 mm internal diameter) and the antifoam was 

used in a more diluted form. Because more anti-foam solution was added, the dilution 

factor for the BA calculations was changed (d in Equation 8, Section 3.4.1).
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Changes made to the controller after Experiment 3 included another numerical 

optimisation which took into account time delay factors previously not considered. 

More details are available in Premier (2003).

3.8.4 Experiment 4

3.8.4.1 Description of Experiment 4

The fourth start-up experiment was a trial experiment scheduled to last between two 

and four weeks. It was intended to be run as a 'trial' experiment, to assess whether or 

not the changes that were made to the controller warranted further experimentation. 

This experiment commenced on 16/07/01. The granules used were those remaining in 

the reactor after Experiment 3. The reactor was shut down on 09/08/01. Before 

commencement, the volume of the sludge was 4.5 1, with TS and VS values of 63.9 and 

42.1 g/1 settled sludge respectively. The new BA monitor was used.

During Experiment 4 it was necessary to change the solenoid valve for a spare as a 

crack had appeared in the shaft. The BA monitor was then re-calibrated and put back 

on-line.

3.8.4.2 Changes made after Experiment 4

It was decided to re-seed the reactor with new granules before attempting a new start 

up. On 23/08/01 new granular sludge was collected from the UASB reactor treating 

molasses waste at Tate and Lyle Citric Acid producing plant in Selby, (North 

Yorkshire, UK). It was observed that these granules were physically smaller than those 

of the previous culture. The majority of the Selby granules had a diameter of 1 mm or 

less, compared with a mean size of approximately 2 mm for the granules of the 

previous Davidsons Paper Mill (Aberdeen, UK) sludge.

As the flow between the saturation chamber and the acidification chamber was critical 

to the overall BA measured, to overcome gradual flattening this tubing was changed 

from green-green Watson Marlow tubing, to thick walled Watson Marlow tubing 

(902.0016.015*14) which had an identical bore but thicker walls.
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The main problem with the BA monitor during Experiment 4 was that the liquid level 
in the granule settler kept falling, possibly because blockages of its gas escape tube led 
to a build-up of gas pressure within the settler, forcing the liquid level down below the 
settler's BA sample point. After replacing this gas tubing with a wider bore tubing (6 
mm i.d tubing replaced 2 mm i.d. tubing) the problem was not observed again.

3.8.5 Experiment 5

3.8.5.1 Description of Experiment 5

Experiment 5 was carried out between 26/10/01 and 13/12/01. The new BA monitor 
was used. The remaining biomass from Experiment 4 was removed and the reactor was 
seeded with 15 1 of sludge from Tate and Lyle Citric Acid plant. Total solids 
concentration for the settled sludge used to seed the reactor was 108.3 g/1, and volatile 
solids concentration was 67.7 g/1.

The reactor was seeded with 15 1 of sludge, in accordance with the suggestion of 
Salkinoja-Salonen et al., (1983), who suggested it was possible to use a volume of 
inoculum up to 50 % v/v to accelerate start-up. With this particular EGSB set-up, 
however, it was found that 50 % sludge by volume was too much, as it was necessary 
that the liquid headspace was relatively free from suspended solids, for on-line 
bicarbonate alkalinity monitoring. Approximately 2 1 of poor quality sludge (fine 
particles) was washed out immediately prior to start-up during a one-week period of 
continuously flushing the reactor through with water. To facilitate on-line bicarbonate 
alkalinity monitoring a further 4 1 of sludge was removed. Added to this, 
approximately 1 1 of sludge was 'lost' through the settler and in samples taken for off 
line analysis. Therefore it was estimated that the volume of sludge at the time of 

commencing feeding to the reactor was 8 litres.

The aim of this experiment was to observe whether with the changes made to the 
controller after Experiment 3, and freshly obtained granules, a successful start-up 
(comparable to one carried out manually) could be achieved. It was planned to proceed 
with the automatic start-up until some degree of steady state operation was achieved,
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and then to test the controller to see if it could guide the reactor through a series of 
shock experiments.

3.8.5.2 Changes after Experiment 5

Changes after Experiment 5 include a total change of control action (from feed dosing 
with a steady BA inflow to BA dosing with a steady OLR). A comparison of the two 
control actions and their usefulness (in conjunction with the BA monitor and adaptive 
controller) could then be carried out. Therefore a change of buffering system, feeding 
system and controller were needed. Changes to Lab VIEW™, addition of a gas / solid 
separator (G/SS), a change of the point the BA sample was taken from, complete re- 
seeding with another 15 1 of Tate and Lyle UASB granular sludge (collected 23/08/01, 
and stored refrigerated since then), and changes to the controller were undertaken. 
These changes are described below;

1. Change of buffering system, feeding system and controller.
The main change from the previous experiments is a change in the control action (as 
described in Section 3.3). Instead of dosing the sucrose feed solution (in accordance 
with the on-line BA) and keeping the BA inflow constant, the sucrose feed solution 
flow (OLR) was constant and the controller was used to dose BA solution according to 
the on-line BA. To do this it was necessary to make the following changes;

- Change pumps used (described in Section 3.3).
- Increase concentration of BA solution (described in Section 3.3).
- Change Lab VIEW™ DATALOGGER7.vz (described below).

Lab VIEW™ channel 15 was changed from representing OLR to representing volume 
of BA solution dosed. Another panel was added so that OLR could be displayed and 
changed manually, and the DATALOGGER?.™ diagram changed so that this OLR 
value was now saved with the rest of the data to Excel files. Changes made were saved 
as default and the name of the new .vi changed to DATALOGGERS.vi.
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2. Gas / solid separator (G/SS) addition
At high OLRs a significant fraction of biomass became dispersed in the liquid above 
the biomass bed because of the extra turbulence caused by high gas productions (up to 
400 ml/min). This caused many more granules to enter the top section of the reactor. 
Some remained floating at the top of the reactor due to adherent or entrapped gas 
bubbles, and if drawn into the BA monitor sample line caused BA monitor blockages. 
This problem, although previously observed, was particularly severe during the latter 
stages of Experiment 5. For this reason a gas / solid separator was added (see Figure 
3.11).

<±
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3 off M5x16 Pozi Pan Hd Screws

Figure 3.11 Gas / solid separator (G/SS).
Note - the copper wire is to hold the BA sample tubing in place (as was for Experiment 6). 
Holes are to accommodate temperature and pH probes.

3. Change sampling location for BA.
It was observed that the recycle flow (1.4 1/min) contained a reasonably high 
concentration of particles (compared to other liquid areas at the top of the reactor). For 
this reason it was decided to take the BA sample from the opposite side of the reactor
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(sample tubing held in place by copper wire on Figure 3.11, also see point 10, Figure 
3.1), where suspended solids should be at a minimum.

4. The reactor was emptied and re-seeded with 15 litres of sludge (from Tate and Lyle 
Citric Acid plant, Selby, N. Yorkshire, UK). These granules had been collected at the 
same time as those used for Experiment 5 (23/08/01), but had been stored, sealed, in a 
refrigerator since then.

5. The simulation model on which the optimisation was based needed to be changed to 
reflect the change in control action. Otherwise, the controller structure was the same. 
More details are available in Premier (2003).

3.8.6 Experiment 6

3.8.6.1 Description of Experiment 6

Experiment 6 ran from the 26/02/02 to the 17/06/02. Experiment 6 consisted of a start 
up phase lasting seventy-three days, a change of HRT, two OLR step change 
experiments, the removal of the control system and one organic step change experiment 
with no control (for details see Sections 3.8.6.1.1 - 3.8.6.1.5).

BA dosing was used as the control action. The OLR was controlled manually, 
according to operator expertise and relevant on and off-line data. The OLR was kept 
steady for periods of at least one week, and increased or decreased based on reactor 
performance. BA solution (4000 mgCaCO3/l) was dosed automatically (initially at a 
range of 0 - 20 ml/min) according to the on-line BA data in relation to a pre 
determined (changeable) B A setpoint. Thus the majority of blockages / malfunctions in 
the BA monitor did not jeopardise reactor operation as they simply meant that the 
maximum dose of B A was pumped through the reactor.

There was no stoppage of reactor operation throughout Experiment 6, and each sub- 
experiment represents a period of time within that continuous operation in which a 
particular test was carried out. As such, only estimates of sludge volume etc. could be 
made between each sub-experiment. It is also important to note that for each sub-
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experiment, the bacterial populations were a product of their immediate history (i.e. 

potentially very different at the beginning of Experiment 6.1 and the beginning of 
Experiment 6.5).

There was some overlap of data as each sub-experiment ran into another, with the same 
data being used at the end of one experiment and at the start of another. This was 
necessary to properly observe trends in the data.

3.8.6.1.1 Experiment 6.1 (start-up)

The start-up phase of Experiment 6 was Experiment 6.1. Data from a seventy-three day 
period, from the 26/02/02 to the 09/05/02 were analysed. For Experiment 6.1 the 
reactor was initially seeded with 15 1 of UASB granules, but for reasons described in 
Section 5.2 this was reduced to 7 1 before feeding commenced. Initially TS and VS 
values were 108.3 and 67.7 g/1 of settled sludge respectively, but after flushing the 
reactor through with water for a five-day period immediately before starting up, these 
values were reduced to 104.9 and 36.6 g/1 respectively.

Upflow velocity (Vup) and hydraulic retention time (HRT) were initially approximately 
4.8 m/h and 22 hours respectively, so that this start-up could be compared with 
previous attempts. The new BA monitor was calibrated over the range 0 - 3000 
mgCaCOs/l, to an R2 value of 0.994.

3.8.6.1.2 Experiment 6.2 (HRT change)

Experiment 6.2 ran from hours 1993 - 2224 of Experiment 6 (10:00 on 20/05/02 until 
01:00 on 30/05/02). On the 22/05/02 at 10:23 hours the HRT was approximately 
halved (from 22 to 11.2 hours). This was done by doubling the volume of water/BA 
solution added, by connecting to the inflow tubing a second channel of identical 
peristaltic tubing from the BA and water tanks, through the pump-heads. The flow rate 
and strength of the feed concentrate solution and hence the OLR remained the same. 
The inflow volume increased from an average of 23 ml/min to an average of 44.6 
ml/min. Upflow velocity, although increased a little, was not significantly affected
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(4.87 m/h from 4.78 m/h). All subsequent experiments were carried out at this HRT 
(11.2 hours) and Vup (4.87 m/h).

3.8.6.1.3 Experiment 6.3 (OLR step-change 1)

On 30/05/02 at 12:40 hours the OLR was raised from 10 to 28 kgCOD/mVday for 12 
hours, until 00:40 hours on 31/05/02 by increasing the RPM of the feed concentrate 
pump. The period around this OLR change (00:00 hours on 25/05/02 to 23:00 hours on 
05/06/02) was analysed and was Experiment 6.3. Throughout and for the twelve 
hours after the period of raised OLR (12:40 hours on 30/05/02 to 12:40 hours on 
31/05/02), off-line gas and liquid samples were taken hourly (or at least every two 
hours). The gas samples were analysed immediately (see Section 3.7.2), and liquid 
samples were frozen for later COD and VFA analysis (according to the methods 
described in Section 3.7.3 and 3.7.4).

3.8.6.1.4 Experiment 6.4 (OLR step-change 2)

On 06/06/02 at 15:15 hours the OLR was raised from 11.8 to 32.4 kgCOD/m3/day for 
12 hours, until 07/06/02 at 03:15. As for Experiment 6.3 this was done by increasing 
the RPM of the feed concentrate pump. The period around this OLR change (00:00 on 
02/06/02 to 23:00 on 10/06/02) was Experiment 6.4. Throughout and for the twelve 
hours after the period of raised OLR, off-line gas and liquid samples were taken hourly 
(or at least every two hours). The gas samples were analysed immediately, and liquid 
samples were frozen for later COD and VFA analysis.

3.8.6.1.5 Experiment 6.5 (removal of control and OLR step-change 3)

Experiment 6.5 was an OLR step-change without the BA controller but with the 
continuous addition of BA solution. Experiment 6.5 ran from 00:00 on 08/06/02 to 
19:00 on 17/06/02 (hours 2439 to 2669 of Experiment 6). On 11/06/02 at 10:50 hours 
the control loop was disconnected from the reactor rig by switching the BA solution 
and water pumps from automatic (controlled by the controller) to manual. The strength 
of the BA solution (2700 mgCaCO3/l) was representative of the average moles of 
NaHC03 added by the controller during periods of steady operation since the HRT had
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been lowered to 11.2 hours. The water pump was set to 0 RPM and the BA pump set to 
deliver the constant (approximately 43 ml/min) flow of 2700 mgCaCO3/l bicarbonate 
solution required to keep hydraulic factors consistent.

On 13/06/02 at 11:00 the OLR was increased (by changing the feed concentrate pump 
RPM manually) from 13 to 32.9 kgCOD/nrVday for a period of 12 hours (lowered on 
13/06/02 at 23:00). Off-line gas and liquid samples were taken hourly (or at least every 
two hours) throughout and 12 hours after the period of raised OLR.
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4.0 USING ON-LINE BICARBONATE ALKALINITY 

MEASUREMENT TO AUTOMATICALLY 

CONTROL ORGANIC LOADING RATE OF AN 

EGSB REACTOR

4.1 Experiment 1

Problems were anticipated due to:

• The unpredictability of the bacteria, due to twelve months storage. The inoculum 

would need some time to acclimatise to the new feed.

• The fact that the controller had never before been used on a real system. The 

adaptive controller was initialised using a model, before being switched to on-line 

data. This allowed the duration of the initial learning' and settling of the control 

system to be reduced. The model used, however, was based on data from fluidised 

bed digesters previously working in the University of Glamorgan Wastewater 

Treatment Laboratory. These reactors had been running for several years, and were 

very efficient (OLRs up to 40 kgCOD/mVday, (Guwy et al, 1997)), perhaps not at 

all indicative of a 'faltering' start-up culture.

• The EGSB reactor (and the extended reactor rig, including pumps and monitoring 

devices) had never before been used, so any minor design flaws or unexpected 

problems would become apparent during this experiment.

It was planned that the experiment progressed unaided, apart from regular checks and 

maintenance of equipment and the taking of samples for off-line analysis. Due to 

various problems, however, data from this period is rather fragmented. Some of the 

problems encountered, their effect on the system, and their solutions are listed below.
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Table 4.1 Problems encountered in Experiment 1: Their effects and solutions.

PROBLEM EFFECT SOLUTION
Foaming in 
Acidification 
chamber of 
BA Monitor

Blocked gas tubes, 
causing false reading

Added antifoam manually

Gas escaping 
from reactor 
headspace

Much gas production 
visible, but zero being 
recorded

Switched off all pumps, glued top rim 
of headspace

Gas escaping Much gas production 
visible, but zero being 
recorded

By elimination of other possibilities, 
took apart CO2 meter. Made it gas- 
tight

Liquid leak in 
upper section 
of reactor

Stopped all 
overnight

pumps Drained reactor to below level of leak, 
and glued

Further 
foaming in 
Acidification 
chamber of 
BA monitor

Stopped monitor, approx. 
1 day

Added antifoam, now continuously 
pumping into acidification chamber of 
BA Monitor. Recalibrated monitor 
with new flow.

Frequent 
tubing 
blockages in 
BA Monitor,

Monitor failure Unblocked or replaced tube

Liquid level 
of reactor 
dropped 
below recycle 
port

Gas being recycled. 
Possible damage to 
granules. BA Monitor had 
no sample to run on

Made U-bend exit pipe higher (Point 
12, Figure 3.1). Increased BA and 
water inflow to fill reactor quickly

BA Monitor 
CC>2 ran out

A BA signal of zero was 
recorded until cylinder 
was replaced______

Connected and calibrated flow of new 
cylinder

Despite all of these problems, however, some useful information about the 
characteristics of the process and the behaviour of the controller was obtained. Figure 

4.1 shows an example of the data logged by the system.

The voltage sent to the feed concentrate pump (0 - 5 V) corresponds to an OLR of 0 - 
16 kgCOD/m3/day (Figure 4.1). It can be seen that the controller appears to reasonably 

successfully control the voltage sent to the feed concentrate pump (and thus the OLR) 
in such a way as to keep the on-line BA signal as close as possible to the BA setpoint.
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Figure 4.1 BA setpoint / BA signal / voltage to feed concentrate pump, 
Experiment 1.

It is evident from this experiment that the adaptive controller acts correctly in that when 
the on-line BA was above the BA setpoint, the OLR provided increased, and when the 
BA signal was below the BA setpoint the OLR was decreased. This early indication 
suggested the control system could prove successful. At 1057 minutes (04:53 on 
09/11/99), however, the BA measured value experienced a sudden drop due to a 
blockage in tubing in the BA monitor. At 11438 minutes (09:45 on 16/11/99) the BA 
measured value dropped dramatically and remained so until minute 13186 (14:52 on 
17/11/99). This was due to the BA monitor running out of CO2 required to saturate the 

samples.

The total solids (TS) and volatile solids (VS) values before and after the experiment 

remained very similar (75.0 and 50.0 g/1 of settled sludge before, and 76.7 and 50.3 g/1 

of settled sludge after), as did the biomass volume (7 1 before and 6.75 1 after), 
indicating that aside from a small amount of washout there was little change in the 

settling characteristics of the granular sludge. It is also apparent from the immediate 

change in liquid phase on-line characteristics that there is good mixing within the 

reactor.
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4.2 Experiment 2

On 08/03/00 the BA setpoint was put at 2500 mgCaCO3/l. The controller was 

initialised and the experiment was started. The MatLAB™ setpoint was decreased 

stepwise to 2000 mgCaCO3/l (13:50 hours on 13/03/00, hour 123 of experiment). 

Further minor changes in BA setpoint were made throughout the Experiment. As in the 

first start-up, it was planned that the experiment progressed unaided, apart from regular 

checks and maintenance of equipment and the taking of samples for off-line analysis. It 

was expected that after a period of acclimatisation, the bacteria would utilise an 

increasing amount of feed solution until an approach to steady state operation was 

apparent. After six weeks no such increase was observed, so it was decided to attempt 

to push the process by decreasing the BA setpoint stepwise from 2300 mgCaCOs/l on 

hour 744 to 1800 mgCaCO3/l on hour 886 (see Figure 4.2).
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Figure 4.2 BA setpoint / BA signal / OLR relationship, Experiment 2, 

(hour 745 - end).
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The result of this attempt was positive, the OLR attaining higher average values than 
those reached in previous weeks (mean OLR for weeks 1 and 2 (hours 0 to 336) = 1.45 
kgCOD/m3/day, compared to 2.15 kgCOD/m3/day for weeks 5 and 6 (hours 672 - 
1008). However, as Figure 4.2 shows, steady state reactor operation was never 
reached. The OLR was constantly fluctuating between high (up to 13 kgCOD/mVday) 
and almost zero. With the range of fluctuations increasing, the feeding pattern was 
approaching a batch-feeding scenario, rather than the desired continuous feeding at an 
acceptable OLR. The corresponding specific loading rate (SLR) range was 0 
kgCOD/kgVS/day to 3.34 kgCOD/kgVS/day. This compares with literature values for 
EGSB reactors of 0.8 kgCOD/kgVSS/day (Jeison and Chamy, 1999) and 0.6 
kgCOD/kgVSS/day (Kato et al., 1997) both treating ethanol substrates. However, it 
was expected that the activity of the biomass would be low at this stage, so these higher 
specific loading rates could potentially be damaging. The range of OLRs applied was 
low compared to other high rate reactors. EGSB reactors installed by Biothane 
Corporation (a major anaerobic digester system supplier) treating sugar beet waste have 
operational OLRs of 21.3 kgCOD/nrVday and 22.8 kgCOD/nrVday, while examples of 
OLRs applied to UASB systems installed by the same company to treat sugar beet 
waste are 9 - 22.5 kgCOD/m3/day (mean = 15 kgCOD/nrVday, n = 11) (Biothane 
Corporation website, <www.biothane.com/globalmap.asp>, [accessed 25th February 
2003]).
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Figure 4.3 COD of influent and effluent in Experiment 2.
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Figure 4.3 shows the effluent COD against the COD of the influent (on occasions when 
influent samples were taken). It can be observed that a reasonable rate of COD 
removal was maintained throughout the experiment. Mean COD removal throughout 
the experiment was 75.9 %. Throughout the experiments described in this work the 
effluent COD samples were analysed for 'total COD'. This means that the effluent 
samples were not filtered prior to being analysed. Therefore suspended solids in the 
sample, (of which there were plenty, especially at periods of higher OLR), would have 
significantly contributed to the effluent COD. For this reason it is only possible to 
estimate the proportion of the effluent COD due to other COD contributors (un- 
degraded feed, SMPs and degradation intermediates such as VFAs). Had each effluent 
sample been analysed for suspended solids prior to analysis, their effect on the COD 
value could be estimated. Had the effluent samples been filtered before analysis, a 
truer story of the COD efficiency of the process at degrading the feedstuff could have 
been achieved.

Some useful data can also be extracted from the on and off-line data recorded during 
this experiment. In particular, the correlations between OLR and each of the on-line 
parameters (including BA, pH, total gas production, CO2 percentage) can be clearly 
observed. For example, from Figure 4.4, it can be seen that the volume of gas produced 
mirrors the OLR. The minor 'dips' that can be seen in the gas production data are the 
result of sampling. It should be noted that gas production can be associated with 
mixing (see Section 2.3.3.1).
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Figure 4.4 OLR / gas production in Experiment 2 (hours 690 - 800).

Figure 4.5 shows the OLR against the percentage of carbon dioxide present in the 
reactor headspace. It can clearly be seen that the pattern of the OLR is mirrored by the 
concentration of the carbon dioxide. This is not surprising given the easily degradable 
nature of the feed solution.

—— OLR (kgCOD/m3/day)
—— %CO2

529 667 
PERIOD (Hours)

Figure 4.5 Hourly mean OLR against hourly mean carbon dioxide percentage 

in Experiment 2 (hours 317 - 841).

117



3000

2500

Off-line BA (mgCaCO3/l) 
On-line BA (mgCaCO3/l)

10 20 30 40 
Sample

50 60 70

Figure 4.6 Relationship between on- and off-line BA during Experiment 2.

Figure 4.6 represents the relationship between the on- and off-line BA throughout 
Experiment 2. It can be observed that the pattern of the on and off-line BA fluctuations 
is (usually) similar. It can also be observed that the off-line BA is always lower than 
the on-line BA. This should be expected to a certain extent due to the fact that 
dissolved CO2 in the sample is constantly escaping into the atmosphere between 
sampling and off-line analysis, altering the samples equilibrium. Also the BA monitor 
should provide a 'truer' alkalinity reading than the off-line method, due to the fact that 
the method is not affected by VFA interferences or weak anions, as it is the bicarbonate 
ions alone which evolve gas with the addition of acid (Guwy, 1996). The main feature 
of note about the relationship between the two recorded values was that the difference 
between them constantly varied. The off-line BA at any time is 200 - 700 mgCaCO3/l 
lower than the on-line value, despite the accurate calibration of each before the 

experiment began.

For Experiment 2, the ultimate goal was to see if the model reference adaptive 
controller (MRAC) together with the BA monitor could actually control the start-up of 
an anaerobic digester, or form the basis of a system that could control one. The second 

start-up experiment showed that:
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- The present BA monitor was too old to be reliable (see Section 3.4.1).
- The un-damped or dynamic characteristics of the controller combined with the 

readily degradable nature of the substrate led to a cycle of loading rate oscillations.

Thus a reliable BA monitor together with a similar but less 'oscillatory' control system 
might successfully control an anaerobic digester.

4.3 Experiment 3

A third start-up experiment was carried out from 26/03/01 to 07/06/01. 

4.3.1 Comparison of reactor behaviour during weeks 1,4 and 8

Figure 4.7 presents the relationship between the BA setpoint, the on-line BA and the 
organic loading rate during the first 4.5 days of operation (approx.), while Figure 4.8 
presents the same parameters over a similar time span in the fourth week. In the first 
week the BA signal appeared to increase suddenly by approximately 300 mgCaCOs/l 
(point A on Figure 4.7). This irregularity was caused by a sudden change in the 
position of the BA monitor's U-tube (point j, Figure 3.5). When the tube was secured 
back in its original position (point B, Figure 4.7) the BA dropped by a similar amount 
to the original value, as indicated in Figure 4.7.
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Experiment 3, (minutes 437 -7 337).

A - change in position of B A monitor's U - tube, B - U - tube secured back in its 
original position.
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Figure 4.8 BA signal / B A setpoint / OLR relationship during fourth week of 

Experiment 3, (minutes 31 639 - 38 538).

The two data series illustrate clearly that the controller increased the OLR in such a 

way as to progressively develop the methanogenic population. It can be seen from 

Figure 4.8 that the average OLR had increased compared to that of Figure 4.7, the mean
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OLR increased from 3.3 kgCOD/m3/day in the first week to 6.53 kgCOD/mVday in the 

fourth week. The recovery rate, for comparison, was taken as the time for the on-line 

BA value to rise from 1500 to 1700 mgCaCO3/l. Between minutes 4817 and 6067 (on 

Figure 4.7) it can be seen that this rise in BA took 20 hours 50 minutes, in the fourth 

week (Figure 4.8) the same rise in BA took only 6 hours 6 minutes (minutes 35 427 - 

35 792). As the same strength and volume of BA solution was being dosed throughout, 

an increase in the rate of BA rise was assumed to be related to the rate of VFA 

degradation according to Equation 2 (Section 2.1.5).

85130 86130 87130 88130 

PERIOD (Minutes of Experiment 3)

Figure 4.9 BA signal / BA setpoint / OLR relationship during eighth week of 

Experiment 3, (minutes 83 130 - 90 030).

Figure 4.9 presents the relationship between the BA setpoint, the on-line BA and the 

organic loading rate during the eighth week of reactor operation. It can be clearly 

observed that the recovery time, as described earlier, has been further reduced (53 

minutes on day 61, 31 minutes on day 62). The average recovery time throughout 

Figure 4.9 was 48 minutes. It is also apparent that the mean OLR had increased (mean 

OLR in Figure 4.9 = 11.33 kgCOD/m3/day), although it still fluctuated between 2 and 

35 kgCOD/m3/day.
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Figure 4.10 OLR / pH relationship during first week of Experiment 3, (minutes
437-7337).

Additional information on performance during week 1 of Experiment 3 is presented in 
Figures 4.10 and 4.11. Throughout the period shown in Figure 4.10 the pH was always 
maintained above 6.6, and BA was successfully maintained over 1350 mgCaCOs/l 
(Figure 4.7).
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It can be observed from Figure 4.11 that at the start of the experiment (minutes 437 - 
2437, Figure 4.11) concentrations of all individual VFAs were relatively low. Between 
minutes 437 and 1855 when the OLR was 2 kgCOD/nrVday the acetic acid 
concentration was reasonably steady around 110 mg/1, while the n-butyric acid 
concentration which was initially 214 mg/1 decreased to 135 mg/1. Between minutes 
2635 and 2754 the OLR was raised to 13.8 kgCOD/m3/day, subsequent samples 
revealed an n-butyric acid accumulation to a concentration of 575 mg/1. Acetic acid 
was also observed to accumulate, to 255 mg/1. The next samples taken, at minutes 
3347, 4322, 4502 and 4707, during a period when the OLR was steady at 2 
kgCOD/m3/day except for a brief (3 hour) rise to 7 kgCOD/m3/day, clearly illustrate the 
degradation of the high concentration of n-butyric acid and formation of acetic acid. 
The concentration of n-butyric acid fell from 575 mg/1 at minute 2877 to 22 mg/1 at 
minute 4502, with a rise in acetic acid concentration from minute 2877 (255 mg/1) to 
minute 4502 (557 mg/1).

A possible reason for the n-butyrate accumulation after minutes 2635 - 2754 when the 
OLR was raised is that due to the OLR rise being more drastic than had previously been 
seen in this start-up attempt, the OLR rise caused a surge in hydrogen production due to 
the rapid growth of acid-forming bacteria on sugars, and the resultant swift (within 2 
hours - Mosey and Fernandes, 1989) conversion of sugars to VFAs, carbon dioxide and 
hydrogen. Rather than the hydrogen surge being brief due to the immediate 
consumption of the hydrogen by lithotrophic methanogens as it would be in normal 
operation, the lithotrophic methanogenic population (which had so far only developed 
as much as the thus far limited OLR [and thus probably limited amount of hydrogen] 
would allow) could not use the hydrogen as quickly as it was being produced. Thus 
until the hydrogen utilisation exceeded the hydrogen production, and the hydrogen 
concentration began to be reduced, it could have been the case that the hydrogen 
concentration stayed sufficiently high so as to be inhibitory to the butyrate degrading 
(obligate hydrogen producing acetogenic) bacteria. Thus, as the lithotrophic (hydrogen 
using) methanogenic population (which have a doubling time of 6 hours - Mosey and 
Fernandes, 1989) developed, the hydrogen accumulation would have been gradually 
reduced. Butyrate degradation is inhibited at high levels of hydrogen (Mosey, 1983), 

and so would begin to be degraded (to acetate) as the accumulated hydrogen was used
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up. This explanation is supported by Nachaiyasit and Stuckey (1995) who state that the 
accumulation of butyrate is likely to coincide with prolonged accumulation of 
hydrogen, which according to the same authors is only likely when the activity of the 
hydrogen scavenging methanogens is suppressed (most commonly by low pH). As the 
pH in this instance was above 6.6 and would not have suppressed the lithotrophic 
methanogens, it is hypothesised that hydrogen accumulated due to the lithotrophic 
methanogens not yet being present in sufficient numbers to utilise the hydrogen as fast 
as it was being produced by the raised OLR. Thus the hydrogen concentration would 
have stayed high until either the OLR lowered, or until the lithotrophic bacterial 
population was developed to such a level as to utilise the hydrogen as fast as it was 
produced.

The high n-butyric acid concentration observed between minutes 2877 and 3347 
(Figure 4.11) could possibly be explained using the comments of Grobicki and Stuckey 
(1991), who (in common with Mclnerney and Bryant, 1980) suggest that when acetate 
levels are high, n-butyric is used as a 'store' until it is once again possible for the acetic 
acid to be degraded. In the case of a start up, butyric acid may act as a 'store' for acetic 
acid until a sufficiently large culture of aceticlastic methanogens has had time to 
develop (or until a sufficiently large culture of butyrate degraders had time to develop - 
or until hydrogen concentrations lowered to such a level as to allow degradation of 
butyrate to commence). The accumulation of acetate could indicate that the aceticlastic 
methanogenic population (and / or the butyrate degrading bacteria) within the reactor is 
being built up from a small number of bacteria present.

The concentration of /-butyric acid increases throughout the time period displayed in 
Figure 4.11, reaching a maximum of 179 mg/1 at minute 7327. From minute 4322, the 
/-butyric acid concentration was greater than the n-butyric acid concentration. This 
could be due to the isomer forms of organic acids (/-butyric, /-valeric) having much 
slower decomposition rates than their respective straight chain versions (n-butyric, n- 

valeric), perhaps due to structural differences, as observed by Wang et al, (1999). 
Throughout this period /-valeric was present in higher concentrations than n-valeric, but 
the concentrations of both did not exceed 10 mg/1. The precision of the GC method 
was 3 - 5 % rsd (relative standard deviations) (Cruwys et al, 2002).
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Inane et al, (1996; 1999) and Pavlostathis et al., (1997) state that the accumulation of 
propionate plays an important role during start-up, while Wiegant and de Man, (1986) 
suggest that propionate degradation is often the rate-limiting step in the start-up phase. 
Propionic acid is quoted as being the most toxic VFA to methanogenic bacteria (Hanaki 
et al, 1994). Throughout the period displayed in Figure 4.11 the propionic acid 
concentration did not accumulate, and reached its maximum concentration of 28 mg/1 at 
minute 3347. As propionate degradation to acetic acid is inhibited by high hydrogen 
concentrations (Pavlostathis et al., 1997; Kaspar and Wuhrmann, 1978), and propionate 
concentration remained low throughout, it is suggested that propionate production 
remained minimal. Inane et al., (1999) suggest that the accumulation of propionate at 
start up and periods of instability was caused not by a rise in hydrogen concentration as 
was previously suggested, but by a shift in the dominant acidogenic bacteria. In this 
case it seems the dominant acidogenic bacteria remained the butyrate producers. It has 
been previously observed (Cohen et al., 1984) that in cases of high butyrate production 
low formation of propionate was found and vice versa. Therefore it seems that for this 
period conditions favoured butyric acid producers rather than propionic acid producers.

Another possible explanation is that the propionate and butyrate producers were 
working equally well, and the propionic degrading bacteria were degrading the 
propionate as quickly as it was being produced, whereas the butyrate degraders were 
stressed and could not match the levels of production. Given the conditions, however, 
it is unlikely that either propionate or butyrate degraders were functioning well, as both 
propionate and butyrate degraders are reported to be inhibited by high concentrations of 
hydrogen (Pavlostathis et al., 1997; Kaspar and Wuhrmann, 1978; Boone and Xun, 
1987). From the free energy of reaction it could be expected that acidogens can tolerate 
much higher levels of hydrogen concentrations than acetogens (Voolapalli and Stuckey, 
2001), which would suggest that were the hydrogen concentration to steadily rise, the 
production of propionate and / or butyrate would continue long after the degradation of 
those two organic acids to acetic acid had been inhibited.
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Figure 4.12 OLR / pH relationship during fourth week of Experiment 3, 

(minutes 31 639 - 38 538).

Further data on parameters during the fourth week of Experiment 3 are given in Figures 

4.12 and 4.13. Throughout the period displayed in Figure 4.12 the pH was maintained 

above 6.6 except for the period between minutes 37 802 and 38 024, when a brief 

sudden increase in OLR (to 25 kgCOD/m3/day) caused the BA (see Figure 4.8) and the 

pH (see Figure 4.12) to decrease briefly. Despite this brief trough in BA, the on-line 

BA was successfully maintained above 1000 mgCaCCVl (Figure 4.8).

Throughout the period displayed in Figures 4.8, 4.12 and 4.13, all bacterial populations 

appeared to be co-existing well, with conditions satisfactory for all and relatively low 

levels of VFA accumulation (Figure 4.13). This conclusion is supported by the mean 

COD removal for the period which was 88 %.
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Figure 4.13 OLR / Individual VFA concentration during fourth week of 

Experiment 3, (minutes 31 639 - 38 538).

As described previously, there was a considerable increase in the OLR delivered to the 

reactor in the fourth week (mean OLR = 6.53 kgCOD/m3/day) compared with the first
•^

week (mean OLR 3.3 kgCOD/m /day). This was to be expected due to the on-going 

development of the biomass in relation to the reactor, the reactor conditions (eg Vup), 

the feed composition, and the feed strength / frequency of delivery. Figure 4.13 shows 

that acetic and n- and i-butyric acids were present in lower concentrations than they 

were in the first week (Figure 4.11), despite the reactor treating approximately double 

the amount of waste. Propionic, n-valeric and /-valeric acid concentrations were 

similarly low in the first and fourth weeks. Propionic acid remained less than 40 mg/1 

throughout both periods, while the concentrations of n- and /-valeric acids did not 

exceed 10 mg/1.

With regard to the trends of acetic and n-butyric acids, it can be seen that n-butyric 

reaches its maximum (123 mg/1) at minute 33 443 (Figure 4.13), this concentration is 

still lower than the concentration of acetic acid which accumulated to 322 mg/1 at the 

same time. Acetic acid is considered to be the predominant VFA present in normal 

operation, comprising 50 - 90 % of the total (DiLallo and Albertson, 1961). The fact 

that acetic acid concentration remains higher than the n-butyric acid concentration 

indicates that the system was operating reasonably smoothly with no bacterial group
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being particularly stressed. The fact that acetate accumulates less than in week 1 
(Figure 4.11) and therefore was degraded more quickly (it is assumed that its 
production was not inhibited due to the adequate pH [see Figure 4.12] and buffering 
capacity [see Figure 4.8]), despite significantly higher OLRs for longer periods than at 
the start of the experiment (Figure 4.11) means that the aceticlastic methanogenic 
population was developing. The fact that ^-butyric acid concentration stayed low and 
did not accumulate perhaps means that the fermentation of sugars straight to acetate 
(rather than through higher acids) is beginning to become the dominant degradation 
route. The efficient scavenging of hydrogen by lithotrophic methanogens can promote 
the fermentation of sugars directly to acetate, bypassing the formation and breakdown 
of higher acids (Mosey and Fernandes, 1989). The populations of obligate hydrogen 
producing acetogens (butyrate and propionate degraders) are at ease with the substrate 
and hydrogen levels generated in this range of OLRs, and therefore show no signs of 
stress. All indications are that a more robust bacterial culture is present in the fourth 
week than in the first.

Measurements of VFAs in stable continuously operating systems show varying levels 
of acetic acid (according to specific conditions), but very low concentrations of 
propionic acid (Stronach et a/., 1986). Using this criteria, and the reasonably high and 
steady rate of COD removal it could be concluded that the reactor system was coping 
well with the feeding regime imposed by the controller, and perhaps moving towards 
steady state operation.
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Figure 4.14 OLR / pH relationship during eighth week of Experiment 3, 

(minutes 83 130 - 90 030).

As shown in Figures 4.9,4.14 and 4.15 by week 8 the mean OLR had further increased, 

although the OLR still oscillated between 2 and 35 kgCOD/m3/day. Again, despite the 

heavily fluctuating OLR the reactor pH (Figure 4.14) and BA (4.9) were for the most 

part kept within the desired ranges. No VFA assays could be undertaken between 

minutes 86 745 and 90 030 of Experiment 3.
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Figure 4.15 OLR / Individual VFA concentration during eighth week 

Experiment 3, (minutes 83 130 - 90 030).
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Although the repeated changing of OLR from high to low is undesirable in that it 
resembles a series of organic shocks it appears that by week 8 the bacterial population 
had become accustomed to the feeding regime, although granules appeared to be being 
damaged by the increased gas velocity at periods of high OLR (visual observation). 
There was considerable washout of these smaller particles at periods of higher OLR.

It can also be seen (Figure 4.15) that unlike in the first week, n-butyric acid did not 
accumulate. It reached its highest concentration of 58 mg/1 at minute 83 905. This 
could be due to the fact that surges in hydrogen were now brief, due to the well- 
developed lithotrophic methanogen population quickly utilising any hydrogen. The 
hydrogen concentration therefore would not remain at levels inhibitory to butyrate 
degrading bacteria for long enough to manifest an accumulation of n-butyrate as was 
observed in the first week of operation (Figure 4.11).

As in weeks 1 and 4, propionic acid did not accumulate and was present at steadily low 
levels throughout (maximum = 32 mg/1 at minute 83 905). Throughout the experiment 
the concentrations of /-valeric and n-valeric were consistently low (less than 10 mg/1). 
In contrast to week 1 (Figure 4.11), where it seemed that butyric acid producers were 
favoured over propionic producers (possibly due to high hydrogen concentrations), the 
varying OLR (and thus hydrogen concentration [not measured], pH and BA) observed 
in weeks 4 and 8 (Figures 4.13 and 4.15) ensured that neither bacterial group 
(propionate producers or butyrate producers) were provided with the necessary 
conditions to dominate the other, as neither propionate or butyrate accumulated in 
weeks 4 or 8 (Figures 4.13 and 4.15). The fact that neither propionate nor butyrate 
accumulated could simply mean that neither butyrate nor propionate degrading bacteria 
were in any way inhibited and that butyrate and propionate were metabolised as quickly 

as they were produced.

Again, in contrast to minutes 2635 - 3437 (Figure 4.11), where it is postulated that a 
poorly developed lithotrophic methanogen population was ill-equipped to utilise 
hydrogen as fast as it was being produced, resulting in n-butyric accumulation, by 

weeks 4 and 8 the efficient scavenging of hydrogen appeared to promote the
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fermentation of sugars directly to acetate, bypassing the formation and breakdown of 
higher organic acids, as observed by Mosey and Fernandes (1989).

From the data presented in Figures 4.7, 4.8 and 4.9 and Figures 4.11, 4.13 and 4.15, a 
clear development of the ability of the various microbiological groups to cope with the 
reactor conditions and feeding conditions can be observed.

4.3.2 Periods of loss of control

In Experiment 3 the periods between minutes 59 669 and 60 752 (during week 6) and 
minutes 65 547 and 68 007 (also during week 6) represent periods when the on-line 
control of the reactor was lost, with the data following similar trends in each period. 
Figures 4.16 and 4.17 present data from minutes 62 127 to 69 627 of Experiment 3, 
while Figures 4.18 and 4.19 display the data between minutes 59 427 and 65 127 of 
Experiment 3. For the purposes of discussion the period between minutes 62 127 and 
69 627 is described first.

The manner in which control was lost proved to be typical, and highlighted the major 
disadvantages of attempting automatic control in this way. Malfunctions in the BA 
monitor (initially caused by blockage due to washed out biomass) caused a high OLR 
to be dosed, which in turn caused the gas production to rise dramatically, creating a 
high back pressure and forcing the reactor liquid level beneath the BA monitors' 
sample point. Therefore the BA monitor, sampling on gas, falsely indicated to the 
controller that the on-line BA was very high. Although this period was disastrous with 
regards to the provision of automatic on-line control, the stresses imposed on the 
reactor biomass provide some interesting data that would not otherwise become 
apparent. Li particular, it is interesting to examine in more detail the individual VFA 
data throughout this period.
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Figure 4.16 OLR / pH during Experiment 3 (minutes 62 127 - 69 627).

A - added 2 1 of 30 000 mgCaCO3/l BA solution, B - added further 3 1 of 30 000 mgCaCO3/l 
BA solution, C - turned feed pump off, D - turned feed pump back on.

Figure 4.16 shows the reactor pH during minutes 62 127 to 69 627 of Experiment 3. 

The loss of the true on-line BA reading (around minute 65 425) caused the controller to 

set the OLR to maximum, which led to the reactor pH to dropping rapidly (Figure 

4.16), and the accumulation of VFAs (Figure 4.17). It can be seen that reactor pH was 

less than 5.5, the pH at which acidogens and acetogens start to become inhibited 

(Batstone et al., 2002), for a period of 11 hours (minutes 65 685 to 66 344 of 

Experiment 3). The lowest hourly average pH reached was 5.07 between minutes 65 

900 and 65 960. At points A (minute 66 331, 09:35 on 11/05/01) and B (minute 66 

511, 12:35 on 11/05/01) on Figures 4.16 and 4.17 the operator manually intervened and 

added 2 1 and 3 1 of 30 000 mgCaCCVl solution respectively. Between points C and D 

(minute 66 784,16:08 on 11/05/01 and minute 68 007, 13:30 on 12/05/01 respectively) 

the feed pump was stopped. Had the feed pump not been stopped a high OLR would 

have continued to be added to the reactor. Had manual action not been taken it was 

likely that the result would have been an unrecoverable souring of the reactor.
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Figure 4.17 OLR / Individual VFAs in Experiment 3 (minutes 62 127 - 69 627).
A - added 2 1 of 30 000 mgCaCO3/l BA solution, B - added further 3 1 of 30 000 mgCaCO3/l 
BA solution, C - turned feed pump off, D - turned feed pump back on.

As can be observed from Figure 4.17 the acetic acid concentration increases from a 
steadily low level (maximum acetic concentration for minutes 59 427 to 65 500 = 200 
mg/l, at minute 63 711) to a level of 855 mg/l (minute 66 340). Even after the 
bicarbonate solution was added manually, acetic acid concentration further increased to 
1583 mg/l by minute 66 776. It is possible that this level further increased in the hours 
immediately after this, before it returned to 722 mg/l by minute 67 977. At minute 66 
784 (point C, Figures 4.16 and 4.17) the feed pump was manually switched off. At 

minute 68 007 (point D, Figures 4.16 and 4.17) the feed pump was switched on again, 
and the OLR was once again provided automatically. It can be seen that between 
minutes 68 007 - 68 387 the acetic acid concentration is still descending from the 

period of raised OLR (20 hours earlier). This acetic acid may be present as a product of 
the degradation of the high concentration of n-butyric (1780 mg/l, minute 66 776) that 
had accumulated during the period of lost control. This n-butyric had decreased to 130 

mg/l by minute 67 977 by the activity of obligate hydrogen producing acetogens, 

indicating that lithotrophic methanogens were effectively lowering the hydrogen 

partial pressure.
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Many authors have suggested that during inhibition the propionic acid concentration 
rises (Marchaim and Krause, 1993; Inane et al, 1996, 1999). The use of propionic acid 
trends, or propionic acid : acetic acid ratios to indicate impending instability is well 
documented (Voolapalli and Stuckey, 1998). It can be seen from Figure 4.17 that 
although the propionic acid concentration rises in response to rises in the OLR, it 
remains at low levels (less than 70 mg/1 even after 20 hours at an OLR of 36.5 
kgCOD/mVday - and 12 hours at pH less than 6.0). The fact that propionic acid levels 
remain so low is interesting, considering the importance placed upon its accumulation 
by many authors in the search for the most efficient control parameters. In this case, 
the propionic does rise, but only from approximately 7 mg/1 to approximately 67 mg/1. 
This rise is minimal, when considered alongside the simultaneous rise of acetic acid 
concentration (from 28 mg/1 to 1583 mg/1), and n-butyric acid concentration (from 11 
mg/1 to 1781 mg/1).

The small accumulation of propionate that was observed (see Figure 4.17) could have 
been due to the fact that the propionate degrading bacteria became inhibited by the 
acetic acid concentration, which is reported to become inhibitory to propionate 
degraders when present in excess of 1400 mg/1 (Wang et al., 1999), (or 1000 - 1400 
mg/1 by Mawson et al., 1991) or possibly by the hydrogen concentration reaching levels 
inhibitory to propionic acid degraders. Inane et al., (1996), however, suggest that the 
propionate accumulation during start-up or overloading is not caused by high hydrogen 
partial pressure but rather is a result of a shift in the dominant species of acidogen. As 
previously mentioned, it is hypothesised that the fact that there was not a more 
pronounced accumulation of propionate could be due to the propionate producing 
bacteria already being inhibited (or at least out-competed by the butyrate producers due 
to the conditions).

As can be observed in Figure 4.17 the n-butyric acid concentration was low (maximum 
value = 186 mg/1, minute 62 352 of Figure 4.17) in the period of operation immediately 
before the loss of control (Figure 4.17, minutes 59 427 - 65 500). The pH during this 
period was maintained for the most part above 6.5 (although between minutes 62 530 
and 62 840 it decreased briefly to a minimum of 6.1), while the BA was maintained 
above 1000 mgCaCOa/l (although between minutes 62 530 and 62 840 it decreased 
briefly to a minimum of 444 mgCaCO3/l - measured off-line). The samples taken at
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minutes 66 340 and 66 591 show that after the OLR was raised to 36.5 kgCOD/mVday 
n-butyric acid accumulated, and continued to accumulate (at least) until minute 66 776, 
when its concentration was 1780 mg/1. As soon as the OLR was increased to 36.5 
kgCOD/m3/day the pH (which was 6.92 at minute 65 500) began to drop (see Figure 
4.16), despite the BA solution being added with the feed. By minute 65 542 the pH had 
descended beneath 6.5, and by minute 65 649 bulk liquid pH was less than 6.0 (the pH 
value at which lithotrophic methanogens and aceticlastic methanogens become 
completely inhibited (Batstone et al, 2002)). The pH remained less than 6.0 for 12 
hours between minutes 65 649 and 66 350 of Experiment 3. It must be noted that this is 
the pH in the bulk liquid. The pH inside the granule may be slightly higher (see 
Section 2.1.6).

The accumulation of n-butyric rather than propionic acid could be because at these low 
pH conditions the production of n-butyric acid was favoured. This would have been 
due to the fact that butyric acid producing bacteria are more resistant to low pH values 
(Inane etal., 1996; Nachaiyasit and Stuckey, 1995). As mentioned in Section 2.1.4 it is 
suggested that the butyrate forming bacteria are obligate hydrogen producing bacteria 
(eg Clostridia), acid tolerant bacteria that have retained the ability to produce butyric 
acid as a response to low pH values (Nachaiyasit and Stuckey, 1995). Although the 
hydrogen concentration would probably have been high, Propionibacteria (and 
Enterobactericeae) are reported to be unaffected by hydrogen partial pressure, but only 
have a limited tolerance to low pH values (Nachaiyasit and Stuckey, 1995). Inane et 

al, (1996) also report that propionic acid producers are inhibited by low pH.

Both propionic acid degraders (Pavlostathis et al., 1997; Kaspar and Wuhrmann, 1978; 
Boone and Xun, 1987) and butyric acid degraders (Pavlostathis et al, 1997) are 
inhibited by high levels of hydrogen (Mosey, 1983). So under the conditions observed 
between minutes 65 500 and 66 800 in Figures 4.16 and 4.17 the low pH, and probable 
high hydrogen concentration, would favour the production of butyrate rather than 
propionate. These high butyric concentrations at low pH values appear to confirm the 
hypothesis of McCarty and Mosey (1991) that at lower pH values, butyrate production 
is favoured over formate, acetate or propionate production, and that an increased 
production of butyrate instead of acetate might be one way in which microbial consortia 

combat high acidity (Nachaiyasit and Stuckey, 1997a).
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The concentration of /-butyric acid was less than 25 mg/1 throughout the period 
presented in Figures 4.16 and 4.17. Its concentration was not observed to increase 
during the period of raised OLR, remaining at 10 (+ 2) mg/1 between minutes 65 500 
and 66 800 (Figures 4.16 and 4.17). This is in contrast with the findings of Ahring et 

al, 1995; Cobb and Hill, 1991; Hill and Bolte, 1989; and Hill and Holmberg, 1988) 
who suggest /-butyric is a better control variable than the other VFAs.

The concentrations of i- and n-valeric acid were consistently lower than 10 mg/1, with 
n-valeric rising from 1 to 6 after 20 hours at the 36.5 kgCOD/m3/day OLR. Little 
import can be placed on these results as the accuracy of the VFA measurement method 
is quoted at 3 - 5 % rsd (Cruwys et al., 2002).

Strong and Cord-Ruwisch (1995) treating a glucose-based waste observed an 
immediate increase in acetic acid concentration once the digester was overloaded. 
Acetic concentration continued to increase before decreasing once butyric acid 
production started. As with this accidental shock, (Figures 4.16 and 4.17), Strong and 
Cord-Ruwisch (1995) observed only a slight production of propionic, /-butyric, /- and 
n-valeric acids.

The same individual VFA trends observed in Figure 4.17 (minutes 62 127 - 69 627 of 
Experiment 3) can be backed up by those observed between minutes 59 427 and 65 127 
of Experiment 3, displayed in Figure 4.19.
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Figure 4.18 OLR / pH during minutes 59 427 - 65 127 of Experiment 3.
A - stopped all pumps (10:50 on 07/05/01, minute 60 647), B - added 5 1 of 30 000 mgCaCO3/l 
BA solution (10:55 - 11:55 on 07/05/01, minutes 60 652 - 60 712), C - started pumps (12:35 
on 07/05/01, minute 60 752).

Similarly to the loss of control described above, this malfunction (approximately three 
days before the loss of control displayed in Figures 4.16 and 4.17) was caused by the 
BA monitor becoming blocked, and giving a false (high) signal, leading to a high OLR 
despite actual reactor conditions deteriorating. Before manual intervention on minute 
60 647 (point A, Figure 4.18 and 4.19) when all pumps were stopped, the reactor pH 
was less than 6.0 for over 13 hours, and less than 5.5 for 10 hours. Between minutes 60 
652 and 60 712 (point B, Figure 4.18 and 4.19) 5 1 of 30 000 mgCaCOs/l BA solution 
was manually added.
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Figure 4.19 OLR / Individual VFAs during minutes 59 427 - 65 127 of 

Experiment 3.
A - stopped all pumps (10:50 on 7/05/01, minute 60 647), B - added 5 1 of 30 000 mgCaCO3/l 
BA solution (10:55 - 11:55 on 07/05/01, minutes 60 652 - 60 712), C - started pumps (12:35 
on 07/05/01, minute 60 752).

It can be seen that the n-butyric acid concentration (at the time of sampling) reached 

3027 mg/1 (minute 61 047 of Experiment 3, Figure 4.19), considerably higher than the 

maximum measured concentration in the period shown in Figure 4.17 (1780 mg/1, 

minute 66 776 of Experiment 3, Figure 4.17). This difference could be attributed to the 

fact that the periods of the highest concentration in either graph did not correspond with 

the timing of the samples. Another explanation for the fact that the «-butyric acid 

concentration is higher in Figure 4.19 than in Figure 4.17 despite the maximum OLR 

being delivered for a longer period of time in Figure 4.17 is the immediate history of 

the sludge. Figure 4.19 represents minutes 59 427 - 65 127 of Experiment 3, and 

therefore occurs three days (approximately) before the period of raised OLR displayed 

in Figure 4.17. Perhaps this recent surge in VFA concentrations increased the amount 

and activity of VFA degrading bacteria in the reactor as observed by Find et al, (2003). 

i.e., given that the micro-organisms have already been subjected to a 'pulse' of high 

acetic and n-butyric acid, they are better placed to degrade further shock loads more 

quickly.
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When comparing the individual VFA concentrations in the periods that the reactor was 
judged to be working satisfactorily (Figures 4.8,4.12, 4.13 and 4.9, 4.14,4.15) with the 
individual VFA concentrations in the periods that the reactor was shocked (Figures 4.16 
and 4.17, and Figures 4.18 and 4.19) it is worth noting that at no stage did the propionic 
acid accumulate to a concentration greater than 104 mg/1 (hour 1017 of Experiment 3, 
minute 61 047 in Figure 4.19). It is accepted that propionic acid concentration is 
generally low during stable operation (Stronach et al, 1986), which was observed in 
this experiment, if the periods displayed in Figures 4.13 and 4.15 are accepted as stable 
operation. What is in contrast to the bulk of the literature (eg Stronach et al, 1986; 
Inane et al, 1999; Marchaim and Krause, 1993) is that during inhibition, or during 
periods of instability, (as displayed in Figures 4.17 and 4.19), propionic acid was only 
observed to accumulate to a limited degree. As has already been stated, however, 
(Section 2.9.2) and by several authors (Strong and Cord-Ruwisch, 1995; Voolapalli and 
Stuckey, 1998), it is not always the case that propionate accumulates during shock 
periods. In this case the reason that propionic acid did not accumulate is hypothesised 
to be that the low pH conditions favoured the production of n-butyric over propionic 
acid. The fact that propionate accumulation was minimal compared to acetate and n- 

butyric accumulation, and compared to the fall of pH and BA, would appear to throw 
weight behind the case against using propionic acid concentration (or any ratios based 
on it) as the sole indicator for control purposes.

43.3 Review of Experiment 3

Figure 4.20 shows the daily mean OLR and the percentage COD removal throughout 
Experiment 3. The high OLRs during days 14, 15, 43, 47, 68 and 69 were caused by 
BA monitor malfunctions leading the controller to believe reactor BA was considerably 
higher than it was. COD removal throughout the experiment was reasonable, with an 
average of 77 %. Obviously during periods of high OLR, followed immediately by the 
minimum OLR, percentage removal is not a good representation of reactor efficiency, 
and appeared very low. As mentioned previously, suspended solids in the effluent 
(especially at the periods of high OLR) will have significantly increased the effluent 

COD, and lowered the apparent COD removal efficiency.
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Figure 4.20 Mean OLR per day and percentage COD removal for Experiment 3.

As can be seen in Figure 4.20, there is arguably a gradual upward trend in the daily 
mean organic loading rate. In practice, the OLR changes every hour, and it is 
noticeable that despite this data being an average of the OLR each day, that there is still 
a significant 'oscillatory' pattern. The reactor was still being fed 'too much then too 
little'. The data (if regarded by minute) shows periods of gross overfeeding followed 
by long periods of no feed. Steady state operation was not reached. It was hoped that 
the controller could provide a steadier loading rate, so that BA, pH and other reactor 

parameters would not fluctuate so much.

It can be concluded that the control strategy maintained a BA buffering level over the 

first nine weeks of operation, during which time the OLR increased (mean OLR week 1 
= 4.8 kgCOD/nrVday, mean OLR week 9 = 10.3 kgCOD/m3/day) and the percentage 

COD removal values stayed respectable (mean percentage COD removal throughout 

weeks I -9 = 73.2 %). However, although the mean daily OLR was gradually raised 

throughout the experiment, the continuous extreme OLR variation was still present. 

The continual variations in loading rate seemed to not only hinder bacterial 

development, but were actually destructive, with the volume of settled granules falling 

from 8 1 at the start of the experiment to approximately 4.5 1 at the end. Total solids 

and volatile solids values of the reactor sludge were also reduced from 71.6 and 55.6 g/1 

before, to 63.9 and 42.1 g/1 at the end. Although each individual case must be
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separately analysed due to the sheer numbers of influencing factors, the reduction in 

biomass concentration observed here is perhaps not unusual. Three of the seven groups 

of researchers given in Table 2.3 finish their experiments with greatly reduced biomass 

concentrations. The average specific loading rate for week 1 was 0.324 

kgCOD/kgVS/day, by week 11 the mean SLR had risen to 1.358 kgCOD/kgVS/day, 

with a range of 0 - 5.24 kgCOD/kgVS/day. This represents an increase from the values 
for Experiments 1 and 2 (weekly mean OLR and percentage COD removal for 
Experiments 2 - 6.1 can be observed in Table 6.1, Section 6.1).

Although steady state operation was not achieved during this experiment, more promise 
was shown than in the previous two attempts. Continual loading rate variations, caused 

by a high 'gain' and a 'time-delay' in the controller, (the data the controller receives 
from the BA monitor already 45 minutes behind what is actually happening in the 
reactor due to the instrument response time), and sustained high OLRs caused by 

blockages to the BA monitor were thought to be the main reasons for the failure to 
reach steady state operation after 11 weeks.

As discussed in Section 4.3.2, the fact that propionate accumulation was minimal 
compared to acetate and n-butyric accumulation, and compared to the fall of pH and 
BA, would appear to throw weight behind the case against using propionic acid 
concentration (or any ratios based on it) as the sole indicator for control purposes.

4.4 Experiment 4

After Experiment 3, fundamental changes were made to the controller, (described 

briefly in Section 3.8.3.2), and computer simulations were run to assess its viability (G. 
Premier). These simulations indicated that a successful start-up should now be 

possible. On the basis of these simulations, a four-week 'trial' experiment (Experiment 

4) was performed to try to establish whether this controller could succeed.
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Figure 4.21 BA signal / BA setpoint / OLR in Experiment 4.

The link between the three parameters shown in Figure 4.21 is fundamental to the 
control process. The OLR is dependant on the measured BA in relation to the setpoint, 
and the measured BA is primarily influenced by the OLR provided. Figure 4.21 
illustrates the ease at which the whole 'process control equilibrium' can be disrupted by 
a malfunction (however brief) in the control instrument (Note - blockages in certain 
places (e.g. the u-tube, point j, Figure 3.5) result in the monitor over-reading the BA, 
while blockages in other places (e.g. flow d, Figure 3.5) result in under-reading. 
Blockages resulting in over-reading are more serious in terms of the implications for 
control, but both are disruptive to the control equilibrium. Obviously a control system 
utilised on an industrial scale would need to be much more robust, and not reliant on 
one single instrument. The presence of a control-device malfunction alarm system 
would also be beneficial. It can again be seen that the OLR changes implemented by 

the controller based on the data it receives were sensible.

Repeated BA monitor malfunctions (including the granule settler emptying, a crack 

appearing in the solenoid valve shaft, and blocks in tubing) giving an apparent BA 
signal well above the setpoint led to the controller feeding an OLR of over 30 
kgCOD/m3/day nine times in the space of 8 days (hours 132 - 319 of Experiment 4, see 

Figure 4.21). During periods of high OLR, the gas production was high (maximum
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value 250 ml/min). This caused an increase in superficial gas velocity (0.17 m/h to 
0.86 m/h), and an increase in the number of granules leaving the granule bed and rising 
to the top of the reactor due to gas entrapment (or adherence). Much biomass was 
being washed out of the reactor. By the end of the experiment the volume of settled 
granules was only 2.8 1, compared to 4.5 1 at the start. It was also observed that at the 
end of the experiment the granules were much smaller, possibly due to the increased 
superficial gas velocity at times of high OLR, which seemed (visual observation) to 
cause granule abrasion. The extent of biomass wash-out can be seen from the TS and 
VS values before and after Experiment 4 in Table 4.2.

Table 4.2 Volume, TS and VS values of the sludge before and after 
Experiment 4.

VOLUME OF
GRANULES
(litres)
Total solids
(g/1 settled sludge)
Volatile solids
(g/1 settled sludge)
Total solids
(g/1 working volume)
Volatile solids
(g/1 working volume)

START OF EXPT. 4
16/07/01

4.5

63.9

50.1

9.59

6.32

END OF EXPT. 4
09/08/01

2.8

42.1

30.3

3.34

3.93

Towards the end of the experiment (e.g., after hour 400) every attempt by the controller 
to raise OLR was immediately followed by a collapse in on-line BA, forcing the 
controller to immediately reduce the rate of feed. Due to the model used, the controller 
expected a certain 'level of performance' from the biomass and raised the OLR 
accordingly. However, presumably due to their diminished volume, the remaining 
bacteria could not match this expected performance. VFA was immediately
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accumulated and reactor BA immediately decreased, forcing the controller to slow the 
rate of feed addition.

100 200 300 400 
PERIOD (Hours)

500

Figure 4.22 OLR / pH in Experiment 4.

As can be seen from Figure 4.22, as the OLR went above 30 kgCOD/mVday nine 
times, each time the pH descended well below 6.5. As can be seen after hour 283 the 
OLR was 38 kgCOD/m3/day for 10 hours, followed 12 hours later by another 15 hour 
period at 38 kgCOD/mVday. This period of very high OLR, caused by the granule- 
settler emptying itself and remaining empty (see Section 3.8.4.2), and the BA monitor 
sampling on air, caused the reactor pH to fall beneath 6 for a period of 43 hours. The 
lowest point the pH reached was 4.62 (at time = 321 hours). After this an OLR rise 
over 5 kgCOD/nrVday caused the pH and BA to decrease rapidly and steadily until the 

OLR was lowered.
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Figure 4.23 OLR / COD of effluent in Experiment 4.

As observed in Figure 4.23 the effluent COD and hence COD removal is reasonably 

good during periods when the OLR is not overly high. The mean COD removal 
percentage during normal operation is 71.1%. It can be seen from Figure 4.23 that at 

hour 323 the effluent COD is very high. In an industrial situation this would lead to the 

breaching of consent values. It takes the bacteria a further 36 hours approx. to recover 

efficient operation. Again, in an industrial situation this would either force a large 

backlog of waste to be stored, or if such a storage facility was not present, stop 

production altogether.

This repeated 'organic shocking' led to high gas production (273 ml/min was the 

maximum hourly mean gas production, which gives 544 ml / litre of reactor / hour, or 

2592 1 / kgVS / hour). The amount of biomass washout increased dramatically (visual 

observation), seemingly caused by gas entrapment / adherence to granules, possibly as 

a result of the higher gas production. It is not possible to state categorically whether the 

subsequent poor performance was due solely to the small remaining volume of 

biomass, or whether it could be attributed to the effect of the long period of low pH on 

the methanogenic bacteria.

Again, it appeared that the BA monitor was not reliable enough to provide the sole data 

to control an anaerobic reactor. However, the main problems that presented themselves
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in this experiment, particularly the emptying of the settler were overcome and were not 

observed again (see Section 3.8.4.2). With regards to the controller, the experiment 
was deemed inconclusive as it was not adequately tested.

4.5 Experiment 5

The aim of this experiment was to start-up, reach steady state, and then perform a 
hydraulic shock and an organic shock on the reactor. The useiulness of the BA monitor 
/ adaptive controller to control any scenario likely to occur could then be evaluated.

Biomass retention problems during the start-up phase were anticipated. Sludge from 

the UASB reactor at a citric acid plant was used in this system for the first time. Aside 
from treating a different waste, this sludge had evolved to be efficient in a different 
reactor system. There were concerns over the settling ability of the UASB sludge when 
subjected to the increased upflow velocity of an EGSB system. It was observed that the 
granules were approximately half the size of those in the previously used biomass

As anticipated, the main problem observed during the start-up phase was biomass 
washout, this was particularly severe during periods of high OLR. During these 
periods, a high gas production (maximum hourly mean gas production = 350.7 ml/min, 
or 701 ml/litre of reactor / hour), caused a visible increase in mixing within the reactor, 
which was associated with granule disintegration. During the seven weeks of the 
experiment the BA monitor blocked 12 times, despite the presence of the granule 

settler. The volume of granules in the reactor when started up was approximately 8 
litres (see Section 3.8.5.1). 3 1 was removed on 26/11/01 (day 30 of experiment - to try 
and decrease the frequency of BA monitor blockage), and approximately 1.5 1 (of bad 
quality sludge) had been removed from the settler. By the end of the experiment the 
volume of granules in the reactor was only 3.5 1, with total solids and volatile solids 

values of 89.0 and 50.2 g/1 settled sludge (10.4 gTS/1 reactor and 5.7 gVS/1 reactor).

Speece (1996) reported the failure of UASB reactors fed on sucrose (OLR 16 
kgCOD/m3/day), due to the production of excess growth of non-methanogenic biomass 

which washed out. Speece states that this washout causes the activity of the
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methanogens to decrease considerably and the performance of the granules to gradually 

deteriorate, a trend observed throughout Experiment 5 (see Figures 4.25 and 4.27).

BA Signal 
BA Setpoint 
OLR

1 101 201 301 401 501 601 701 801 901 1001 1101 

________________ PERIOD (Hours)

Figure 4.24 OLR / BA setpoint / BA signal in Experiment 5.

A —» B - manually controlled period, C —* end - manually controlled period.

It can be observed from Figure 4.24 that the BA setpoint was lowered stepwise from 

2600 to 2100 mgCaCCVl over the first 122 hours of the experiment. For the next 100 

hours the steady on-line BA data permitted a steady OLR (10 - 12 kgCOD/m3/day). At 

this stage a successful start-up looked possible. However, at hour 222 a blockage of the 

tubing between the saturation chamber and the acidification chamber caused a drop in 

the BA reading followed by a subsequent drop in the OLR. From this point onwards 

the BA monitor was dogged by problems (many of which were caused by the washout) 

and the controller was not given a chance to control successfully. With the exception 

of a manually controlled period from hours 391 to 775 (point A to point B, Figure 4.24) 

during which the BA monitor was being repaired and re-calibrated and the OLR set 

manually, this consistently interrupted BA data meant that the OLR was never steady. 

By hour 1060 (point C, Figure 4.24) manual OLR control was resumed as it was clear 

that control would never be reached using such erratic BA data.
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Figure 4.25 TVFA / off-line BA in Experiment 5.
A - BA and reactor liquid level boosted for 60 minutes.

Figure 4.25 shows that throughout the course of the experiment up to point A, and also 

following point A, the off-line BA was decreasing. At hour 712 it was observed that 

the reactor liquid level was very low, due to a problem with the influent pumping 

system. It was decided to simultaneously re-fill the reactor and give the low (and 

decreasing) bicarbonate alkalinity a boost. 2000 mgCaCOs/l BA solution and water 

were pumped into the reactor at a rate of 50 ml/min (each) for 60 minutes. This action 

raised the BA from 800 mgCaCO3/l to approximately 1500 mgCaCO3/l. After this BA 

boost a steady decrease could again be observed.

At hour 780 on-line control was resumed. In response to the rising BA, the OLR 

started to increase around hour 800 (see Figure 4.24). Soon after this, (approximately 

hour 840) erratic BA monitor operation led to periodic high OLRs (up to 33.9 

kgCOD/m3/day). This accelerated the rate of BA decrease and caused the previously 

low and reasonably steady VFA levels (average before hour 840 = 103 mg/1, n = 57, 

std dev = 91) to rise (average after hour 840 =317 mg/1, n = 10, std dev = 203, 

maximum TVFA value = 631 mg/1).
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This combination of continuously decreasing BA and increasing VFA (after hour 840) 
indicates a gradual loss of control, with the reactor slipping gradually towards more 
acidic conditions. This observation can be backed up by the percentage COD removal 
data in the last 200 hours of Experiment 5, in Figure 4.26. Reasons for this could be 
that rather than becoming stronger, and adapting to the new feed, the remaining bacteria 
were being gradually weakened by the unsteady feeding regime, or simply that the 
biomass concentration in the reactor was continually decreasing. Assuming an 
approximate sludge volume of 5.75 1 (halfway between initial and final volumes), and a 
VS value of 43.4 g/1 settled sludge (halfway between initial and final values) the SLR 
range was 0.24 - 4.08 kgCOD/kgVS/day. 4.08 kgCOD/kgVS/day is at the high end of 
the range of SLRs listed for UASB reactors in Table 2.3.
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Figure 4.26 OLR / percentage COD removal in Experiment 5.
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Figure 4.27 On-line pH / off-line BA in Experiment 5.

On-line pH measurements throughout Experiment 5 are shown in Figure 4.27. Mean 

pH throughout the experiment was 6.67 (std dev = 0.27). The lowest hourly average 

pH reached was 5.54 (at hour 995), and between hours 1061 and 1100 the pH was 

beneath 6.4. Table 4.3 shows a comparison of the performance of the BA monitor and 

the pH probe in Experiment 5.

Although the pH probe did not require any maintenance during the experiment, and 

retained its calibration well, there were several unexplained 'jumps / troughs' in output. 

A possible cause for these periods of inaccuracy was the build-up of bacterial growth 

around the probe. If bacterial growth was the problem, periodic cleaning of the probe 

would prevent this, perhaps permitting its use in a control-based application, however, 

the applicability / reliability of pH probes could be markedly dependant on the type of 

waste being processed. The advantages and disadvantages of using pH for control are 

discussed in Section 2.9.1.
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Table 4.3 Comparison of BA monitor and pH probe and meter performance 
in Experiment 5.

BA monitor pH probe and meter
No. of times maintenance 
required

22* 0

No. of times re-calibration 
required (during 
experiment)

0

Approximate time required 
to calibrate

5 hours 
(based on the minimum

possible number of 
standard solutions [3]).

15 minutes

Mean % error from 
standards before 
Experiment

7.6 0.6

Mean % error from 
standards after Experiment

33.7 2.9

Response time 
(approximately)

45 minutes 30 seconds

• Not including emptying the settler three times daily, changing tubes weekly and keeping 
acid and anti-foam solution tanks full.

In summary, it was found that the successful start-up of an EGSB reactor could not be 
carried out in this way. Principle reasons for this were as follows:

• Severe biomass washout occurred throughout the experiment, and reactor 
performance gradually but steadily deteriorated.

• In the face of this washout the BA monitor was not reliable enough to provide the 
data for the controller. Interruptions and inconsistencies were frequent (on average, 
every 2.2 days). In its present form it was not a 'low maintenance' monitoring 

device.
• The main problem with the BA monitor was that it became blocked regularly, (at 

least once a day in the latter stages of the experiment), despite the presence of the 
settler. It seemed that while the settler worked well with the previous bacterial
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culture (from Davidson's, Aberdeen), it did not work as well with this culture, 

presumably due to the lesser settling ability of the TLCA granules (although this 

was not measured).

• Continually changing the OLR was not a good way to get the best possible 

performance from an anaerobic bacterial culture. Such regular drastic OLR 

oscillations did not promote good biomass development.

Other conclusions were:

• Aside from the severe oscillatory nature of the OLR provided, the controller 

performed satisfactorily based on the (periodically inaccurate) data it received.

• The pH probe was more reliable, required less maintenance, and gave a quicker 

response than the BA monitor, making it potentially a better instrument from which 

to control an anaerobic digestion process. It did, however, show periods of 

unexplained drift towards the end of the experiment, which were possibly caused by 

bacterial growth.

4.6 Conclusions from Experiments 2, 3, 4 and 5

Table 4.4 compares the mean specific loading rate (SLR) and the percentage COD 

removal for each week of Experiments 2-5. Specific loading rate was calculated from 

VS values. As it was only possible to measure settled biomass volume (and take 

biomass samples for VS (and TS) measurement) during periods when the reactor was 

not running, the VS values are only available before and after each experiment. Values 

used in the middle sections of each experiment are estimations based on the 'initial' and 

'final' VS values, a linear rate of change for both volume and VS is assumed.

As can be seen from Table 4.4, Experiment 3 was the most successful experiment in 

terms of efficient wastewater treatment based on OLR, SLR and percentage COD 

removal. Experiment 2 showed very low and continually decreasing percentage COD 

removals for relatively small OLR and SLR values. OLR fluctuations were severe, and 

were attributed primarily to poor control, (see Premier, 2003), due to the 'dynamic' 

characteristics of the controller combined with the readily degradable nature of the
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substrate. Specific loading rates in Experiment 4 seem comparatively high, due to the 

small volume of sludge present after Experiment 3, but the OLRs remained relatively 

low and the experiment was stopped due to an insufficient volume of sludge. With 

regards to Experiment 5 continual interruptions in BA data (due mainly to blockages) 

meant that neither the controller nor the wastewater treatment system were really given 

the chance to perform efficiently.

The main problem with the BA monitor is that it became blocked regularly, despite the 

presence of the granule settler. As some degree of washout should always be expected 

during the start-up of UASB or EGSB anaerobic digesters the BA monitor is unsuitable 

unless this problem is addressed. It should be pointed out that on a full-scale plant, the 

BA monitor sample flow could be significantly increased from the 16 ml/min used 

here, and the bore of any tubing enlarged to eliminate any possible blockage problems. 

A continually fluctuating OLR during the start-up phase occurred. Granule 

disintegration and biomass washout was observed. These two may be related.

The main conclusions taken from this series of experiments are:

• The BA monitor at this scale used with an EGSB reactor experiencing washout is 

not reliable enough to provide the data on which the anaerobic digester is to be 

controlled during start-up. It is not a 'low maintenance' monitoring device in this 

circumstance.

• The controller did not provide a 'close' control. Loading rate oscillations were 

severe. This was partly because of the time delay in (and inconsistency of) the on 

line BA data, and also the unmodelled dynamics within the controller.

• The current system of control was unlikely to provide a steady OLR long enough 

for a successful start-up. Continually changing the OLR to the extent observed in 

Experiments 1 - 5 was not a good way to get the best possible performance from an 

anaerobic bacterial culture.
• The pH probe retained calibration better (based on calibrations before and after 

experiments), gave a quicker response and required less maintenance than the BA 

monitor (see Table 4.3), making it potentially a better instrument from which to
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control an anaerobic digestion process (provided the probe was cleaned 
periodically).

• As discussed in Section 4.3.2, the fact that propionate accumulation was minimal 
compared to acetate and n-butyric accumulation, and compared to the fall of pH and 
BA, would appear to support the case against using propionic acid concentration (or 
any ratios based on it) as the sole indicator for control purposes.
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5.0 USING ON-LINE BA MEASUREMENT TO 

AUTOMATICALLY CONTROL BA DOSING 

DURING START-UP, HYDRAULIC AND 

ORGANIC STEP CHANGE EXPERIMENTS ON 

AN EGSB REACTOR

5.1 Introduction to Experiment 6

The aims of this experiment were;

- To determine whether the EGSB reactor could be successfully started up using the 

data from the BA monitor in conjunction with the (slightly amended) adaptive 

controller, now using BA dosing as the control action, and to compare this start-up 

with those attempted in Experiments 1-5 using OLR variation as the control 

action.
- To change the HRT and observe effects on the bacterial culture, waste treatment 

efficiency and the control system.
- To subject the system to an organic load step-change and observe its response and / 

or recovery.
- To remove the control system and subject the reactor system to a similar organic 

load step-change, again observing response and / or recovery.

As described in Section 3.8.6.1, the OLR was controlled manually, according to 

operator expertise. BA was dosed automatically according to the on-line BA data in 

relation to a pre-determined BA setpoint. Upflow velocity (Vup) and hydraulic 

retention time (HRT) were (initially) 4.8 m/h and 23 hours respectively, so that this 

start-up could be compared with Experiments 1-5.
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Table 5.1 Key points for each sub-section of Experiment 6.

Description

Number
Section of 
thesis
Dates and 
times of 
data 
analysed

Dates and 
times of 
changes

Hours 
(from 16:00 
on 26/02/02)
Total hours 
of data 
analysed

Start-up

6.1
5.2

16:00 on 
26/02/02 
to 23:00 
on 
09/05/02
26/02/02 
to 
09/05/02

0-1742

1742

HRT
change

6.2
5.3

10:00 on 
20/05/02 
to 01:00 
on 
30/05/02
23/05/02 
at 10:23

1993
2224

231

OLR step 
change 1

6.3
5.4

00:00 on 
25/05/02 to 
23:00 on 
05/06/02

30/05/02 
and 
31/05/02 
12:40 to 
00:40
2103 - 2390

287

OLR step 
change 2

6.4
5.5

00:00 on 
02/06/02 to 
23:00 on 
10/06/02

06/06/02 and 
07/06/02 
15:15 to 
03:15

2295 - 2505

210

OLR step 
change 3

6.5
5.6

00:00 on 
08/06/02 to 
19:00 on 
17/06/02

13/06/02 
11:00 to 
23:00

2439 - 2669

230

5.2 Experiment 6.1, (start-up)

As described in Section 3.8.6.1, the reactor was initially seeded with 15 1 of sludge. 

Before the reactor was started up (i.e. commencement of feeding), however, it was 

observed that there was so much suspended solids in liquid in the top of the reactor 

(total suspended solids in the liquid = 0.97 g/1) that the BA monitor was repeatedly 

malfunctioning due to blocked tubes (approximately every 30 minutes), despite the 

effluent passing through the granule settler. Approximately eight litres of settled 

granules were removed from the reactor, and water and bicarbonate was flushed 

through (with the recycle pump providing a Vup of 4.8 m/h) for five days. The aim was 

to 'flush out' as many as possible of the tiny, non-settling particles. These actions 

succeeded in reducing the total suspended solid content of the reactor's top liquid 

section to 0.35 g/1. The BA monitor was re-connected to the reactor and found not to 

block. Although it can be beneficial to have up to 50 % reactor volume as sludge 

during the start up period (Salkinoja-Salonen et al., 1983), it is not in this case as our 

control device (the on-line bicarbonate alkalinity monitor) cannot function when 

suspended solids are high. (Again, if the BA monitor was to be employed on a full
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scale, wider bore tubing and a larger sample flow should eliminate blockages). It is 
important to note that by halving the volume of sludge present, the reactor's waste 
treating capability is also halved, so removing granules as was done here could be an 
undesirable option for commercial operation.

At three other points during the start up sludge was removed from the reactor, as in 
each case the biomass volume had been observed to considerably increase, leading to 
the fluidised bed extending into the top section of the reactor, and biomass being drawn 
through the BA monitor's sample port (point 10, Figure 3.1). These, as can be 
observed on Figures 5.1, 5.2 and 5.3, were hour 222 (point A, Figures 5.1, 5.2 and 5.3), 
when 5 1 of settled sludge was removed, hour 412 (point B, Figures 5.1, 5.2 and 5.3) 
when 2.8 1 of settled sludge was removed and hour 676 (point C, Figures 5.1, 5.2 and 
5.3) when 1 1 of settled sludge was removed. At each of these points it was necessary 
to stop all pumps and remove the reactor lid. It was observed throughout the first 6-7 
weeks of Experiment 6.1 that that the granules (in the fluidised area) were becoming 
bigger, although some smaller particles were usually present towards the top of the 
reactor.

Figure 5.1 displays daily mean influent COD against effluent COD for Experiment 6.1, 
while Figures 5.2 and 5.3 respectively show the daily mean OLR based on the COD of 
influent samples taken against the percentage COD removal and against the TVFA 
concentration for the first 72 days of Experiment 6.
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Figure 5.3 Daily mean OLR / TVFA concentration for Experiment 6.1.

A, B, C - sludge removal, D - sludge addition.

The initial OLR of 3.2 kgCOD/mVday was increased to 6 kgCOD/mVday after 6 days 

(hour 146, Figures 5.1, 5.2 and 5.3). The OLR was increased to 15 kgCOD/m3/day on 

17/03/02 at 17:20, (hour 482, Figures 5.1, 5.2 and 5.3). While operating at 6 

kgCOD/m3/day the TVFA concentration was still low (maximum value 209 mg/1, and 

mean value 62 mg/1), and the COD removal was still high (mean value 75.1 %). For 

the first 7 days of operation (hours 483 - 650, Figures 5.1, 5.2 and 5.3) at this OLR of 

15 kgCOD/mVday the reactor seemed to be coping very well. Certainly, there was no 

clue in on-line data or in the COD removal or TVFA concentration data of any 

impending difficulties. However, on the morning of the 26/03/02 (around hour 672, 

Figures 5.1, 5.2 and 5.3) it was observed that there had been some degree of granule 

disintegration, with the upper section of the reactor filled with tiny non-settling 

particles. There had also been considerable granule washout overnight. (This high 

suspended solids content in the effluent lead to BA monitor blockage, and thus an 

interruption in the on-line control of the process). Until hour 672 (Figures 5.1, 5.2 and 

5.3), the percentage COD removal while operating at 15 kgCOD/mVday was 77.9 %, 

with TVFA values around 97 mg/1 (mean) and not exceeding 139 mg/1. As a result of 

this continued washout, the OLR was reduced to 5.4 kgCOD/mVday. Although the 

TVFA values stayed less than 100 mg/1 (Figure 5.3), the COD removal percentage
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(Figure 5.2) dropped steadily to 33 % between the first observation of washout and one 
retention-time after lowering the OLR. Suspended solids in the effluent samples almost 
certainly contributed significantly to these high effluent COD values. As can be seen, a 
period of steady and successful operation followed (hours 699 to 986, Figures 5.1, 5.2 
and 5.3). After 12 days of steady operation at 5.4 kgCOD/nrVday, with a steadily low 
TVFA concentration (mean 68 mg/1) and a gradually improving COD removal 
percentage, the OLR was raised to 10 kgCOD/nrVday on 08/04/02 at 17:20 (hour 986). 
It can be seen (from Figure 5.3) that towards the end of the period of OLR 10 
kgCOD/m3/day the TVFA values began to creep upwards, but were still less than 300 
mg/1 when at hour 1252 (morning of 19/04/02) it was noticed that the BA pump was 
not pumping. Therefore no BA solution had been added to the reactor during the 
previous night. At hour 1265 (20/04/02) an intermittent electrical fault caused all 
electric appliances on the whole bench to stop. The effluent COD had also begun to 
creep upwards, but was still above 50 % COD removal at hour 1265 (Figure 5.2). (This 
intermittent electrical fault, first observed on 20/04/02, hour 1265, was not successfully 
isolated and eliminated until 29/04/02 at 14:30, hour 1495). The period 20/04/02 until 
29/04/02 was beset with problems. These problems (listed below) mostly triggered by 
the electrical problem, combined to ensure that the process was never 'steady' 
throughout the period 20/04/02 until 29/04/02, (hours 1265 to 1495, Figures 5.1, 5.2 
and 5.3).

- The constant interruptions in feeding, buffering, heating, recycling and thus mixing 
caused by the erratic electrical supply caused severe granule washout, leaving an 
approximate biomass volume of 3.21 at hour 1742.

- Mixing in the remaining granules was very poor, channelling was obvious, 
therefore wastewater biomass contact was reduced and large sections of bacteria 

appeared inactive.
- High levels of suspended solids in the effluent led to significant biomass washout, 

which caused constant blockage of the BA monitor. There was therefore no real 
control of BA dosing throughout the period 20/04/02 until 29/04/02, (hours 1265 to 

1495, Figures 5.1, 5.2 and 5.3).
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On the 29/04/02 (hour 1495) the electrical problem was isolated and eliminated, and 
automatic operation resumed, although the volume of biomass was only approximately 
2.7 1. Due to the low volume of biomass remaining, and the increasing TVFA 
concentration (now > 1000 mgCaCOs/l) it was decided to add some more biomass. On 
02/05/02 at 10:00 (point D, Figures 5.1, 5.2 and 5.3, hour 1556) pumps (feed, water, 
BA and recycle) were stopped, the reactor lid removed and 2.5 1 of settled sludge 
added. As can be seen from Figures 5.1, 5.2 and 5.3 the addition of the sludge had an 
immediate positive impact on the process. From 03/05/02 until 09/05/02 (hours 1577 - 
1744) the mean COD removal was 73 %, and the TVFA concentration had recovered to 
a steady level of 200 - 500 mg/1 after rising to over 1000 mg/1 on 01/05/02. Apart from 
20/04/02 until 29/04/02, the mean percentage COD removal for the start up period was 
78.2 % with a standard deviation of only 12.5 %. This reasonably high (and steady) 
percentage COD removal, combined with the observed biomass production and granule 
development suggests that (aside from the washout problems caused by the power 
supply problem) the start up was successful.

—— Daily mean OLR
—— BA Signal
—— BA Setpoint

Figure 5.4 OLR / BA signal / BA setpoint in Experiment 6.1 (hours 1 -1230).

Figure 5.4 shows the daily mean OLR (calculated from off-line COD results) against 
the on-line BA and the BA setpoint for hours 1 to 1230 of Experiment 6.1 
(representing 16:00 on 26/02/02 to 20:00 on 18/04/02). The remainder of Experiment
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6.1 was not shown as the BA monitor was off-line for the majority of it for the reasons 
previously explained. Figure 5.4 clearly shows that aside from periods when the BA 
monitor was not functioning properly (hours 619 - 723, due to blockage, maintenance 
and recalibration) the on-line BA was kept close to the setpoint and control was 
successful.

5.3 Experiment 6.2, (HRT change)

Since the start of Experiment 6 the HRT had been 22 hours. On 23/05/02 at 10:23 
(hour 75 of data considered here) the HRT at which the reactor was operating was 
changed from 22 hours to 11.2 hours (see Section 3.8.6.1.2). This doubling of the 
volume of wastewater to be treated (and halving of its strength) is one of a number of 
perturbations that could easily occur in the sugar industry.

The HRT value is not so important for EGSB reactors (beyond a certain range of values 
which are sufficient to degrade the majority of the substrate) as it is for other, non high- 
rate, anaerobic digesters, due to the extra mixing provided by effluent recycling. The 
HRT was changed in such a way that the influent flow rate was approximately doubled 
and the COD of the influent approximately halved, which left the OLR constant.

In Figures 5.5, 5.6 and 5.7 the OLR displayed before hour 75 is the mean OLR based 
on off-line COD results from samples taken between hours 0 and 75 (10:05 on 20/05/02 
to 10:23 on 23/05/02). From hours 75 - 233 the OLR displayed is the mean OLR based 
on off-line COD results from samples taken between hours 75 and 233 (10:23 on 
23/05/02 to 01:05 on 30/05/02). Throughout this period (hours 0 - 233) the feed pump 
OLR was not changed, but there were minor changes in the flow delivered due to a 

tubing change between hours 99 and 101.

The change in mean OLR visible on Figures 5.5, 5.6 and 5.7 was in part due to 
variations over time in the flow rates delivered by the tubing. It was expected that the 
biggest effect of changing the HRT would be to the controller. For the same control 
effort (thus voltage to BA and water pumps), the pumps would now be delivering twice 
as much BA solution or water, the reactor BA should change much faster and the
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setpoint would be crossed faster. It was hoped that the controller would quickly 'adapt' 

and lower the voltage sent to the BA pumps. Ideally the controller would 

approximately halve the volume of BA pumped into the reactor in accordance with the 
approximately doubled inflows. Figure 5.5 shows the mean OLR against the 
percentage COD removal for the period around the HRT change.
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Figure 5.5 OLR / percentage COD removal in Experiment 6.2.

It can be seen from Figure 5.5 that changing the HRT had no effect on the reactor's 
organic pollution removal efficiency, with the percentage of the COD removed staying 
similar. The mean percentage COD removal during the 72 hours before the HRT 
change was 64.3 %, compared to 64.4 % for the 72 hours afterwards. It is assumed that 

biomass in the effluent samples contributed to these relatively low removal efficiencies.
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Figure 5.6 OLR / TVFA concentration in Experiment 6.2.

From Figure 5.6 it can be seen that decreasing the HRT (with decreased influent 

strength) had the immediate effect of reducing the TVFA concentration. This was due 

to dilution, as the inflow volume was approximately doubled (but at approximately half 

the strength), so the effluent volume approximately doubled, and the concentration of 

VFAs appeared approximately halved. Despite this initial reduction, there was clearly 

an upward trend in the TVFA data. The TVFA concentration remained less than 500 

mg/1. The rise in TVFA concentration at hours 99-101 was caused by the changing of 

the feed concentrate tubing (new peristaltic tubing always delivered a higher flow than 

the old, especially during the first few hours - even when 'worn-in' as recommended 

by the suppliers prior to connection).

The EGSB reactor (and in particular the bacterial culture) worked equally efficiently 

with an 11 hour HRT as with a 23 (approx) hour HRT. It is fair to speculate that the 

lower limit for the necessary HRT to degrade sucrose has not been approached.
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Figure 5.7 Mean OLR / BA setpoint / BA signal / rate of BA solution dosing in 

Experiment 6.2.

Figure 5.7 displays the relationships between the organic loading rate, the BA setpoint, 

the on-line BA signal and the volume of 4000 mgCaCO3/l (0.08 mol NaHCO3/l water) 

BA solution dosed. The trough in the on-line BA data between hours 10 and 27 was 

caused by a blockage in the anti-foam tubing leading to foam through the acidification 

chamber and solenoid valve, while the trough between hours 204 and 216 was caused 

by a blockage in the granule settler's gas-escape tubing. In both cases the result was 

incorrect data being sent to the controller. It is clear that before the HRT was changed 

the controller was keeping the on-line BA reasonably close to the setpoint. When the 

HRT was changed control is clearly affected (as expected, as the controller was 

parameterised using a 24 hour HRT), with the discrepancy between the setpoint and the 

on-line BA become steadily wider (up to hour 111), leading to a 'minimum-maximum- 

minimum' BA dosing regime. This dosing regime caused the reactor pH to oscillate, 

but generally it remained within the admissible range of pH 6.5 to 7.0. It can be seen 

that (while the BA monitor is working) the on-line BA stays (roughly) between 1500 

and 2000 mgCaCO3/l. As long as the BA stays within these boundaries then the reactor 

can be considered to be well buffered. It was hoped that if left long enough, with a 

continually developing methanogenic population, and without interruptions, the 

previously observed smoothness of control would be regained.
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Concluding remarks:

- The HRT change adversely affected the smoothness of control for the duration of 
Experiment 6.2.

- Although adversely affected, control was not lost, as the on-line BA was always 
kept between 1500 and 2000 mgCaCO3/l.

- In terms of percentage COD removal the EGSB reactor (and in particular the 
bacterial culture) worked equally efficiently with an 11 hour HRT as with a 22 hour 
HRT with the same OLR.

5.4 Experiment 6.3, (OLR step-change 1)

The OLR was raised from 10 kgCOD/m3/day to 28 kgCOD/m3/day for a period of 
twelve hours. This represents an OLR step change of x 2.8. Ramjeawon (2000) states 
that an end of week 'washdown' of a cane-sugar factory could typically produce a load 
strength increase of approximately x 2.5. Twelve hours is likely to be the maximum 
possible time-scale for such 'washdown' procedures.
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Figure 5.8 Mean influent COD / effluent COD for Experiment 6.3.
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Figure 5.8 shows the average COD of the influent against the COD of the effluent. The 
average influent COD for the 133 hours before the OLR step change was 4688 mg/1 (8 
samples, std.dev = 383 mg/1), while as can be seen, the COD of the effluent was 
consistently low (mean COD = 1446 mg/1, 29 samples, std.dev = 365 mg/1). As soon 
as the OLR change was made there was a jump in effluent COD, which kept rising until 
it reached 8744 mg/1 at hour 143 (hour 9 of OLR change). From this point effluent 
COD began to fall significantly before the end of the shock, reaching 6090 mg/1 on 
hour 146 (hour 11 of OLR change), indicating that the bacteria were not yet inhibited 
by the low pH of 6.13 and were successfully adapting to the new rate of feed. OLR / 
pH data for the same period is displayed in Figure 5.9.

1 21 41 61 81 101 121 141 161 181 201 221 241 261 281
PERIOD (Hours)

Figure 5.9 OLR / (hourly mean) pH during Experiment 6.3.

The increased OLR also led to a gas flow rise from 138 ml/min to 432 ml/min (Figure 
6.7), which caused a superficial gas velocity rise from 0.47 m/h to 1.5 m/h. Although 
increased, this value remained well below the (Biothane Systems Ltd.) suggested 
maximum permissible superficial gas velocity in EGSB reactors of 7 m/h. The mean 
influent COD for the remaining 131 hours (after OLR change + 1 HRT, hours 158 - 
289) (Figure 5.9) was 6015 mg/1, 22 % higher than it was before the OLR change. 
This could partly explain the 32 % rise in mean effluent COD (to 2143 mg/1, 22 
samples, std.dev = 722 mg/1) for the same 131 hour period (compared to before the 
OLR step change). Another possible reason for this rise in effluent COD is that there
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was some damage to the bacteria, including minor amounts of washout, and therefore 
more suspended solids in the effluent.
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Figure 5.10 OLR / percentage COD removal in Experiment 6.3.

Figure 5.10 shows the OLR against the percentage COD removal throughout 
Experiment 6.3. The mean percentage COD removal in the 133 hours before the shock 
was 69.2 % (29 samples, std.dev = 7.8). During the twelve hours of the shock and the 
11 hours (one hydraulic retention time) after it, the mean COD removal was reduced to 
42.7 % (18 samples, std.dev = 15). For the next 131 hours mean COD removal was 

64.4 % (22 samples, std.dev = 11.8).
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Figure 5.11 OLR / TVFA concentration in Experiment 6.3.

Figure 5.11 shows the OLR against the TVFA concentration during Experiment 6.3. 
As expected, the volatile fatty acids began to accumulate immediately after the OLR 
was increased. The TVFA concentration continued to rise quickly until hour 9 of the 
period of higher OLR, after which it remained steady, (2155 - 2133 mg/1) until the 
OLR was reduced. Immediately after the OLR was reduced, the TVFA concentration 
began to fall. From one HRT after the end of the OLR step change until the end of the 
experiment the mean TVFA concentration was 460 mg/1 (22 samples, std.dev =106 
mg/1). Although higher than the mean TVFA value during the period of steady state 
before the OLR change (309 mg/1, 29 samples, std.dev = 87 mg/1), this value was not 
high enough to raise any concerns about the welfare of the bacterial culture, especially 

considering the steady nature of the data.
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Figure 5.12 Individual VFA concentrations during Experiment 6.3.

It can be observed from Figure 5.12 that as soon as the OLR was raised at hour 134, the 
concentration of each individual VFA increased. The biggest accumulation observed 
was, as expected, acetic acid, which rose to a maximum concentration of 1378 mg/1 at 
hour 142 (hour 9 of the period of raised OLR) from an average concentration of 197 
mg/1 between hours 1 - 133. One HRT after the OLR was lowered the acetic 
concentration had dropped to 287 mg/1 (hour 157).

The propionic acid concentration rose steadily throughout the period of raised OLR, 
from an average of 69 mg/1 in the period of steady operation immediately preceding the 
shock (hours 1 - 133, Figure 5.12), to a maximum of 656 mg/1 reached at hour 145, 
hour 12 of the period of raised OLR. As noted by Wiegant and de Man (1986) the rate 
of propionate degradation was the lowest for all the VFAs. Nachaiyasit and Stuckey 
(1997a) also observed propionic acid degradation to be slower than the degradation to 
steady levels of the other VFAs. The above authors (in accordance with Houwen et al, 

1990) attributed the persistence of propionate to the small number of propionate 
utilisers, and these propionate degraders having the slowest growth rates of the acid 
utilising groups.

"-butyric acid was also observed to accumulate. A maximum of 165 mg/1 was reached 
at hour 144 (Figure 5.12, hour 11 of period of higher OLR), this represents a significant
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rise from the previous mean of 23 mg/1 of samples taken throughout the period of stable 
operation between hours 1 and 133.

This increase in propionic acid (in relation to the observed increases in acetic and 
butyric acid concentration) is in striking contrast to the results from Experiment 3, 
where acetic and n-butyric acid predominated, and propionic acid concentration 
remained low (maximum measured value = 67 mg/1, see Figure 4.17) despite the major 
increase in OLR. In Experiment 3 the pH dropped to less than 5.5 for a period of 11 
hours (Figure 4.16), whereas in Experiment 6.3 the lowest hourly average pH was 6.16 
(Figure 5.9) due to the less severe OLR raise and the BA dosing.

The concentrations of /-butyric, z-valeric and n-valeric acids were all observed to 
increase as the OLR was increased, however, all remained less than 30 mg/1, and were 
observed to return to similar levels as observed prior to the period of raised OLR within 
2 HRTs of the OLR being reduced.

It has been reported that high concentrations of valerate are known to be a result of cell 
lysis (Grobicki and Stuckey, 1991). The consistently low valeric acid concentration 
(both i- and n-valeric acid concentrations never exceeded 30 mg/1 throughout the 
experiments described here) indicate that there was little or no cell lysis, or if there was, 
the valerate produced was very quickly degraded and therefore did not accumulate. It 
is the opinion of the author that the granules did not grow large enough to provide a 
sufficient mass transfer limitation that would necessitate the initiation of inner-core 
autolysis at the OLRs and upflow velocities observed.

Acetic and (to a lesser extent) propionic acid concentrations were slightly higher after 
the OLR step change than before. The average values of 197 mg/1 (std dev = 64 mg/1, n 
= 29) and 69 mg/1 (std dev = 30 mg/1, n = 29) respectively before the OLR step change, 
and 296 mg/1 (std dev = 43 mg/1, n = 16) and 93 mg/1 (std dev = 76 mg/1, n = 16) 
respectively after the step change plus two HRTs underline this. This could be due to 
the slightly increased OLR afterwards, compared to before (11.75 kgCOD/m/day 
compared to 10 kgCOD/m3/day).

172



^.100 -

1 90 -
E,
0 80 - 
LI
% 70-

(kgCOD/m3/day) and BA D
j. ro CA> -P»- 01 o> 3 O O O O O

oc

- - - • BA dosed (ml/min 
—— Mean OLR 
—— BA Signal
—— BA Setpointm

- - r. -. . ". "

• »
1 
«

tt
•is-* y
k * i \. i

1 21 41 61

i

vj 
1 1
*.

)

\
i \~

, —— U-, —— i —— r

L

* r • **
\ * (

iili
"'' :
• ' ! .n

\

^ 

i

(I 
A A AM
IllTT'

; r. «~*. r r. -. ,". . • ••'•• \ • (
:::;• ;: : :.v
: :'::' :• 
• • •; ;. ' '
• ! '«' * i 1 \' *~* ";:i i. 1

Kly 
• r

i! ..,
/ta/vr"T-
r r .r. r ^ r

! t 
i i • * i * 1 • ' * * * i i ',\- . •• -i • ,. • ••• > t

81 101 121 141 161 181 201 221 241 261 281 

PERIOD (Hours)

Figure 5.13 OLR / BA setpoint / BA 

Experiment 6.3.

signal / rate of BA

r 2500

2000

S"

1500 o 
O 
n 
O
O)

1000 ~ 
< 
CD

- 500 

- 0

solution dosing in

Figure 5.13 shows the relationship between the on-line bicarbonate alkalinity, the pre 

determined bicarbonate alkalinity setpoint, the volume of BA dosed and the organic 

loading rate. All of these values are either pro-active or re-active to each other, with 

the relationships between each fundamental to the control system and reactor operation. 

Depending on the on-line bicarbonate alkalinity in relation to the setpoint at the hourly 

controller sampling point, the controller decides whether it is necessary to add 'more' 

or 'less' NaHCOs solution to the reactor. It can be seen that whenever the on-line BA 

decreased beneath the setpoint, the volume of BA solution dosed increased, while when 

the on-line BA increased above the setpoint the controller instructed the pumps to 

deliver a smaller volume of BA solution. These inter-relationships can be more clearly 

observed on a graph showing the same parameters for a shorter time-scale (see Figure 

6.9, Section 6.3).

was
's

The major trough in the on-line BA data between hours 94 and 106 (Figure 5.13) 

caused by a blockage in the anti-foam tubing leading to foaming in the BA monitor 

acidification chamber, while the dip between hours 224 and 228 was caused by the 

solenoid valve becoming 'stuck'. Both interruptions went undetected for the duration 

indicated as they occurred overnight. It can be seen that on both occasions (due to the
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extremely low BA signal caused by the failure) the controller responded by pumping 
BA solution into the reactor at the maximum possible flowrate until the BA monitor 
was fixed, normal service resumed and the on-line BA was once again above the 
setpoint. With regards to the controller, this was exactly the response required had the 
BA signal been correct, and caused by process instability. The period when the OLR 
was raised (hours 135 - 147) shows the controller's positive response to potential 
instability, with the maximum possible volume of BA solution being dosed as soon as 
the BA dropped beneath the setpoint.

Being critical, the main point of note is the severe oscillatory nature of the volume of 
BA dosed, and consequently the on-line BA measured in the reactor. This is mainly 
attributed to the fact that the data that the controller received from the BA monitor was 
no longer what was actually happening in the reactor. This 'time delay' was caused 
primarily by the response time of the BA monitor (especially since the granule settler 
was added), but also by the time taken for the BA solution that was dosed to become 
thoroughly mixed and evenly concentrated throughout the reactor system. The fact that 
the controller only sampled once every hour incorporated a further time delay. The fact 
that the HRT was changed (Experiment 6.2) would also increase the severity of the 
oscillations, due to the controller being parameterised using a 24 hour HRT. Also, in 
this case, the BA solution could not be added fast enough during the step-load increase 
to keep the BA close to the setpoint. If a greater volume or strength of BA solution was 
added then the BA would have remained closer to the setpoint, and not dropped below 
1000 mgCaCOs/1. A stronger BA solution (or a greater volume of it dosed) would also 
have lessened the severity and extent of the pH drop (see Figure 5.9 - lowest hourly 
average pH = 6.16). Increasing the strength or volume of BA solution dosed would be 
an easy step to take to provide an extra safeguard against imbalance during periods of 
instability, but any increase in either strength or volume dosed could prove 
considerably more expensive over a season's campaign on an industrial scale.
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5.5 Experiment 6.4, (OLR step-change 2)

On the 06/06/02 at 15:15 hours the OLR was increased from 11.8 kgCOD/m3/day to 

32.4 kgCOD/m3/day. This represented an OLR increase of 143 %. The corresponding 

rise in mean influent COD was 6015 mg/1 to 14 628 mg/1. Figure 5.15 shows mean 

influent COD in relation to the COD of the effluent, while Figure 5.16 displays OLR 

and percentage COD removal. As expected, when the influent COD / OLR is 

increased there was an immediate rise in effluent COD. The mean effluent COD before 

the OLR step overload was 2320 mg/1 (17 samples, std.dev = 750 mg/1), corresponding 

to 62.2 % COD removal. During the OLR step overload this rose to 4990 mg/1 (19 

samples, std.dev = 1753 mg/1), 50.8 % removal. After the OLR change (plus 1 HRT) 

the COD of the effluent was low and steady (mean 1929 mg/1, 15 samples, std.dev = 

500 mg/1), with 68.2 % COD removal.

As can be seen from Figure 5.17 the period of increased OLR provided a greater 

concentration of volatile fatty acids to metabolise. The average TVFA concentration in 

the five-day period before the OLR was increased was 409 mg/1 (17 samples, std.dev = 

59 mg/1). The TVFA concentration began to rise immediately after the OLR was 

increased. The first liquid sample was taken 35 minutes after the OLR was increased, 

and already the TVFA concentration had increased to 596 mg/1 from 427 mg/1. The 

TVFA concentration rose to a maximum of 2209 mg/1 at hour 125 (hour 12 of the 

higher OLR), and began to decrease immediately after the OLR was decreased. After 

one HRT the TVFA concentration had returned to 531 mg/1. After the period of high 

loading (plus one HRT) the mean TVFA concentration for the next 80 hours was 462 

rag/1 (15 samples, std.dev = 47 mg/1).
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Figure 5.14 Individual VFA concentrations during Experiment 6.4.

As with Experiment 6.3, acetate and propionate were observed to be the major VFAs 

present, before, during and after the OLR step change (Figure 5.14). Acetic acid 

reached slightly higher levels (max = 1520 mg/1, hour 122 of Figure 5.14, hour 10 of 

raised OLR) than in Experiment 6.3 (Figure 5.12), probably because of the slightly 

higher OLR. It is interesting to note that the propionate concentration during and after 

this OLR step change was lower than throughout Experiment 6.3 (Figure 5.12). A 

maximum of 656 mg/1 was reached in Experiment 6.3, with a mean concentration for 

the period of raised OLR plus one HRT of 438 mg/1, compared to a 419 mg/1 maximum 

and a mean of 292 mg/1 for Experiment 6.4. This could theoretically have been for one 

of two reasons, or a combination of both; A), that the propionate degrading bacteria 

were present in greater numbers, having only seven days earlier been subjected to an 

increase in propionate availability (provided by the increased OLR during Experiment 

6.3), and were able to limit the propionic accumulation by faster propionate degradation 

due to their increased numbers; and B), that the production of propionate was in some 

way reduced, and butyrate production favoured, due to the increased acidity (see 

Figures 6.12 and 6.13).

The case for the latter explanation for the lower propionate concentration is backed up 

by the higher n-butyric acid concentration throughout the OLR step change in 

Experiment 6.4 (Figure 5.14) than in Experiment 6.3 (Figure 5.12). From the literature 

it would be expected that the production of butyrate is favoured over the production of
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propionate at low pH values (Inane et al, 1996; Nachaiyasit and Stuckey, 1997a; 
McCarty and Mosey, 1991), as observed throughout the periods of loss of control in 
Experiment 3 (see Section 4.3.2). Similarly with Experiment 6.3, the degradation of 
propionic acid to a stable concentration was slower than the degradation of the other 
VFAs.

All VFAs reached levels similar to their average values for steady operation in the 
periods before the OLR step change by 2 HRTs after the OLR was reduced. All VFAs 
were present in similar levels and proportions before (mean acetic = 290 mg/1, std dev = 
40 mg/1, n = 16, mean propionic = 77 mg/1, std dev = 59 mg/1, n = 16, mean n-butyric = 
25 mg/1, std dev = 10 mg/1, n = 16) and after (mean acetic = 299 mg/1, std dev = 27 
mg/1, n = 13, mean propionic =110 mg/1, std dev = 5 mg/1, n = 13, mean n-butyric = 27 
mg/1, std dev = 8 mg/1, n = 13) the OLR step-change, indicating that the step change has 
had no significant lasting effect on the microbial activity of any bacterial group. This 
was not the case for Experiment 6.3 (Figure 5.12) where the concentration of acetic 
acid was significantly higher after the OLR step change.

It can be seen (from Figures 5.18 and 5.19) that the level of BA in the reactor during 
steady operation was always kept around the setpoint, which was always well above 
1000 mgCaCO3/l which is the generally accepted lower alkalinity limit for healthy 
anaerobic digestion (Hawkes et al., 1993). The highly oscillatory nature of the control 
caused similar BA and pH oscillations in the reactor during steady operation (see 

Figures 5.18 and 5.19).
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Figure 5.15 Mean influent COD / effluent COD in Experiment 6.4.
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Figure 5.16 OLR / percentage COD removal in Experiment 6.4.
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Figure 5.17 OLR / TVFA concentration in Experiment 6.4.

50 

45

S 40 
0 
0 35

£ 30

If 25-
n E
J120-

8 15
u
_g> 10

5 5 
O

, \ 1 ! 1 1 1 

,1 ' 1 / 1 1 y

'• ^ :' ^\ ' A ;; /y \ v/ , v/ \ ——— ,
V i ; ; /'

1 '' ' i ' 1 1'

i ,' ' ' ' j [ — — — -
1 M ' ' I | '

\' \ i \ 1 ' ' ml o 
' ! —— Mea

——— BAS 
', ! ——— BA5

—————————————— . ———————— i-i ——————————

- \

-\ / ':
\.; /r\r

/ v ; ^ 
i ' i ' '' 

. ; , ; 
i ; '. ,' 
' ' ^ '

A '. ;'
f BA added 
nOLR 
Signal 
setpoint

' ' 
\ ' 

-j

0 - ———————————————— i —————————— H —————————————————————————————————————— 

90 95 100 105 110 115 120 125 130 135 140 145

PERIOD (Hours)

r 2500 

2000

-1500 g
O<o 
0
O)

-1000 £,
< m

500 

- 0

Figure 5.18 OLR / BA setpoint / BA signal / rate of BA solution dosing in 

Experiment 6.4.

Figure 5.18 shows the OLR, the BA setpoint, the on-line bicarbonate alkalinity and the 

rate of NaHCO3 solution dosed for the 24 hours before and after the second OLR step 

change. Several observations can be made from Figure 5.18. Firstly that the controller 

immediately increased the rate of 4000 mgCaCOj/l BA solution dosed as soon as the 

on-line BA passed beneath the pre-determined BA setpoint. Due to the response time 

of the monitor and controller the trend was for the rate of BA dosed to rise from close
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to 0 ml/min to the maximum possible deliverable flow (45 ml/min) in 2 - 3 hours, by 
which time the on-line BA rose back above the setpoint.

It can be observed that when the OLR was increased (from 11.8 kgCOD/m3/day to 32.4 
kgCOD/nrVday) the BA immediately (within 1 hour - due to response time of 
instrument) began to drop. Within 84 minutes of the OLR step overload commencing 
the BA had passed beneath the setpoint (1750 mgCaCO3/l) and the volume of BA 
solution being dosed had started to increase. Within 173 minutes the volume of BA 
solution dosed was at its maximum possible value with the controller delivering 45 
ml/min of bicarbonate solution with an alkalinity of 4000 mgCaCO3/l. During the OLR 
step change the BA in the reactor levelled out at around 700 mgCaCO3/l. The 
maximum dosage provided by the controller (45 ml/min) was chosen to keep hydraulic 
conditions comparable with previous experiments. It should be noted that this could 
easily be increased to give the controller more 'corrective power' and in this case keep 
the minimum BA over 1000 mgCaCOs/l. The concentration of the NaHCOs solution 
dosed (0.08 moles/1 water) could also be increased if desired.

The BA was gradually beginning to decrease further when the OLR was returned to 
approximately its previous level. 294 minutes after the OLR was returned to 12 
kgCOD/m3/day the on-line BA rose above the setpoint (Figure 5.18). For a further 176 
minutes the controller continued to add the maximum possible volume of BA. After 
this point the oscillatory pattern of BA dosing was observed again. For the five days 
before the OLR change, the mean rate of BA solution dosing was 29.2 ml/min. This 
value rose to 32.1 ml/min for the five days immediately after the OLR change plus one 
HRT. These values are very close, and could be caused by inaccuracies in delivered 
flow by the peristaltic pump, they could however be caused by the slightly higher level 
of volatile fatty acids present (Figure 5.17).
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Figure 5.19 pH / BA signal in Experiment 6.4.

Figure 5.19 shows the hourly average of the pH and the bicarbonate alkalinity of the 
reactor for the period 00:00 hours on 02/06/02 to 23:00 hours on 10/06/02. The blip in 
BA data around hours 31-36 was caused by a monitor malfunction, while the gap in 
recorded data between hours 197 - 203 was caused by an overnight crash of the 
monitoring computer. The oscillatory nature of the volume of BA dosed (see Figure 
5.18) meant that the BA and pH were never steady, however, it can be seen that they 
were closely related, with patterns in the pH data following the BA closely. As 
expected, there was a major reduction in both pH and BA during the period of higher 
loading. During the period of higher loading, the pH was reduced to less than 6.2 for 
more than 9 hours. The mean pH for the period of higher loading was 6.16, compared 
with 6.68 before and 6.66 after. The lowest hourly mean pH value reached was 5.89 at 
hour 10 of the 12 - hour step-change. The on-line BA was less than 1000 for more than 
12 hours with the lowest hourly mean BA (709 mgCaCCVl) recorded at hour 12 of the 
period of higher loading. By one HRT after the OLR was lowered the hourly mean pH 

had reached 6.75, while the BA was 2063 mgCaCO3/l.
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5.6 Experiment 6.5, (removal of control and OLR step-change 3)

On the 11/06/02 at 10:50 hours the control loop was disconnected from the reactor (see 
Section 3.8.6.1.5). From this point onwards instead of a BA solution with an alkalinity 

of 4000 mgCaCOs/l being dosed according to the on-line BA in relation to the setpoint, 
a constant flow of 43 ml/min of a BA solution of 2700 mgCaCOa/l (see Section 
3.8.6.1.5) was added to the reactor. The aim was to remove 'control' and carry out a 
similar OLR step change to the previous two. On 13/06/02 at 11:00 the OLR was 
increased from 13 kgCOD/nrVday to 32.9 kgCOD/m3/day. Figure 5.20 displays the 
effluent COD in relation to the mean influent COD. The OLR change, in relation to the 
percentage COD removal can be observed in Figure 5.21. Unless otherwise stated, the 
180 hours of data displayed in the graphs in this section represents 09/06/02 at 23:00 
hours to 17/06/02 at 19:00 hours.
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Figure 5.20 Mean influent COD / effluent COD in Experiment 6.5.

On the 11/06/02 at 10:50 hours (hour 37) the control loop was removed from the 
reactor system. Firstly, it can be seen (in Figure 5.20) that during the period after 
control was removed (before the OLR change, hours 37 - 84) the COD of the effluent 
rose slightly, mean COD of effluent hours 0 - 37 = 1869 mg/1 (5 samples, std.dev = 262 
mg/1), mean COD of effluent hours 37 - 84 = 3061 mg/1 (14 samples, std.dev 881 mg/1). 
This rise is partly due to the slightly increased (mean) COD of the influent (6023 to
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6712 mg/1), but as can be seen in Figure 5.21 the percentage of the COD removed also 
decreased, indicating a slightly less efficient reactor performance. As all other 
conditions remained the same this could possibly be attributed to the lack of control. 
This conclusion can be further backed up by Figure 5.22 which shows the TVFA 
concentration continually rising after control was removed, although it has to be stated 
that the TVFA concentration at hours 1 - 25 of Experiment 6.5 (> 920 mg/1) was 
already high in comparison to previously observed VFA levels. However, anaerobic 
reactors have been documented working efficiently at considerably higher TVFA 
concentrations (e.g. Inane etal., 1996).

As expected, when the influent COD is raised in the OLR step-change the effluent 
COD is also raised, but as can be seen in Figure 5.21, the percentage COD removal 
remains constant during the twelve hours of the increased OLR. It is only when the 
OLR is reduced to 12.5 kgCOD/m3/day at hour 99 that the removal percentage drops 
(to 1.5%) since the reactor is not in steady state. From here a steady increase in 
percentage COD removal is observed. One HRT after the OLR lowering (hour 108) the 
percentage removal had risen to 51.5 %. After approximately 2 HRT (hour 120) the 
percentage had further risen to 60.8 %. The mean percentage COD removal before the 
removal of control was 69.7 % (5 samples, std.dev = 4.3 %), compared with 54.4 % (13 
samples, std.dev = 13.1 %) after the control loop was removed, 48.8 % (17 samples, 
std.dev = 19.1 %) during the period of higher OLR plus one HRT, and 61.7 % (12 
samples, std.dev = 7.8 %) for the remaining seventy three hours of the experiment. It is 
noticeable from Figure 5.20 that the COD of the effluent was already decreasing before 
the end of the shock. The pH data (see Figure 5.23) shows the same trend, as the pH 
(although already less than 6) stopped decreasing four hours before the end of the OLR 
step change.
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Figure 5.21 OLR / percentage COD removal in Experiment 6.5.
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Figure 5.22 OLR / TVFA concentration in Experiment 6.5.

As previously mentioned the TVFA concentration (Figure 5.22) began to steadily rise 
as soon as control was removed. This could be caused by a slight increase in the mean 
COD of the influent (6023 to 6712 mg/1, caused by small inconsistencies in the flow 
delivered by the peristaltic pumps). The upward trend was accelerated by the further 
increase of the OLR, to 32.9 kgCOD/m3/day. As soon as the OLR was reduced to 12.5 

kgCOD/nrVday (hour 98) the methanogens with the obligate hydrogen producing 
acetogens quickly started to 'clear the backlog' of volatile fatty acids, and their
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concentration lowered steadily. TVFA concentration twelve hours after the reduction 

in OLR was 1153 mg/1, and 809 mg/1 twenty four hours afterwards. The percentage 
methane in the biogas was never lower than 28.8 % although headspace gas retention 
time was approximately 1.2 hours (average) during Experiment 6.

5.5
110 115 120 125 130 135 140 145 150 155 160 165 170
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Figure 5.23 pH against TVFA concentration in Experiment 6.5.

Figure 5.23 displays the relationship between pH and TVFA concentration 24 hours 
either side of the OLR step change without control. pH values displayed are hourly 
averages of pH values recorded every minute. The expected rise of TVFA 
concentration and drop in pH is clearly observed. It seems that the pH value levels out 
(around pH 5.7) before the end of the period of higher OLR. The TVFA concentration 
also levels out (around 2500 mg/1) before the end of the period of higher OLR. The 
reactor pH was less than pH 6.5 for more than 21 hours, and less than pH 6 for more 
than 8 hours. Both aceticlastic and lithotrophic methanogens are reported to be 
completely inhibited below 6.0 (Batstone et al., 2002; Murnleitner et al., 2002). 
Perhaps this (TVFA concentration levelling out before the end of the period of raised 
OLR) is a further example of the protection afforded to the most sensitive bacterial 

species within a granule stratified ultrastructure (see Sections 2.1.6.2 - 2.1.6.4). After 1 

HRT the pH had returned to 6.57 while percentage COD removal was 50.5 %.
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Figure 5.24 Individual VFA concentrations during Experiment 6.5.

It can be observed from Figure 5.24 that the acetic acid concentration reaches a 

maximum value of 1867 mg/1 at hour 141 (hour 10 of the OLR step change in 

Experiment 6.5). The fact that this value is almost 350 mg/1 higher than observed in 

Experiment 6.4 (Figure 5.14) and almost 500 mg/1 higher than observed in Experiment 

6.3 (Figure 5.12) could be due to the slightly higher OLR supplied (32.9 

kgCOD/m3/day in Experiment 6.5, compared to 32.4 kgCOD/mVday in Experiment 6.4 

and 28.1 kgCOD/mVday in Experiment 6.3) leading to slightly more acetic acid being 

produced. Another possibility is that it is due to the fact that no buffering was present 

between hours 140 and 148 of Experiment 6.5 (see Figure 6.11), whereas in 

Experiments 6.3 and 6.4 the BA, although severely depleted, never reached 0 

ragCaCOs/l (see Figures 6.9 and 6.10). The degradation of acetate by aceticlastic 

methanogens could have been more inhibited, due to the lower pH values in 

Experiment 6.5 (see Figures 6.12, 6.13 and 6.14), and for longer, due to the duration of 

the low pH.

Propionic and n-butyric acids seemed to accumulate at the same rate until hour 144 

(first hour after OLR was reduced), when n-butyric reached its maximum concentration 

(299 mg/1) and thereafter decreased. The «-butyric acid concentration reached a 

steadily low level of around 75 mg/1 approximately one HRT after the OLR was
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reduced. This was similar but slightly higher than its average concentration in the 
period leading up to the OLR step change (hours 1-131, Figure 5.24), which was 48 
mg/1 (std dev = 23 mg/1, n = 27). Propionic acid concentration continued to accumulate 
until hour 148 (5 hours after the OLR had been reduced) when it reached its maximum 
concentration of 530 mg/1. The fact that the rc-butyric acid concentration began to 
decrease 4 hours before the propionic acid concentration seems to confirm that the n- 

butyric acid is more quickly degraded than the propionate in common with the 
observations of Find et at., (2003), Wiegant and de Man, (1986), and Dohanyos (1985) 
(see Section 2.2.4.1).

5.7 Conclusions from Experiment 6

• Experiment 6.1 proved that a successful sustainable start-up of an EGSB reactor 
was possible with the control system described using BA dosing as a control action. 
Mean percentage COD removal was 78 % after 72 days.

• It is possible to use solely on-line BA data to automatically control the start-up of 
an anaerobic digester, but the present control system has certain disadvantages that 
must be addressed. 1). - the time delay between what is actually happening in the 
reactor and the controller receiving the data - 45 minutes, plus remainder of hour 
sampling period. 2). - The BA monitor is unreliable at this scale.

• The EGSB reactor worked equally efficiently with an 11 hour HRT as with a 23 
(approx) hour HRT. The HRT change did, however, adversely affect the 
smoothness of control. This was understandable as the controller was configured 
based on a 24 hour HRT. Although adversely affected, control was not lost, as the 
on-line BA was always kept between 1500 and 2000 mgCaCOs/l.

• In Experiments 6.3, 6.4 and 6.5 acetic and propionic acids were the dominant 
VFAs.

Comparisons between Experiment 6.1 and start-up Experiments 2-5 will be described 
in Section 6.1. Relationships between data from Experiments 6.3, 6.4 and 6.5 will be 

considered in Sections 6.2 and 6.3.
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6.0 COMPARISONS BETWEEN EXPERIMENTS

Experiments which can be compared in this section are start-up Experiments 1 - 5 
(based on OLR variation) with Experiment 6.1 (based on BA dosing), repeated OLR 
step-change experiments with BA dosing as a control action (Experiment 6.3 with 
Experiment 6.4), and these two Experiments (6.3 and 6.4) with a similar OLR step- 
change experiment with no control present (Experiment 6.5).

6.1 Experiment 6.1 with other start-up Experiments (2 - 5)

Throughout this section Experiment 1 was not considered due to the frequency of 
interruptions to the data (see Section 4.1). Table 6.1 compares the mean OLR and 
percentage COD removal for each week of Experiments 2-6.1.

Table 6.1 Comparison of weekly mean OLR and mean percentage COD 
removal in weeks 1-11 of start-up Experiments 2 - 6.1.
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(note - in this table the weekly mean COD removal values are calculated by comparing the weekly mean 
inflow COD with individual effluent COD samples, rather than comparing individual inflow samples 
with individual effluent samples taken at the same time).

Detailed explanations of Experiments 2 - 5 can be observed in Sections 4.2 - 4.5, while 
Experiment 6.1 is described in Section 5.2. It can be seen from Table 6.1 that the two 
most successful start-up experiments with regards to the weekly mean of the OLR 
treated and the percentage of organic pollution removed have been Experiments 3 and 
6.1. For this reason these two experiments will be compared in more detail. For
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Experiment 3 the controller changed the OLR dependant on the relationship between 
on-line BA and the BA setpoint while constant rate and strength of BA was dosed, and 
in Experiment 6.1 BA solution was dosed at a rate dependant on the relationship 
between on-line BA and BA setpoint while the OLR was controlled manually. Table 
6.2 presents some comparisons.

Table 6.2 Mean OLR, SLR and percentage COD removal throughout 
Experiments 3 and 6.1.

WEEK

1
2
3
4
5
6
7
8
9
10
11

Experiment

Mean
OLR

treated
(kgCOD/m3/day)

4.8
8.4
6.7
6

4.6
8.7
9.4
7.8
10.3
11.9
8.6

3
SLR

(kgCOD/kgVS/day)

0.324
0.601
0.509
0.485
0.403
0.825
0.968
0.844
1.285
1.655
1.358

Mean
%COD
removal

%

81.9
86

76.8
85.1
74.2
67.6
34.5
78

74.7
89.3
82.1

Experiment
6.1

Mean
OLR

treated
(kgCOD/m3/day)

5.4
5.4
7.8
15.8
7.2
6.8
11.9
12
12
12
_

SLR

(kgCOD/kgVS/day)

0.804
0.793
1.115
2.251
1.012
0.947
1.632
1.629
1.607
1.579

_

Mean
%COD
removal

%

91.6
77.4
80

79.3
70.4
81

79.5
64.7
62.8
65.1

_

SLR values are calculated in the same way as those in Table 4.4 (Section 4.6). It can be 
seen from Table 6.2 that during both experiments there was reasonable COD reduction, 
with the SLR being much higher throughout Experiment 6.1. The percentage COD 
removal ended slightly lower in Experiment 6.1. From these figures alone it is difficult 
to assess which experiment (and thus which control action) was more successful. It is 
important to note, however, that throughout Experiment 3 the volume of settled sludge 
decreased from 8 litres at the start, to 4.5 litres at the end (see Table 6.3), whereas 
throughout Experiment 6.1 it was necessary to remove excess sludge periodically. The 
settled volume at commencement of Experiment 6 was 7 litres, compared to 6 litres at 
the end, but throughout the experiment approximately 8.8 1 of (settled) sludge was 
removed (to ensure that suspended solids in the effluent were not too high for the BA
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monitor to deal with). 2.5 1 of this sludge was re-introduced on 02/05/02 (beginning of 
week 9 in Table 6.2) to replace biomass that washed-out between 20/04/02 and 
29/04/02 (the end of week 7 and most of week 8 in Table 6.2. The TS and VS per litre 
of settled sludge values were considerably lower at the end of Experiment 3 than at the 
start (71.6 and 55.6 g/1 at the start and 63.9 and 42.1 g/1 at the end), whereas both values 
actually increased during Experiment 6 (33.6 and 29.0 g/1 at start, and 54.2 and 38.0 g/1 
at the end). Therefore although the OLR and percentage COD removal figures for 
Experiment 3 look more or less in the same range as those in Experiment 6.1, 
Experiment 6.1 was sustainable, as there was a net gain in biomass.

Experiment 3 was not sustainable, as the volume of sludge was continuously 
decreasing, due to washout during periods of high OLR. It seemed that the OLR was 
never steady enough to allow biomass growth, but this cannot be proven. This 
sustainability / lack of sustainability could be attributed to the different control actions, 
with that utilised in Experiment 6 providing an OLR pattern more favourable to the 
growth and development of anaerobic consortia. It could also be attributed to the fact 
that sludge from different sources was used in each experiment. These data are 
summarised in Table 6.3.

In anaerobic digestion systems cell synthesis is not only directly related to the amount 
of COD removed, but also to the class of organics being removed. A figure of 0.35 g of 
cells / g COD removed is quoted for carbohydrate based wastes (Speece, 1996). It is 
assumed that the weight of cells is expressed as TS. Throughout Experiments 1 - 5 the 
OLR was subject to hourly changes. Neither was the volume of sludge present constant 
over time. The figures shown here (Table 6.4) use the weekly mean OLR (as in Table 
6.2) to calculate the total COD added in each week (g COD), multiplied by the weekly 
mean percentage COD removal (as in Table 6.2) to calculate the total COD removed 
per week (g). To obtain an estimate of the biomass produced per week (g TS) the total 
COD removed per week was multiplied by 0.35 g (Speece, 1996). Sludge volume, VS 
and TS values were measured at the start and end of each experiment.
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Table 6.3 Comparison of biomass characteristics in Experiments 3 and 6.

Biomass Source

Volume (settled sludge) at start 

(1)
Volume (settled sludge) at end 

(1)

Volume (settled sludge) 
removed during Experiment (1)

Volume (settled sludge) added 
during Experiment (1)

TS (g/1 settled sludge) at start

VS (g/1 settled sludge) at start

TS (g/1 settled sludge) at end

VS (g/1 settled sludge) at end

Description of granules (visually 
estimated observations)

Experiment 3

Davidsons Paper Mill 
(Aberdeen, UK) - 

UASB reactor

8

4.5

0

0

71.6

55.6

63.9

42.1

1-3 mm diameter 
mainly spherical 
granules

Experiment 6

Tate and Lyle Citric 
Acid (Selby, UK) - 
UASB reactor

7

6

(5,2.8,1) 
total = 8.8

2.5

33.6
29.0

54.2

38.0

0.1 - 1.5 mm 
particles, assorted 
shapes

Equation 9 was used to estimate the mass of biomass lost / destroyed (g TS). The value 
of 0.35 g cells / per g COD destroyed as recommended by Speece (1996) is used for 
these calculations. To estimate the biomass removed during the experiments a TS /1 
settled sludge value midway between the start and end TS values was assumed, and 
multiplied by the volume of biomass removed. All measurements are in grams total 

solids (g TS);

Biomass lost = (biomass at start + biomass produced during) - (biomass removed 

during + biomass at end). Equation 9.
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Table 6.4 Estimations of biomass synthesis and biomass lost / destroyed in 
Experiments 3 and 6.1.

Biomass in reactor at start (g TS)

COD added by end of week 1 1 (g)

Mean percentage COD removal until 

end of week 1 1

COD destroyed by end of week 1 1 (g)

Total biomass produced by end of 

week 11 (g TS) based on 0.35 g of 

cells / g COD destroyed

Biomass in reactor at end (g TS)

Biomass destroyed / lost (g)

Experiment 3

573

18312

75.5

13736

4808

288

5093

Experiment 6.1

235

20223

75.2

14919

5222

325*

4746
* this value is based on the volume and TS /1 settled sludge measurements taken at the end of 

Experiment 6.5, as no measurements were taken at the end of Experiment 6.1.

These values of biomass lost / destroyed during the experiments are very high. Aside 

from regularly blocking the B A monitor they would have seriously affected the COD of 

the effluent, which would have had a much lower COD had samples been filtered prior 

to analysis. This extra COD in the form of suspended solids would have been 

subsequently degraded in any post-treatment facility. Also, these figures highlight the 

requirement for a more effective G/SS in this particular lab-scale system. Obviously in 

industrial scale systems the professionally designed, extensively tested G/SS's would 

retain the majority of the biomass that in this system was lost. Excess biomass in 

industrial systems is removed by periodic, controlled bleed-off. While it is likely that 

the majority of this biomass was lost via washing out of the reactor (including biomass 

in off-line samples, and biomass being pumped through the BA monitor), a proportion 

was probably due to biomass decay. This steady production and washout of biomass 

could explain the percentage COD removal during the last 3-4 weeks of Experiment 

6.1 being 60 - 70 % rather than the expected 70 - 90 %.

Figures 6.1 and 6.2 show daily mean OLR against the COD of the effluent for 
Experiments 3 and 6.1. Although the average weekly OLR and COD removal values 
arc similar (see Table 6.1), Figure 6.1 clearly illustrates that with feed variation as a
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control action a malfunction in the device supplying the parameter for control can lead 
to periods of little or no treatment (see hours 1020,1111 and 1629). If hourly data were 
displayed it would be observed that within the daily OLR variation in Experiment 3 the 
OLR changes every hour. The range of OLR observed in a 24 hour period can be 
extreme (minimum - maximum - minimum), see Figures 4.12, 4.13, 4.14 and 4.15 
(Section 4.31). However, the hourly mean OLR graph for Experiment 6.1 would look 
almost identical to Figure 6.2. Minor differences in the daily mean OLRs in 
Experiment 6.1 are due to inconsistencies in the volumes of feed concentrate solution, 
BA solution and water dosed caused by peristaltic tubing / pumping system.
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Figure 6.1 Daily mean influent COD / effluent COD for Experiment 3.

The stability of certain process parameters is fundamental for successful anaerobic 
digester operation, especially during the start-up phase. This is particularly the case for 
high-rate reactors. In Experiments 2 - 5 the main cause for instability with regards to 
the reactor was the continual extreme OLR variation. The main cause of instability 
with regards to the controller was the continual interruption of the data it was using to 
control the process (on-line B A), and the main reason for the inconsistency of the (on 
line BA) data being used for control was the continual presence in the effluent of 

washed-out biomass.
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Figure 6.2 Daily mean influent COD / effluent COD for Experiment 6.1.

Severe OLR variation (as observed in Experiment 3) is not a desirable pattern of 

feeding for the micro-organisms in the start-up phase, nor would it be a useful pattern 

of waste treatment in an industrial situation, as organic pollution consents would be 

periodically surpassed. It is also important to note that while Experiment 3 ended after 

11 weeks due to granule washout (4.5 1 sludge remained in reactor) and lack of 

stability, Experiment 6 continued successfully for a further 39 days until the HRT 

change and three OLR step change experiments were completed.

Aside from controller problems caused by the 'time delay' between what is happening 

in the reactor and what the controller calculates is happening due to the BA data it 

receives, the main factor affecting the unstable loading rates in Experiments 2 - 5 were 

interruptions in the on-line BA data. Table 6.5 shows the number of interruptions to 

BA data per start-up experiment, and the BA monitor's overall percentage 'downtime' 

during Experiments 2-6.1.
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Table 6.5 BA monitor 'downtime' in Experiments 2 - 6.1.
Start-up 
Experiment

2*

3

4

5

6.1

Duration of 

Experiment 
(hours)

984

1773

583

1173

1742

Number of 
Interruptions to 

on-line BA data

8

9

>11

>22

8

Total BA 
monitor 'down 
time' (hours)

123

f 173
151

642

449

[% of 
Experiment BA 
monitor not 
working

12.5 %

10%

25.9 %

54.7 %

25.8 %
* original BA monitor used

It must be stated that only major malfunctions (that required operator maintenance) 
were included here. Cases where the BA monitor gave spurious results and righted 
itself were not included. It must also be noted that limited importance should be placed 
on comparisons of the percentage downtime figures between experiments, as if a 
problem occurred (or was about to occur) during the day, it was immediately rectified, 
whereas night-time malfunctions went unnoticed until the following morning. 
Experiment 2 used the original BA monitor. Although there were fewer malfunctions 
that required maintenance, there was a large amount of 'drift' and considerable 
unexplained inconsistency in the BA signal.

Concluding remarks from comparing start-up Experiments 2-5 with Experiment 6.1 
were:

• Using BA as determined by the BA monitor as a control parameter it is preferable 
to use BA dosing as a control action, rather than OLR variation. Any malfunctions 
in the device used to provide the data on which the controller works did not have 
such serious repercussions throughout the reactor system when BA dosing was used 
as a control action.

• A continually fluctuating OLR during start-up phases is often associated with 

granule disintegration and severe washout.
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. A steady OLR encourages good biomass development during start-up (in terms of 
less washout and gradually increasing waste treatment efficiency).

. If the B A monitor is to be used for the automatic control of anaerobic digester start 
ups, it needs to be more robust and reliable.

6.2 Experiment 6.3 with Experiment 6.4

In these consecutive experiments a similar step change in OLR was applied. Table 6.6 
compares key points of Experiments 6.3 and 6.4. As can be seen from the table the 
estimated volume of bacteria was similar, as was the HRT, the Vup, and the duration of 
the OLR step-change. The minor differences in the mean COD values (and thus OLR 
figures) were caused by slight inaccuracies in the Hows delivered by the peristaltic 
pumps.

Table 6.6 Conditions of Experiments 6.3 (OLR step-change 1) and 6.4 (OLR 
step-change 2).

Influent COD change 
(rag/1)
Percentage COD change 
from initial (%)
OLR change 
(kgCOD/m3/day)
Approximate HRT 
(hours)
Upflow velocity (m/h)
Duration of overload 
(hours)
Estimated volume of 
settled sludge in reactor
(1)

Experiment 6.3 (OLR 
Step Change 1)

4688 to 12735 to 60 15

172

10.0 to 28.1 to 11. 8

11

4.87

12

5

Experiment 6.4 (OLR Step 
Change 2)

6015 to 14628 to 6023

143

11. 8 to 32.4 to 12

11

4.87

12

5
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Figure 6.5 OLR / percentage COD removal for Experiment 6.4.

Figure 6.3 shows the OLR step change Experiments 6.3 and 6.4 with 84 hours before 
and after each. As can be seen the mean COD of the effluent was considerably lower in 
the period leading up to Experiment 6.3 than it was in the period leading up to 
Experiment 6.4 (1388 mg/1 compared to 2464 mg/1). In Experiment 6.3 the COD of the 
effluent peaked at 8740 mg/1 (hour 9 of higher OLR) and then immediately began to 
decrease (hour 10 of higher OLR), whereas in Experiment 6.4 the effluent COD rose 
immediately and plateaued around 6900 mg/1 until the OLR was reduced to 12 
kgCOD/m3/day at hour 97. The mean effluent COD in the 84 hour period after the 
period of higher OLR was very similar in both experiments, 2026 mg/1 in Experiment 
6.3 and 1933 mg/1 in Experiment 6.4, corresponding to 67 % and 68 % COD removal 
respectively (see Figures 6.4 and 6.5). From this it can be said that treatment efficiency 
fully recovered after both OLR step change experiments. This COD removal efficiency 
is lower than those reported in industry for EGSB reactors treating sucrose-based 
wastes, with the full scale EGSB reactor at British Sugar in York achieving a steady 
COD removal efficiency of 75 - 80 % during their 1999 campaign 
(www.dti.gov.uk/biowise - 26/02/03), while Frankin (2001) suggests that the average 
COD removal efficiency for UASB and EGSB reactors in industry is 70 - 90 %. It is 
assumed that the COD removal values observed in these experiments (see Sections 4.2 
to 4.5 and 5.2 to 5.6) were to some degree lowered by the raised COD of effluent 
samples due to the presence of suspended solids. Another factor possibly responsible
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in some way for these values being lower than those observed in the literature and in 

industry could be the fact that the EGSB reactor often contained sub-optimal volumes 

of biomass (at the start of experiments due to the primary objective being the 

investigation of on-line control based on BA, and at the end due to the rate of washout 

exceeding the rate of biomass accumulation).
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Figure 6.6 Comparison of OLR / TVFA concentration during Experiments 6.3 

and 6.4. Hour 0 here is hour 50 in Experiment 6.3 and hour 29 in 

Experiment 6.4.

Figure 6.6 shows the comparison of the OLR and the total volatile fatty acids 

concentration during the 84 hours before and after Experiments 6.3 and 6.4. Table 6.7 

compares Experiments 6.3 and 6.4. Despite the slightly higher OLR in Experiment 6.4, 

it can be seen that the TVFA values are very similar, averaging 351 and 412 mg/l 

before, rising to a mean of 2138 and 2137 mg/l in hours 9 - 12 of each OLR step- 

change, and 503 and 458 mg/l afterwards. Despite the OLR increase in Experiment 6.4 

being slightly bigger than in Experiment 6.3, the mean TVFA concentration during the 

period of higher OLR is slightly lower. This similar accumulation of VFAs for a higher 

OLR, combined with the fact that the total moles of NaHCO3 dosed (calculated from 

the strength of the BA solution X rate of addition) during Experiment 6.4 was 

considerably lower than that dosed in Experiment 6.3 (4.18 compared to 4.44 moles), 

could suggest a larger population of post-acidogenic bacteria, capable of faster
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metabolisis (in terms of limiting accumulation) of the VFAs through to methane. 

Despite the lower amount of buffering provided, for a larger OLR step-change, the 

reactor showed a greater efficiency, in terms of percentage COD removal, during 

Experiment 6.4 (mean COD removal during period of raised OLR plus 1 HRT = 51 %) 

than during Experiment 6.3 (mean COD removal during period of raised OLR plus 1 

HRT = 43 %). It is accepted that these differences may be due to slight variations in 

the volume of feed concentrate or BA solution delivered by the peristaltic tubing, or 

due to differences in the amount of suspended solids in the effluent.

Table 6.7 Comparison of Experiments 6.3 and 6.4.

Mean TVFA cone, during 
84 hours before OLR step 
change (mg/1)

Mean TVFA cone, during 
OLR step change + 1 HRT 
(mg/1)

Mean TVFA cone, after 
OLR step change (mg/1)

Highest TVFA value 
recorded (mg/1)
Lowest hourly average pH 
reached
Time spent at pH less than 
6.5 (hours)
Time after OLR drop that 
pH rose to pH >6.5 
(hours)
Lowest hourly average 
(on-line) BA (mgCaCOs/l)
Time spent at BA less 
than 1000 mgCaCOs/l 
(hours)
NaHCOj dosed during 
each OLR step change (+ 
1HRT). (moles)

Experiment 6.3
351 

n = 29 
std dev = 87

1451 
n = 18 

std dev = 533
503 

n = 21 
std dev = 106

2155

6.16

17

4

821

2

4.44

Experiment 6.4
412 

n=16 
std dev = 59

1446 
n = 19 

std dev = 569
458 

n=17 
std dev = 37

2209

5.89

13

3

709

12

4.18
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Figure 6.7 OLR / gas production / percentage carbon dioxide during 

Experiment 6.3.
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Figure 6.8 OLR / gas production / percentage carbon dioxide during 

Experiment 6.4.
No data was recorded between hours 197 and 203 due to the monitoring computer crashing.

As changes in gas production and composition are a direct result of instability and 

changes in OLR they are generally not considered good control variables or instability 

indicators. The results from these experiments, however, (Figures 6.7 and 6.8) show 

both parameters to be faster in (observable) response than on-line BA (due to the 

response time of the monitor), and only slightly slower than pH (Figure 5.19). pH data
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could be seen to begin decreasing 6 minutes after the OLR was raised, while carbon 

dioxide percentage was observed to begin increasing 24 minutes after the OLR raise 

(taken from mean of data from Experiments 6.3, 6.4 and 6.5). Although changes were 

'observed' in the data, the times taken for the on-line parameters to respond by 2 

standard deviations from the steady state mean are slightly higher, and can be observed 

in Table 6.8. Again, TVFA concentrations rise immediately (see Figure 6.6) but at 

present cannot be measured reliably and economically on-line. As can be seen from 

Figures 6.7 and 6.8 above, the gas production in these cases was not very steady. 

Figures 6.7 and 6.8 show hourly mean data. The data by minute is even more erratic. 

This is partly due to the fact that the reactor headspace filled with foam / bubbles 

occasionally, meaning that gas production and composition measurements were not 

representative of what was actually happening in the liquid phase. This foaming / 

bubble formation could be eliminated by addition of an anti-foam with the influent. 

Other factors (aside from the OLR) affecting the gas production data were the liquid 

level within the reactor, the taking of off-line samples and the different back-pressure 

required to force the gas through the two separate gas flow meters (described in Section 

3.4.2). Despite both being accurately calibrated, a considerably higher gas pressure 

was required for the low flow gas meter to measure the gas. This accounted for a 

significant amount of measured gas flow oscillation, as the gas flow was usually 

between 100 - 200 ml/min (the 'up' and 'down' setpoints that switch this flow 

automatically between the two meters were 120 ml/min and 100 ml/min respectively). 

Table 6.8 shows the response times of on-line parameters to the OLR step changes in 

Experiments 6.3 and 6.4.

Table 6.8 Response times of on-line parameters to the OLR step changes in 

Experiments 6.3 and 6.4.

MEAN RESPONSE TIME (mins)
2 standard deviations from steady state mean 

_____(mean of previous 180 mins)

3ercentage carbon dioxide 26.5

3as production 18
PH 25

Bicarbonate alkalinity 54.5
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The steady state mean was for the purposes of Table 6.8 taken as the mean of the 180 

minutes prior to the respective OLR step changes. The standard deviation of the data 

during this period was also calculated, and the time taken after the OLR step increases 

for the data to differ from the calculated mean by two standard deviations was recorded. 

As can be observed in Table 6.8 the time taken for the on-line parameters to respond to 

the OLR step increases was similar (26.5 minutes for carbon dioxide percentage, 18 

minutes for gas production, and 25 minutes for pH), with the exception of the on-line 

BA which took an average of 54.5 minutes due to the response time of the BA monitor. 

It must also be borne in mind that high variations within the BA and pH data (due to the 

method of control) made the standard deviations of these data large.

The on-line carbon dioxide percentage in the biogas in each experiment responded 

immediately and significantly to the rise in OLR (23 minutes to rise above 2 standard 

deviations from the previous mean value in Experiment 6.3, and 30 minutes to rise 

above 2 standard deviations from the previous mean value in Experiment 6.4, see 

Figures 6.7 and 6.8). The percentage carbon dioxide during the periods of steady 

operation before the OLR step changes, being 53.4 % (n = 42, std dev = 1 %) in 

Experiment 6.3, and 53.7 % (n = 112, std dev = 1 %) in Experiment 6.4, was slightly 

higher than the limits of normal anaerobic treatment described by McCarty, (1964). 

The reason for this is probably the steadily high bicarbonate alkalinity in the reactor. A 

large proportion of the large increase in carbon dioxide percentage in each experiment 

is due to the destruction of the large amounts of bicarbonate being added. In each 

experiment, as soon as the OLR is lowered, the gas production and the percentage 

carbon dioxide begin to decrease within ten minutes. The fact that the percentage 

carbon dioxide begins to decrease within ten minutes of the OLR lowering is of 

interest, however, as in each case the maximum possible volume of BA solution (44 

ml/min) is still being dosed more than six hours after the lowering of the OLR. 

Therefore the main reasons for the immediate percentage carbon dioxide lowering must 

be a combination of both the sharply lowering TVFA concentration, and the production 

of greater volumes of methane, both a direct result of a 'resurgence' of the 

methanogenic bacterial population which is no longer inhibited.

As can be seen from Figures 6.7 and 6.8 the mean gas production during the OLR step 

change is slightly higher in Experiment 6.4 (511.6 ml/min) than it is in Experiment 6.3
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(445.3 ml/min). It is perhaps surprising that despite the gas production being 13 % 
higher in Experiment 6.4 than in Experiment 6.3, the corresponding mean percentage 
carbon dioxide over the same periods is 4 % lower. This indicates that not only is more 
gas being produced in Experiment 6.4, but that a higher proportion of it is methane. 
This apparent rise in the percentage and volume of methane being produced could be a 
direct function of the differences in size of the OLR step change (172 % compared to 
143 %). It could also possibly indicate the presence of a stronger methanogenic 
population in the second organic step change, backing up conclusions already reached.

Despite the slightly higher OLR during the OLR step change in Experiment 4 (32.4 
compared to 28.1 kgCOD/m3/day), there was a lower amount of NaHCO3 dosed (4.18 
compared to 4.44 moles). There was also a lower average TVFA concentration, a 
lower percentage carbon dioxide, a higher gas production, and a lower average effluent 
COD. All of these factors indicate that the VFA degraders were more active during the 
second OLR step change. Possible reasons for this include the possibility that the first 
OLR step change may have strengthened the culture. Such a trend has also been 
observed by Find et al., (2003) who showed pulses of VFA to have a positive effect on 
process yield. Find et al., (2003) suggested that the VFA degraders could quickly adapt 
to a higher organic loading, and that the use of periodic feeding / spiking could lead to a 
more robust and better-yielding process.

6.3 Comparison of Experiments 6.3 and 6.4 with Experiment 6.5

Since the effect of an OLR step change in Experiments 6.3 and 6.4 (with control) was 
reproducible, Experiment 6.5 repeated the OLR step change without control. 
Conditions were similar for the three OLR step change experiments (see Table 6.9). 
The influent CODs before and during the step-load increase are marginally higher in 
Experiment 6.5. As populations within the sludge are constantly evolving to adapt 
better to their environmental conditions and feeding regime, bacterial activity, 
population dynamics and granule characteristics within the sludge are constantly 
changing. Therefore in-sludge conditions and characteristics may have been different 

at the start of each experiment.
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Table 6.9 Comparison of OLR step overloads with and without control.

Influent COD 
change (mg/1)

Percentage COD 
change from 
initial (%)
OLR change 
(kgCOD/nvVday)

Approximate 
HRT (hours)
Upflow velocity 
(m/h)
Duration of 
overload (hours)
Estimated 
volume of settled 
granules in 
reactor (1)

Experiment 63 
(OLR Step 
change 1)
4688 to 12735 to 

6015

172

10.0 to 28.1 to 
11.8

11

4.8

12

5

Experiment 6.4 
(OLR Step change 
2)

6015 to 14628 to 
6023

143

11. 8 to 32.4 to 12

11

4.8

12

5

Experiment 6.5 
(OLR Step change
3)

67 12 to 16047 to 
6712

139

13 to 32.9 to 12.5

11

4.8

12

5

Figures 6.9, 6.10 and 6.11 show the OLR, the BA setpoint, the on-line BA and the 
moles/minute of BA solution dosed throughout the 24 hours before, during and the 24 
hours after Experiments 6.3, 6.4 and 6.5. All values used are hourly averages of data 
recorded every minute.
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Figure 6.10 OLR / BA setpoint / BA signal / moles/min NaHCO3 dosed 24 hours 
before, during and 24 hours after OLR step change in Experiment 

6.4.
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Figure 6.11 OLR / BA setpoint / BA signal / moles/min NaHCO3 dosed 24 hours 

before, during and 24 hours after OLR step change in Experiment 

6.5.

The oscillatory nature of the BA dosing during the two automatically controlled 

experiments (Experiments 6.3 and 6.4) is obvious. For both of the OLR step-change 

experiments with controlled BA dosing (Experiments 6.3 and 6.4) it can be seen that as 

soon as the OLR was increased and the on-line BA began to drop, the volume of BA 

solution dosed was maximised. As is supposed to happen, the volume of BA dosed 

remained maximised for as long as the on-line BA was below the setpoint. It can be 

seen that with the automatic control, the BA, although considerably lowered by the 

increased OLR, remained well above zero. Without control (Expt. 6.5, Figure 6.11) the 

BA also decreased immediately that the OLR was raised, but unlike Experiments 6.3 

and 6.4 (Figures 6.9 and 6.10 respectively) it continued to decrease until it reached 0 

mgCaCOs/l. There was no measurable BA (on or off-line) for a period of seven hours. 

Four hours after the OLR was lowered, the on-line BA began to rise.

In terms of the speed of recovery, the benefit of control is also obvious. It can be seen 

that for Experiments 6.3 and 6.4 (Figures 6.9 and 6.10 respectively) the on-line BA 

started to rise immediately that the OLR was lowered. For Experiment 6.3 (Figure 6.9) 

the on-line BA was only less than 1000 mgCaCO3/l for two hours during the period of
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higher OLR. For Experiment 6.4 (Figure 6.10) a bicarbonate alkalinity of more than 

1000 mgCaCOa/l was recovered in less than three hours from the lowering of the OLR. 

Without control, it took over thirteen hours (from the end of the period of higher OLR) 

to reach a BA of over 1000 mgCaCCVL As process pH is intrinsically linked to the 

BA, these trends were also apparent in the pH data (see Figures 6.12, 6.13 and 6.14). It 

is clear that without control the in-reactor pH stayed at a lower value for a longer time 

(see Table 6.9). Although positioned within the granules, and sheltered from bulk 

liquid conditions by the granules outer layers, aceticlastic methanogenic bacteria are 

reported to be inhibited at pH values less than 6.0 (see Section 2.2.2). The presence of 

a control system in this case minimised time spent at pH less than 6.0 and thus speeded 

up recovery and enabled faster resumption of efficient wastewater treatment.
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Figure 6.12 pH / TVFA concentration 24 hours before, during and 24 hours 

after OLR step change in Experiment 6.3.

208



6.9 

6.7 

6.5 

6.3 

6.1 

5.9 

5.7 

5.5

period of 
raised OLR

• TVFA Concentration

3000

f 2500

2000 Z 
OI-

1500 £
UIo

1000 g

-f 500

90 95 100 105 110 115 120 125 130 135 140 145 150 

___________________ PERIOD (Hours)

Figure 6.13 pH / TVFA concentration 24 hours before, during and 24 hours 

after OLR step change in Experiment 6.4.
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Figure 6.14 pH / TVFA concentration 24 hours before, during and 24 hours 

after OLR step change in Experiment 6.5.

As can be seen by comparing Figures 6.12 and 6.13 with Figure 6.14 the pH values 

during the periods of organic step change (and immediately afterwards) were 

considerably lower in Experiment 6.5, when control was not present than in 

Experiments 6.3 and 6.4 when control was present. The lowest hourly average pH
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reached in Experiment 6.5 (Figure 6.14) was 5.62, compared with 6.16 in Experiment 
6.3 (Figure 6.12) and 5.89 in Experiment 6.4 (Figure 6.13). The mean pH for the 
period of increased OLR plus one HRT afterwards was 6.15 in Experiment 6.5 (Figure 
6.14), 6.42 for Experiment 6.3 (Figure 6.12) and 6.40 for Experiment 6.4 (Figure 6.13). 
Importantly, the period taken for the pH to rise again to over 6.5 was 11 hours in 
Experiment 6.5, compared to 4 and 3 hours respectively in Experiments 6.3 (Figure 
6.12) and 6.4 (Figure 6.13) when control was present. TVFA values were also higher 
during the period of raised OLR in Experiment 6.5 (Figure 6.14), reaching a maximum 
value of 2515 mg/1 and a mean of 1956 mg/1. This compared with a maximum of 2155 
mg/1 and a mean of 1655 mg/1 in Experiment 6.3 (Figure 6.12) and a maximum of 2209 
mg/1 and a mean of 1627 mg/1 in Experiment 6.4 (Figure 6.13).

Table 6.10 shows comparisons of some important process characteristics between the 
three OLR step change experiments.

Table 6.10 Comparison of Experiments 6.3,6.4 and 6.5.

Lowest hourly 
average pH reached
Time spent at pH 
less than 6.5 (hours)
Time spent at pH 
less than 6.0 (hours)
Time after OLR drop 
that pH rose to pH 
>6.5 (hours)
Lowest hourly 
average (on-line) BA 
(mgCaCO3/l)
Time spent at BA 
less than 1000 
mgCaCOs/l (hours)
Time spent at BA 
less than 500 
mgCaCO3/l (hours)
NaHCO3 dosed 
during each OLR 
step change + 1 HRT 

Jmoles)

Experiment 6.3

6.16

17

0

4

821

2

0

4.44

Experiment 6.4

5.89

13

1

3

709

12

0

4.18

Experiment 6.5

5.62

22

8

11

0

22

15

3.13
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It seems that the OLR step change with no operational control had a negative effect on 

the efficiency of the sludge. The percentage COD removal during the 84 hours after 

the period of higher OLR was not as high as in the same period during the previous two 

experiments (60.6 %, compared to 67.0 % and 67.9 %). It is not known whether this 

damage was temporary or long-lasting. The BA, TVFA, methane percentage and pH 

data all show that the reactor was less severely affected by the OLR changes when the 

control system was operational. Time spent at BA < 1000 mgCaCO3/l was 22 hours in 

Experiment 6.5, compared to only 2 and 12 in Experiments 6.3 and 6.4 where control 

was present. Mean TVFA values during the period of higher OLR were 1956 mg/1 for 

Experiment 6.5, compared to 1655 mg/1 and 1627 mg/1 for Experiments 6.3 and 6.4, 

and the mean off-line methane percentage during the period of raised OLR was 33.1 % 

in Experiment 6.5 compared to 35.9 % and 37.7 % for Experiments 6.3 and 6.4.

It seems that the organic step change in Experiment 6.5 may have induced a 

fundamental change in microbial activity that Experiment 6.4 did not. This observation 

is based on the higher levels of VFAs after the OLR step change in Experiment 6.5. 

Acetic and propionic acid in particular can be observed to reach steady levels higher 

than their steady levels before the OLR step change. Acetic, propionic and n-butyric 

acid concentrations averaged 585 mg/1 (std dev = 70 mg/1, n = 15), 256 mg/1 (std dev = 

57 mg/1, n = 8) and 79 mg/1 (std dev = 7 mg/1, n = 8) after the OLR step change plus 

one HRT, compared to 411 mg/1 (std dev = 125 mg/1, n = 27), 117 mg/1 (std dev = 12 

mg/1, n = 27) and 47 mg/1 (std dev = 48 mg/1, n = 23) before. The same observation 

was made after Experiment 6.3, Experiment 6.4, however, did not appear to have any 

significant lasting effect on the microbial activity of any bacterial group. This was 

probably due to the fact that the OLR step change in Experiment 6.4 was similar to 

Experiment 6.3, with respect to the OLR rise and duration, and that control was present.

Inane et al, (1996) show that population dynamics during shocks are the main factors 

controlling propionic acid concentration, reporting a shift in the dominant species 

within the acidogenic populations. In the case of Experiment 6.5 the period of 

increased OLR did not appear to precipitate any change in the dominant acidogenic 

species, as propionic and n-butyric acid concentrations rose at approximately the same 

rate as in Experiment 6.4 (Figures 5.14 and 5.24).
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In Figure 5.12 the rate of propionic acid rise was greater than the rate of n-butyric rise 

when the OLR was increased, and after the shock the ratio of propionic to n-butyric 

acid was slightly higher than before the shock. Therefore perhaps the period of raised 

OLR in Experiment 6.3 altered the microbial activity in favour of the propionate 

producers, while in Experiments 6.4 and 6.5 the slightly lower pH values reached 

slightly favoured the n-butyric acid producers over the propionic acid producers (in 

Experiment 6.3 mean pH during period of raised OLR = 6.3, minimum = 6.13, in 

Experiment 6.4 mean pH during period of raised OLR = 6.17, minimum = 5.89, and in 

Experiment 6.5 mean pH during period of raised OLR = 6.05, minimum = 5.62).

Mawson et al, (1991) found that increasing the acetic acid concentration from 1000 

mg/1 to 2000 mg/1 significantly inhibited the degradation of propionic acid. Wang et 

al, (1999) observed that when the acetic acid concentration was greater than 1400 mg/1 

the propionic degradation rate markedly decreased. McCarty and Brousseau, (1963) 

demonstrated that methanogenic populations were inhibited at propionic acid 

concentrations in excess of 1000 mg/1, while more recently Stronach et al., (1986) 

reported methanogenic populations to be inhibited at propionate concentrations in 

excess of 3000 mg/1, and suggested that this effect could be overcome by acclimation. 

In these experiments (6.3, 6.4 and 6.5) the exact reason for the accumulations of each 

individual VFA can only be speculated. It is impossible to say beyond doubt that 

propionic acid degradation was inhibited by the elevated acetic acid concentration, or 

that the propionic acid concentration itself did not cause some inhibition, or that the 

degradation of propionate or butyrate was not inhibited by the probable high hydrogen 

concentration during the periods of raised OLR, or the low pH values. A combination 

of the probable high hydrogen concentration, the low pH and the increasing 

concentrations of acetic, propionic and butyric acids all played their part and were all 

the result of a change in the OLR. In any case if a steady OLR can not be guaranteed 

(which is often the case in industry), the importance of monitoring and controlling both 

pH and VFA levels is further emphasised.

In the literature there has been much importance given to the ratio of propionic acid to 

acetic acid (see Sections 2.2.4.1 and 2.9.2), with many authors attempting control based 

on this ratio. In contrast to literature (eg Marchaim and Krause, 1993), it was found in 

Experiments 6.3, 6.4 and 6.5 that although the propionic acid concentration rose when
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the OLR was increased, the concentration of acetic acid rose more. Therefore the ratio 
of propionic acid to acetic acid actually decreased. Based on these results it would 
seem that basing a control strategy on propionic : acetic acid ratios, at least with a 
sucrose based feed, would be inadvisable.

hi each experiment acetic acid accumulated, but in each case the concentration of acetic 
began to decrease before the end of the OLR step change (Figures 5.12, 5.14 and 5.24). 
This is somewhat surprising given the low pH values at the respective times. The pH 
value at hour 9 of the step change in Experiment 6.3 when the acetic acid concentration 
began to decrease was 6.23 (see Figures 5.9 and 5.12), 5.89 at hour 10 of the step 
change in Experiment 6.4 (see Figures 5.19 and 5.14), and 5.62 at hour 10 of the step 
change in Experiment 6.5 (Figures 5.23 and 5.24). Given that aceticlastic 
methanogenic bacteria are said to be completely inhibited at pH values less than 6.0 
(Batstone et al., 2002)), and acidogens and obligate hydrogen producing acetogens (e.g. 
propionate and butyrate degraders) are said to be not at all inhibited above 5.5 
(Batstone et al., 2002), the case for the aceticlastic methanogens being protected from 
the bulk liquid of the reactor is clear. Despite the bulk liquid pH being less than 6.0 in 
Experiments 6.4 and 6.5, the pH values are not low enough for acetic acid production to 
be inhibited, the acetic acid concentration is in both cases observed to drop, from 1520 
mg/1 to 1466 mg/1 from hours 10 - 12 of the period of raised OLR in Experiment 6.4, 
and 1867 mg/1 to 1086 mg/1 from hours 10 - 12 of the period of raised OLR in 
Experiment 6.5. Aside from the possibility of the concentration reducing because more 
acetic acid is being washed through the reactor than is being produced, the only 
possible explanation is that the aceticlastic methanogens begin to utilise acetate at a rate 
faster than that at which it is being produced. Given the approximate 2.5 day doubling 
time for aceticlastic methanogens (Mosey and Fernandes, 1989) this cannot be due to 
the population increasing in size, and therefore must be due to an increased activity of 
those aceticlastic methanogens present. The fact that the activity of the aceticlastic 
methanogens is increased despite the conditions in the bulk liquid indicating they 
should be inhibited underlines the fact that the population is 'protected' in a micro- 
niche within the granules from the low pH in the bulk liquid by other more pH resistant 
populations. It also seems likely that the pH is actually higher within the granule as 

hypothesised by Brummeler et al., (1985) and demonstrated for denitrifying biofilms by 

Arvin and Kristensen, (1982).
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From the data presented in Figures 5.12, 5.14 and 5.24 the concentration of n-butyrate 

began to decrease before the end of Experiment 6.3, whereas in both Experiments 6.4 

and 6.5 the n-butyric concentration rose until hour 12 of the raised OLR, and began to 

decrease immediately that the OLR was reduced. This could be due to the slightly 

higher OLR delivered in Experiments 6.4 and 6.5, or due to:

1). propionate production being favoured over butyrate production to a greater degree 

in Experiment 6.3, but not in Experiments 6.4 and 6.5, tiierefore lower amounts of 

butyrate were being produced in 6.3, and the butyrate degraders were working at a 

similar rate as in Experiments 6.4 and 6.5 - meaning that the concentration was able to 

decrease before the period of higher OLR ended.

2). The slightly higher pH in Experiment 6.3 enabled inroads to be made into the 

butyric acid accumulation, whereas the lower pH values in Experiments 6.4 and 6.5 

slightly negatively affected the butyrate degradation - this is unlikely as acetogenic 

bacteria are not at all inhibited above pH 5.5.

Propionic acid concentration began to decrease as soon as the OLR was reduced in 

Experiment 6.3 and 6.4 and 5 hours after the OLR was reduced in Experiment 6.5. The 

primary reason attributed to the propionate accumulation continuing after the lowering 

of the OLR in Experiment 6.5 was the lack of buffering present (0 mgCaCOa/l from 

hours 141 to 148 of Experiment 6.5, hour 10 of period of raised OLR until 5 hours after 

OLR was reduced). As soon as the BA started to rise from 0 mgCaCOs/l, the pH 

simultaneously rose above 6.0 (Figures 6.11 and 5.23), and the propionate 

concentration began to be reduced. This rise in pH and buffering capacity probably 

caused a lowering of the dissolved hydrogen concentration as the conditions once again 

became suitable for the lithotrophic methanogens. These hydrogen utilising 

methanogens which are completely inhibited below pH 6.0 (Batstone et al, 2002), are 

normally present on the outer layers of granules (Arcand et al, 1994; Guiot et al, 

1992), and would be fully exposed to bulk liquid conditions, unlike the aceticlastic 

methanogens, which are normally protected to some degree in the granules inner layers 

(Thavreesi etal, 1995; Guiot etal, 1992; Arcand etal, 1994).

The control system also promotes a faster recovery to conditions conducive to efficient 

wastewater treatment, and limits the time spent at low pH values, which are possibly
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damaging to the methanogenic bacteria. In Experiment 6.5 time spent at pH < 6.5 was 

22 hours, compared with 17 hours in Experiment 6.3 and 13 hours in Experiment 6.4. 

Hourly mean pH was < 6 for 8 hours in Experiment 6.5 (Figure 6.14), 0 hours in 

Experiment 6.3 (Figure 6.12) and 1 hour in Experiment 6.4 (Figure 6.13).

6.4 Conclusions from comparisons between Experiments 6.3,6.4

and 6.5

The main conclusions from comparisons between experiments were:

• hi Experiments 6.3, 6.4 and 6.5 acetic and propionic acids were the dominant 

VFAs.

• The BA, TVFA, methane production and pH data all show that the reactor was less 

severely affected by the OLR step changes when the control system (based on BA 

dosing) was operational than when it was not.

• Use of the control system (based on BA dosing) promotes a faster recovery to 

conditions conducive to efficient wastewater treatment, and limits the time spent at 

low pH values that are possibly damaging to the methanogenic bacteria, compared 

to a non-controlled situation.
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7.0 OVERALL CONCLUSIONS

Aims of this project were:

1. To fully test and evaluate the potential of an on-line bicarbonate alkalinity 

monitor (Guwy et al., 1994) to operate continuously on a lab scale anaerobic 

digester.

2. To determine and evaluate whether the start-up of an EGSB reactor can be 

successfully controlled using a specific simple control strategy based solely on 

on-line bicarbonate alkalinity data.

3. To determine whether the same control strategy can sustain acceptable reactor 

performance.

4. To evaluate the effects of two different control actions (OLR variation and BA 

dosing) on anaerobic digester performance.

5. To see if the control system can successfully 'guide the micro-organisms 

through' a series of reactor disturbances, e.g. hydraulic and organic loading rate 

step changes, preventing process failure.

6. To identify the digester control variable which (given present available 

technology) could provide the best indication of process well being and the best 

warning of instability.

hi order to have a clearer indication of the performance of the control strategy and the 

associated controller parameters during the start up experiments (Experiments 1-6.1), 

it would be preferable to have uninterrupted data which was not perturbed by 

unforeseen events. Similarly, it is only possible to speculate as to how exactly the 

bacterial population might have evolved under the controller's guidance in each 

experiment were it not for the continual interruptions. Clearly a process cannot be 

optimised unless it is successfully started up.

The control action of OLR variation was used in Experiments 1-5. Throughout 

Experiment 1 many minor problems and interruptions prevented a successful start-up, 

and many minor problems were eradicated. Experiment 2 proved that the (original) BA 

monitor was unreliable, but showed that in principle (and with accurate and
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uninterrupted input data) the controller worked reasonably well. A new BA monitor 

was built, with several improvements. Fundamental changes were also made to the 

controller, as it was severely oscillating the loading rate. Despite still being subjected 

to severe loading rate oscillations initial promise of a successful start-up was shown in 

Experiment 3, before high OLRs caused washout and continual BA monitor blockage 

and Experiment 3 was aborted due to unsustainability. Experiment 4 was also cut short 

as repeated BA monitor malfunctions led to sludge damage and washout. Biomass 

washout was again present to some degree during Experiment 5, and again excess 

washout caused BA monitor blockage and loss of control. It was concluded that it was 

not possible to successfully and sustainably start up an EGSB reactor using OLR 

variation as a control action with this controller and BA monitor (in its present form) as 

its sole source of input data.

Experiment 6.1 proved that a successful sustainable start-up of an EGSB reactor was 

possible with the control system described using BA dosing as a control action. Mean 

percentage COD removal was 78 % after 72 days. In this case BA dosing as a control 

action was more conducive to successful operation than OLR variation. This was 

partly due to the lessened impact on the reactor system of errors in the data-supplying 

instrument (BA monitor).

The EGSB reactor (and in particular the bacterial culture) worked equally efficiently 

with an 11 hour HRT as with a 23 (approx) hour HRT. The HRT change did, however, 

adversely affect the smoothness of control. This was understandable as the controller 

was configured based on a 24 hour HRT. Although adversely affected, control was not 

lost, as the on-line BA was always kept between 1500 and 2000 mgCaCO3/l.

The BA, TVFA, methane production and pH data all show that the reactor was less 

severely affected by the OLR changes when the control system was operational. The 

control system also promotes a faster recovery (see Section 6.3) to conditions 

conducive to efficient wastewater treatment, and limits the time spent at low pH values 

which are inhibitory to the methanogenic bacteria. It can be concluded that the control 

system successfully 'guided the micro-organisms through' two twelve hour OLR step 

changes, and in each case prevented process failure. While a similar OLR step change
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without control present did not cause process failure, it did have a negative effect on the 

sludge.

Despite the slightly higher OLR during Experiment 6.4 than during Experiment 6.3 

(32.4 compared to 28.1 kgCOD/mVday), there was a lower amount of NaHCO3 dosed 

(4.18 compared to 4.44 moles). Lower average TVFA concentration, a lower 

percentage carbon dioxide, a higher gas production, and a lower average effluent COD 

(see Section 6.2) also indicate that the methanogenic population was stronger during 

Experiment 6.4. Possible reasons for this include that the OLR step change in 

Experiment 6.3 actually strengthened the culture.

It was also apparent that process operation was more sustainable with a reasonably 

steady OLR (as in Experiment 6.1), rather than a constantly varying OLR (as observed 

in Experiments 1 - 5). Continual extreme OLR variations (as observed in Experiments 

1 - 5) did not promote biomass development and indeed encouraged washout.

Oscillations in feed rate or BA dosing provided by the control system were always 

severe (too severe for successful start-up in the case of OLR variation). This problem 

must be addressed. Further conclusions regarding the controller are discussed in 

Premier (2003).

In the periods of loss of control in Experiment 3, n-butyric acid dominated over 

propionic acid. Butyric acid producers are more resistant to low pH values than 

propionic acid producers (as noted by Inane et al., 1996; Nachaiyasit and Stuckey, 

1995). This work supports the theory of McCarty and Mosey (1991) in that an 

increased production of butyrate might be one way in which microbial consortia 

combat high acidity. This contrasts with the trends observed throughout Experiments 

6.3, 6.4 and 6.5 where acetic and propionic acids were the dominant VFAs. The 

dominance of acetate and propionate over butyrate as observed in Experiment 6 was 

probably because the BA dosing based method of control ensured adequate pH and 

buffering, and pH values did not reach low enough levels for the production of butyrate 

to be favoured. In the periods of Experiment 3 where control was maintained acetate 

was the dominant VFA, with small amounts of propionate and n-butyrate present.

218



The sucrose based feed was beset with problems such as higher loading rates leading to 

biomass washout as observed by Speece (1996) and Cohen et al., (1980), but eventually 

a good culture developed (with BA dosing as control action). Granules became larger, 

there were less particles in the reactors upper section, and less biomass washout.

Variables providing the best indication of process well-being are BA and pH, while the 

variable providing the best warning of instability was judged to be the trend in TVFA 

data. With regards to the on-line measurement of VFAs, more information and 

possibly testing is needed on the work of Find et al., (2002) and Feitkenhauer et al, 

(2002) regarding the reliability, simplicity and (above all) price of their measurement 

devices.

On the basis of this work if only one parameter is to be monitored, BA is a good choice, 

however, the measurement device needs further development if it is to be used 

continuously on-line. The BA monitor can be successfully used for short periods, e.g. 

12 hours (overnight), or several days, but not for continuous use (e.g., in start ups). The 

longer it is operational, the more chance of malfunction. The presence of some 'device 

malfunction alarm', to alert the operator or automatically switch control to another 

parameter (or the same parameter with different measuring device) would be beneficial.

In these Experiments the pH probe proved to be more reliable and consistently required 

less maintenance than the BA monitor (see Table 4.3, Section 4.5). In these 

experiments the pH probe showed several unexplained jumps and troughs in output, 

however, as the probe was only cleaned and recalibrated before and after each 

experiment (in order to maintain a 'closed' reactor system) this is perhaps no surprise. 

It was felt that regular cleaning of the probe would prevent this inconsistency, likely to 

be caused by build up of bacterial growth. Interpretation of a combination of 

parameters for control is preferable when faced with the unpredictability / uncertainty 

of the start-up phase, however this must be balanced against the added complexity of 

such a controller.

The fact that propionate accumulation was minimal compared to acetate and n-butyric 

accumulation, and compared to the fall of pH and BA during the periods of loss of 

control in Experiment 3, would appear to throw weight behind the case against using
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propionic acid concentration (or any ratios based on it) as the sole indicator for control 

purposes.

The concentrations of i-butyric and /-valeric acids were not found to be good indicators 

of process change in Experiments 6.3, 6.4 or 6.5, with the i- and n-valerate 

concentrations both staying less than 30 mg/1 throughout all three periods of raised 

OLR, and any rises in concentration taking place after the significantly larger rises in 

acetic, propionic and n-butyric. The /-butyric acid concentration also stayed low (less 

than 30 mg/1) throughout, and any rise occurred after the significantly larger rise in n- 

butyric acid concentration.

Summary:

• The BA monitor was reliable for short periods (e.g. overnight, or possibly over a 

weekend), provided biomass washout was minimal, but when used continuously or 

for a prolonged period the reliability / robustness of the monitor was questionable.

• A thorough and professional re-engineering of the BA monitor (using wider bore 

tubing and larger flows which would require a larger reactor and / or shorter HRT 

than was used in this work, a more precise pumping system, and possibly with a 

suitable low maintenance sample filtration unit) could provide a suitably reliable 

and robust instrument.

• Oscillations in feed rate or BA dosing provided by the control system were always 

severe (too severe for successful start-up where the control action was OLR 

variation).
• It was not possible to successfully and sustainably start up an EGSB reactor using 

OLR variation as a control action with this controller and BA monitor (in its present 

form) as its sole source of input data.

• Experiment 6.1 proved that a successful sustainable start-up of an EGSB reactor 

was possible with the control system described solely using on-line BA data and 

using B A dosing as a control action.

• It was possible to successfully control OLR step-changes based on on-line BA data 

using the BA monitor based control system and BA dosing as a control action.
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The BA, TVFA, methane production and pH data all show that the reactor was less

severely affected by the OLR changes when the control system with BA dosing as a

control action was operational. The control system also promotes a faster recovery

to conditions conducive to efficient wastewater treatment, and limits the time spent

at low pH values which are inhibitory to the methanogenic bacteria.

Variables providing a good indication of process well-being are BA and pH, while

the variable providing the best indicator of impending instability was judged to be

the trend in TVFA data.

In these Experiments the pH probe proved to be more reliable and consistently

required less maintenance than the BA monitor.

Trends in propionic acid (or ratios based upon it) should not be used in control, as at

low pH values the production of n-butyric acid is favoured over propionic.
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8.0 IMPROVEMENTS / FUTURE WORK

This thesis presents the testing of a MRAC controller (Premier, 2003) using data from a 

bicarbonate alkalinity monitor to control an EGSB reactor treating a sucrose-based 

waste. This controller was considered to be the first stage of a development process, 

potentially leading to a transferable generic anaerobic digester controller, which was 

the ultimate ambition of the combined (and future) projects.

In order to have a clear indication of the performance of the control strategy and the 

associated controller parameters, it would be necessary to have uninterrupted data 

which was not perturbed by unforeseen events. Similarly, it is only possible to 

speculate as to how exactly the bacterial population might have evolved under the 

controller's guidance in each experiment were it not for the continual interruptions. 

With this in mind, it would be beneficial to repeat the control experiments with a more 

reliable data source (be it a re-engineered BA monitor attached to a pilot scale reactor 

providing greater flows, or a reliable device measuring another parameter, either pH or 

TVFA).

Although there are significant question marks over the reliability and fitness for 

purpose of the BA monitor used in this work, the underlying theory of the measurement 

of bicarbonate alkalinity in this way remains sound. It is thought that a thorough and 

professional re-engineering of the BA monitor could provide a device sufficiently 

reliable to provide the sole data for control of a pilot scale anaerobic digester.

The main problem observed (in this work) was the frequency of blockages due to 

washed out biomass and the i.d. of the tubing needed to deal with the flow provided by 

a 30 1 reactor operating at an 11 - 23 hour HRT. Suggestions to reduce the BA 

monitor's susceptibility to blockages are:

- To use larger liquid flows and larger bore tubing throughout.

- To install / design a filter system that removes all suspended solids from the sample 

stream but does not take more than a few minutes (so as not to delay the instrument 

response time) and does not affect the chemistry of the sample. The filter system
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would also need to be continuous, and self-cleaning. Such a device, if it were to be 

developed (economically), would undoubtedly be of use in a great many industrial 

applications, as tubing blockage is a typical problem in the waste water treatment 

field (Steyer et al., 2002b) - and in industry in general.

Other improvements that could be easily made to the monitor include:

- As explained in Section 3.3, over time the peristaltic tubing gradually became more 

and more flat, due to the repeated 'squeezing action' exerted by the pump-head. 

When tubing is replaced, the new tubing (even when 'worn in' as recommended) 

initially delivered a larger flow than used tubing of the same bore, due to greater 

elasticity. Due to the nature of the BA monitor, exact unchanging liquid flows are 

critical to its accuracy. It was thought that gradual changes (drift) in output were 

due to minor changes in the delivered liquid flows. Certainly, the output of the 

monitor was repeatedly observed to change markedly (for the same sample) when 

peristaltic tubing was changed. For this reason the use of a different type of pump 

with a more reproducible output is recommended. Money could also be saved on 

peristaltic tubing, which is one of the monitors major running costs.

- At periods of high BA (> 2500 mgCaCOs/l) it was often necessary to stop the 

centrifugal pumps and prime them by manually re-filling them with liquid. This 

was because the high points in the pumps (and tubing to chambers) became filled 

with gas (due to the high concentration of carbon dioxide in the acidification 

chamber liquid) and ceased to pump. Aside from affecting monitor output this was 

very damaging to the pumps. Either the position of the centrifugal pumps should be 

changed in order to eliminate this problem or an alternative mixing method should 

be employed.

- It would be beneficial to display the BA monitor output as a rolling average value 

combining the outputs from the previous five or ten minutes. In this way rogue 

results between one minute and the next would be avoided. (Although this would 

add to the response time of the monitor).
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- Plastic hose connectors (RS Components Ltd., Northants, UK) were weakened by 

strong acid over time. They were therefore prone to disintegration or snapping off. 

They needed to be changed every few months. A more permanent fitting is 

required.

Provided the issues of reliability and blockage elimination could be successfully 

addressed a professionally re-engineered (and rebuilt on a larger scale) BA monitor 

would offer considerable potential for implementation in further research. It remains a 

simple, industrially implementable device which combined with the adaptive controller 

could provide a simple, low cost method of controlling an anaerobic digester

If implemented on an industrial scale it would be necessary to add some manner of fault 

detection system within the system of control, perhaps by simultaneously alerting the 

operator and automatically converting to control on another parameter when the BA (or 

control parameter of choice) monitor is malfunctioning.

Again, if sufficient reliability could be guaranteed and the (re-engineered) BA monitor 

was implemented industrially it would be beneficial to have two monitors side by side, 

so as one could be maintained and re-calibrated while the other provided the data for 

control.

Possible improvements to the reactor design are:

- The sides of the upper section (point 13, Figure 3.1) were not steep enough. 

Granules settled on these surfaces, rather than returning down to the bottom section 

of the reactor to rejoin the fluidised bed. Wastewater contact with this biomass was 

minimal. If the reactor were to be designed again, steeper sides would be 

recommended.
- The recycle port should have been designed well below the effluent port, to 

minimise the chance of gas being recycled through the granular sludge if the reactor

liquid level was to fall.
- The gas / solid separator was a success. It should have been present from the start.

- A better system of inflow should be designed to avoid inactive areas of sludge at the 

bottom of the reactor.
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Details of how the controller could be improved are covered Premier (2003). 

Recommendations for further work:

- Failure free operation was not achieved during the start-up experiments reported 

here. A consequence of the persistent perturbations was to make it difficult to 

assess the performance of the control strategy, and difficult to imagine what might 

have happened within the EGSB reactor were it not for the continuous interruptions. 

Furthermore, the control system employed was adaptive and depended to a 

significant extent on historical data. Bearing this in mind it would be beneficial to 

repeat the OLR variation experiments using a reliable instrument for control in 

order to ascertain whether or not a successful automatic start-up could be possible.

- The same control system could be used to start up the EGSB reactor treating a 

different waste. As mentioned in Section 2.4.1 sucrose based feed solutions often 

lead to sludge washout. Other wastes, although more complex to digest, are more 

conducive to stable reactor operation.

- To date the control strategy has only been tested (to a limited extent) on a 30 1 

EGSB reactor treating a sucrose-based wastewater. Therefore there is still 

considerable scope for testing the transferability of the control system to other high 

rate anaerobic digesters treating other wastes.

- Often in industry anaerobic reactors are started-up using sludge that has previously 

been used for treatment of a different waste (as in this work). Therefore 

experiments could be carried out to test the controller's ability to transfer a sludge 

from treating one waste to treating another.

- Toxic shock tests could be performed using each control action.

- During the experimentation it was found that the pH was highly correlated to the 

BA, at least for the sucrose feed used. Furthermore, the reliability and accuracy of 

the pH meter was good, as was the instrument response time. It is worth
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considering other measured variables such as pH and VFAs, despite their possible 
disadvantages, while adopting a similar philosophical approach to that used for BA 
in this work.
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For all experiments the feed was a sucrose-based synthetic waste, detailed below.

Table A.1 Feed recipe (Cohen et a/., (1980).

Ingredient

2M NaH2PO4.H2O

4M NH4C1

2MKC1

1M Na2SO4

1M Citric Acid

0.25M MgCl2 .6H2O

0.02M CaCl2.2H2O

0.001MNa2MoO4.2H2O

Sugar

ml/1
1.25

6.25

1.5
0.4

0.5
1.25

0.25

0.025

10g/l

The feed was made up as a concentrate (x 20) solution. To the feed in Table A.I, 

1 ml/1 of trace elements solution was added. The trace elements solution 

composition is as follows.

Table A.2 Trace elements (HMSO, 1988).

Trace element mg/1

cone. AnalR HC1
FeCl2 .4H2O (dissolved in the cone. 

AnalR HC1)

H3B03

MnCl2 .4H20

CoCl2

ZnCl2
NiCl2.6H2O

CuSO4.5H2O

Na2MoO4.2H2O

5.1 ml/1 

1.5

0.06

0.1
0.120

0.07
0.025

0.015

0.025
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APPENDIX B.I Construction of new monitor, changes made and

reasons for them.

• In the original monitor, the chambers were constructed from perspex sheets 

and tubing, glued together. Although perfectly functional initially, with the 

passing of time these chambers began leaking and needed regular maintenance 

(eg. re-glueing). Narrow sections of the chambers were also prone to snapping 

off. It was decided that if the chambers were machined from a solid block of 

perspex, the 'leaking' problem would be eliminated. The chambers would be 

much more durable and long lasting. Perspex blocks from which the new 

chambers were machined was purchased from Dipec Plastics Ltd. (Cardiff, 

UK). Each chamber was machined from a 70x70x140 mm perspex block. The 

chambers were each made with a removable lid, so that they could be 

unblocked or cleaned when required. The lids were attached with bolts and 

sealed with an O-ring.

• Eheim 1022 centifugal pumps (Mondside, Herts, UK) were bought as the 

Eheim 1018 pumps that were previously used were no longer in production. 

The 1022 models are more powerful, providing a maximum flow of 6.5 1/min 

compared to the 4 1/min of the old 1018 model. There were no other suitable 

pumps available with a closer specification. Their power leads were adapted 

from European two pin plugs to standard British three pin plugs.

• Connections between the centrifugal pumps and the chambers were made by 

RS Components Ltd. plastic hose connectors (795-102, 795-146, 795-095 and 

795-253) (RS Components Ltd., Northants, UK) and Legris tubing (Legris 

Ltd., Gloucester, UK). Two connectors (for the bottom of the saturation and 

acidification chambers) were specially designed and manufactured.

• The peristaltic pump from the old monitor was re-used (Watson Marlow 505U 

peristaltic pump, Watson Marlow Ltd., Falmouth, UK). All peristaltic tubing 

used was purchased from the same company. For specific information on the 

type and internal diameters of all peristaltic tubing used in both the original 

and the new BA monitors see Tables A.B.I and A.B.2.
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Table B.I Type and bore of peristaltic tubing used in original BA 

monitor.

reactor — > saturation chamber

saturation chamber — » acidification 

chamber

acid — » acidification chamber

antifoam — »• acidification chamber

saturation chamber — * waste

Type of tubing (all 

from Watson 

Marlow)

purple-purple

green-green

orange-blue

orange-white

purple-black

Bore of 
tubing 
(mm)

2.05

1.85

0.25
0.63
2.38

Table B.2 Type and bore of peristaltic tubing used in new BA monitor.

reactor — * saturation chamber

saturation chamber — >• acidification 

chamber

acid — > acidification chamber

antifoam — » acidification chamber

saturation chamber — * waste

Type of tubing (all 

from Watson 

Marlow)

Purple-white
Green-green 

(changed to 
902.0016.015#14 

on 24/07/01)

Orange-white

Orange-white 

(changed to grey- 

grey 22/06/01)

Purple-white

Bore of 
tubing 
(mm)
2.79
1.85 
(1.85)

0.63
0.63 
(1.29)

2.79

• Two Sirai D317 Z530A solenoid valves were used (Zoedale Electronics Ltd., 

Beds., England). The D317 Z530A was an updated version of the previously 

used Sirai Z530A model, which was no longer manufactured.
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• The Differential Pressure Transducer used was a FCO 44 model from Furness 

Controls Ltd. (Bexhill, England), an identical model to the transducer used in 

the original monitor. It has an operational range of 0 -10 mm t^O.

• The original BA monitor could only be turned on and off at the mains. This 

was inconvenient if only one appliance needed to be switched off ( for 

maintenance/testing etc.). By using a CONBLOCK 14021 connector (Farnell, 

Leeds, UK) the four individual appliances (peristaltic pump, 2 x centrifugal 

pumps, electronics) could be connected to miniature plugs which plug into one 

mains connector. This enabled them to be turned on and off independently of 

each other.

• All of the above were housed in a metal box identical to that of the original 

monitor.

No records of the original BA monitor electronics were available, so the 

microprocessor was re-designed (by G. Premier, SOT, UOG). Several of the 

major changes/improvements made include:

• Use of pressure to open and shut solenoid.

The expulsion of gas from the acidification and ballast chambers through the 

solenoid valve is dependent on the pressure inside the ballast chamber measured 

by the differential pressure transducer (DPT). In the old circuit, a monostable was 

responsible for the opening of the solenoid valve. This meant that when the 

pressure was sufficiently high (i.e. above the pre-set setpoint), gas was expelled 

by opening the solenoid for a set period of time, hi the new monitor, gas was 

expelled by the solenoid dependant on the pressure rise and drop inside the 

chambers, measured by the DPT. This meant that the same volume of gas is 

expelled with each 'click', even if (for whatever reason) there is a partial blockage 

or sticking/loosening of the solenoid valve.

• Instrumentational amplifier used.
An instrumentational amplifier was used instead of a general purpose amplifier. It

was thought that this type of amplifier would be less susceptible to noise and drift.
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- Addition of test-points on the outside of the box.

So that the operation of the monitor could be easily observed and checked there 
were five external test-points added to the monitor. These were, from left to right, 
ground, setpoint 'open', gas pressure, D/A signal (output to Lab VIEW™), 
setpoint 'shut'.

The re-designed, rebuilt controlling circuit was set in plastic containers (Farnell, 
Leeds, UK) for protection (see Figure B.2).

Figure B.2 BA monitor electronics (without lids of boxes).
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APPENDIX B.2 Problems with new BA monitor, solutions and 'fine 

tuning'.

Once built, various tests were carried out on this monitor to try and maximise its 

fitness for purpose, accuracy, and repeatability of response. A major 

inconvenience at this stage of development was the time taken to test and re-test 

the monitor after making changes (however minor).

Table B.3 List of problems observed with new BA monitor, their effects 

and solutions.

PROBLEMS EFFECTS SOLUTION
Over-vigorous mixing 
of acidification 
chamber by centrifugal 
pumps

Caused the solenoid valve 
to 'pulse' without any gas 
production. (eg. while 
sampling de-ionised (DI) 
water (see Figure B.3)

Clamped tubing between 
pump and chamber to 
reduce flow. Eventually 
replaced tubing with tubing 
with a narrower bore.

Mixing and centrifugal 
pump rollers causing 
oscillations in 
acidification chamber 
pressure.________

Oscillations were swamping 
the smaller changes in gas 
pressure (see Figure B.3)

'Conditioned signal' by 
connecting a low-pass filter 

(see Figure B.4)

Over-vigorous mixing 
of saturation chamber 
by centrifugal pumps

Caused some bubbles to be 
pumped through to 
acidification chamber

Clamped tubing between 
pump and chamber to 
reduce flow. Eventually 
replaced tubing with tubing 
with a narrower bore.

Very difficult to find 
correct range of 
measurement. (0 - 
3000 mgCaCO3/l 
corresponding to 0 - 5 
V output)

The range was either too 
high or too low. Every time 
a minor change was made, a 
few hours worth of data was 
required to see if output was 
now correct

No acid being delivered to 
acidification chamber, air 
being sucked into chamber 
causing very high and false 
output

Adjusted relevant 
potentiometers in BA 
monitor electronics to every 
available combination 
Eventually changed 
resistors in electronics to 
amplify Vout per gas 
expulsion.

Acid - centrifugal 
pump 2 tubing (Figure 
3.5, flow c) kept 
disconnecting itself

Reinforced join between 
different tubing using 
stainless steel tube and glue.

Bacterial growth in 
tubing

Blockage of tubing leading 
to monitor malfunction

Pumped disinfectant 
solution through all tubing 
periodically._________
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For all CRO printouts the horizontal axis represents time, with each line division 

representing one second. The vertical axis represents the pressure in the BA 

monitor gas measurement system (CMS - ie, top of acidification chamber, 

solenoid valve, ballast chamber, and all tubing between) as recorded by the DPT. 

The pressure recorded was in the range 0-10 mm H20 and was converted to volts 

by the DPT and this voltage was traced by the CRO.

atmospheric 
pressure

Figure B.3 CRO showing how ballast chamber pressure is affected by 

mixing and peristaltic rollers, sampling 2000 mgCaCOs/l 

standard solution.

In Figures B.3 and B.4 the green trace represents the pressure in the BA monitor's 

CMS. The highest points on the green trace represent the pressure within the 

system reaching the pre-set setpoint, at which the solenoid valve opens, releasing 

the pressure. As can be seen in Figure B.3 there were severe oscillations in the 

ballast chamber pressure, caused by a combination of the mixing provided by the 

centrifugal pump, the effect of the rollers of the peristaltic pump and the timing of 

the outflow 'drip'. It can be seen (Figure B.4) that by adding a low-pass filter 

these oscillations were 'smoothed', allowing the build-up of pressure caused by 

carbon dioxide production to be observed more clearly. The red trace (continuous 

line) in Figure B.3 represents atmospheric pressure.

A-u



vv

— f 4- 1- 4- .

-

/I
I—-'

t- 0- 1 1

—— .

! ^ + ;
j.-'-' •-. T

- ^ ' •<• T :

/ ' ' '"'.. r"'5,,
._i —— . — . .. — , _ .„___. — ._,„,.. '***^i^

T

T

r

• ' • i • .. . i -. . i , I , , , , i
r 
r

i ;

T

r . .-
r

... _ .._]...!

. ' Ii •• ••-• ••- ' - -/*

pressure

i i i i i-. i

... .- ,-..-.

/•
L- •

j in

i »

1 !
j^^ •

f"* '-I,- --K-- H '
.. j__._ t;

[ t

CMS \i

.

h ,:,:,,.. ; > j

.-.•.-••• ' i

i

.. _-, .L--:. 1

Figure B.4 CRO printout showing ballast chamber pressure measurement 
for 2000 mgCaCO3/l standard solution with 'low-pass filter' 
inserted.

It was thought that the idea of basing the gas expulsion /measuring system on the 
gas pressure rather than on time as in the original monitor was a contributing 
factor in the monitor's apparent lack of repeatability. For this reason the gas 
expulsion system was reverted to that of the original monitor, where when the 
setpoint pressure is reached the solenoid valve would open for a set period of 
time. Relevant changes to the electronics to enable switching at will between the 
two systems were made (G. Betteney, SOT, UOG), and the gas 
expulsion/measuring system changed back to operation on time, using identical 
values as were used for the old BA monitor (solenoid upper setpoint = 320 mV, 
and solenoid open for 186 ms, (Guwy, 1996)). It was quickly observed that this 
system, with the above values used, did not work. The problem was that even 
when the solenoid valve's 'time open' was set to the maximum possible value 

(400 ms), sometimes not enough gas could escape to bring the pressure back down 
beneath the 'open' setpoint (see Figure B.5). When this occured the chamber's 

'starting pressure' was above that of the setpoint. Once this happened, the
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setpoint was never crossed and the valve never opened. The pressure rise quickly 
caused a fall in the liquid level in the acidification chamber and a loss of 
meaningful output. Left alone, this would cause a pressure build-up until a leak 
was forced. An example of the beginning of such a pressure build up can be 
observed in Figure B.5.

TR1 1 . 1 1U .' 7. 360s

Figure B.5 CRO printout showing insufficient gas escape from gas 
measurement system in a period when operating on a time- 
based system, sampling 2000 mgCaCO3/l standard solution.

In Figure B.5, the red trace (solid line) represents the gas pressure in the ballast 
chamber, as measured by the DPT. The green trace represents the setpoint at 
which the solenoid valve was activated.

Aside from these and other minor problems there was one major problem. A 
gradual decrease in pressure in the acidification chamber was repeatedly observed 
(see Figure B.6). This problem seemed to affect predominantly the 500 
mgCaCO3/l standard solution and water (both tap and DI), although a negative 
pressure build-up was observed several times with a 1000 mgCaCO3/l standard
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solution running through. It seemed that at higher bicarbonate concentrations 

there was enough gas being produced to eliminate or by-pass this problem. The 

interrnittency of the fault made it more difficult to observe or eliminate.

Figure B.6 shows the upper setpoint (green trace) and the gas pressure in the 

ballast chambers (red trace). Atmospheric pressure can be observed on Figure 

B.7, which shows the pressure in the acidification/ballast chambers returning to 

atmospheric. The tubing between the ballast chamber and the DPT was 

disconnected 2.5 divisions from the left, and the system opened to the atmosphere. 

The pressure measured by the DPT is represented by the red trace, while the 

setpoint to activate the solenoid is represented by the green trace. Between Figure 

B.6 and Figure B.7 the BA monitor was continuously sampling 500 mgCaCCVl 

standard solution.

TRA-25GmU "f

Figure B.6 CRO printout showing negative pressure during 500 

mgCaCOa/l standard solution.
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Figure B.7 Pressure measured by DPT returning to atmospheric from a 

period of negative pressure, when system is opened to 

atmosphere.

After exhausting all theories as to why this negative pressure should occur it was 

decided that a feature would be built in to the electronics to automatically return 

the pressure (inside the acidification/ballast chambers) to atmospheric if it were to 

become negative. A circuit was superimposed on the main printed circuit board 

(PCB) (G. Betteney, SOT, UOG). The purpose of this circuit was to provide a 

'negative setpoint', in addition to the existing positive one. When the pressure in 

the acidification/ballast chambers descends below -0.5 V (or equivalent pressure), 

the solenoid would be activated, and the pressure equilibrated with atmospheric. 

In this way the pressure could never descend below -0.5 V and the negative 

pressure problem bypassed. This negative setpoint can be observed in operation 

in Figure B.8. The red trace represents the positive setpoint, while the green trace 

represents the pressure within the monitors gas measurement system, as recorded 

by the DPT. It can be seen that when the pressure dips beneath a certain point (- 

0.5 V) the solenoid is activated and the system temporarily opened to the 

atmosphere.
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Figure B.8 CRO printout showing negative setpoint in operation.

Once it was established that it was preferable to operate the solenoid on a pressure 

signal rather than a set time period, a 'window comparator' was added. This 

device enables the operator to control not only the pressure setpoint at which the 

solenoid valve opens (setpoint 'open'), but also the pressure at which it shuts 

(setpoint 'shut'). In this the acidification chamber could be pressurised, so that 

there would always be a positive pressure in the system. This system in operation 

can be observed in Figure B.9. The red trace represents the higher setpoint (at 

which the valve opens), while the pressure in the gas measurement system as 

measured by the DPT is shown by the green trace. Atmospheric pressure was 

noted on the trace (blue dotted line). It can be observed that the system is 

operating above atmospheric pressure and that the solenoid is activating (as it 

should) as the measured pressure crosses the setpoint.
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Figure B.9 CRO printout showing BA monitor operation with 2500 
mgCaCO3/l standard solution after the system had been 
pressurised by raising both the 'setpoint on' and 'setpoint off.
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APPENDIX B.3 Final calibration

Figure B.10 shows the combined results of four separate calibrations, the first 
starting on the 15/03/01 and the last ending on 21/03/01. Each standard solution 
used was freshly made, and run through the monitor for a minimum of two hours, 
with the first hour of data ignored, as the first 30 - 40 minutes of each standard 
only shows the transition from one standard to the next.
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Figure B.10 BA monitor final calibrations.

The R2 value for these four calibrations is 0.935. Although there were still 
problems with standards below 1000 mgCaCO3/l, it was decided to proceed with 
the next experiment, as the controller's response to alkalinities anywhere in the 
range 0 - 1000 mgCaCO3/l would be similar (i.e., to minimise OLR until BA rose 
above setpoint). For this reason the accuracy of the monitor at alkalinities less 
than 1000 mgCaCO3/l was not important. It was also hoped that the BA would 
rarely be below 1000 mgCaCO3/l. The monitor was also under-reading standards 
above 2500 mgCaCO3/l, but again, it was thought that BA values in excess of 
3000 mgCaCO3/l would be rare. If only the range 1000 - 2500 mgCaCO3/l was 
considered (the range in which the BA should theoretically always be) then the R2 

value is 0.962.
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